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Abstract

Chemical looping combustion (CLC) is a promising carbon capture technology due to
its inherent CO; separation. Significant progress has been made in CLC of solid fuels
in recent years. However, one key technical challenge for using solid fuels in CLC is to
minimize the presence of unreacted gases coming from the fuel reactor together with
COa, in particular for CLC of biomass, i.e. high-volatile fuel. Poor contact between
volatiles and oxygen carriers is one reason for the lower gas conversion in the fuel
reactor. Hence, the concept of a volatiles distributor (VD) is proposed for achieving a
uniform cross-sectional distribution of volatiles, providing better gas-solid contacting

and improving the gas conversion in the fuel reactor.

In this thesis, the VD was designed with different configurations and investigated in a
cold-flow model under different fluidization velocities, volatiles flows and fluidization
regimes. It was found that the VD gives a more uniform lateral distribution under higher
fluidization velocity. Also, higher volatiles flow gives a more even distribution along
the VD. It also shows that less open distribution area of the VD increases the pressure
drop over the distribution holes, thus improving the lateral gas distribution. Moving
holes from the vicinity of the volatiles injection towards the far end also improves the
lateral distribution of volatiles even though it doesn’t change the pressure drop over the

distribution holes significantly.

The single bubble regime, i.e. large single bubbles formed at the bottom, and multiple
bubble regime, i.e. multiple bubbles with different sizes formed at the bottom, were
investigated with the VD. It was found that the VD gives a more uniform lateral
distribution in single bubble regime compared to the multiple bubble regime. The
installation of internal baffles at the bottom of the VD was found to reduce the bottom
air flowing into the VD, thus improving the uniformity of the horizontal distribution of
the volatiles and further reducing the risk of volatiles slip below the lower edge of the
VD.

Keywords: Chemical looping combustion; Biomass; CO> removal; Fuel reactor;

Volatiles distributor; Internal baffles; Gas-solid contacting; Fluidization regimes
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INTRODUCTION

CHAPTER 1

1. Introduction

1.1 Background

In recent years, with the higher frequency and intensity of weather extremes, climate
change attracts more and more attention. The CO2 concentration in the atmosphere
increases steadily and reached an annual average 410 ppm in 2019[1]. In addition, there
is still a huge amount of CO; emitted every year, corresponding around 40 GtCO»/year
in 2020[1]. The estimated budget for having a 66% chance of meeting the 1.5°C target
is 420 Gt starting from January 2018[2]. This budget would be exhausted already
around 2028 with the present CO2 emission rate. Even though considerable efforts have
been made to reducing greenhouse gas (GHG) emissions, it will still be difficult or
perhaps even impossible to meet the Paris Agreement’s temperature goal. Due to the
near-linear relationship between cumulative anthropogenic CO; emissions and global
warming, the global temperature will continue to increase until the net zero CO>
emission target is reached. As the Intergovernmental Panel on Climate Change (IPCC)
reports in the Sixth Assessment Report, global warming will exceed both 1.5 °C and
2 °C during the 21st century unless deep reductions in CO> and other greenhouse gas
emissions occur in the coming decades[1]. Carbon removal technologies are necessary
to meet the CO; budget in all scenarios considered by IPCC. Bioenergy carbon capture
and storage (BECCS), considered to be the carbon removal technology with the highest

potential, will play an important role if climate targets are to be achieved[3].

Chemical-looping combustion of biomass (Bio-CLC), as a promising BECCS

technology, could play an important role for CO; capture since pure CO, can be



INTRODUCTION

produced without the need of costly and energy-consuming gas separation. As shown
in Figure 1, biomass absorbs COz> in air through photosynthesis and can be utilized by
chemical looping combustion (CLC) to produce heat and power. CO> in air is captured
by combining photosynthesis and CLC, and stored geologically to achieve the negative

CO; emissions[4].
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Figure 1. Negative CO» emission and power generation achieved by bio-CLC.

1.2 Chemical looping combustion of biomass

Bio-CLC as a BECCS technology attracts a lot of attention, since it separates
conventional combustion into two steps, avoids the direct contact between fuel and air,
and allows for inherent CO> separation without energy-intensive and costly CO-
separation processes. As shown in the middle of Figure 1, the CLC process includes
two interconnected fluidized-bed reactors, which are the air reactor and fuel reactor.
Oxygen carriers (OC) are circulated between these two reactors in order to transfer
oxygen from the air to the fuel and avoid the direct contact between them. The oxygen
carrier is oxidized and takes oxygen from air in the air reactor and the oxidized oxygen
carrier provides oxygen to convert the fuel in the fuel reactor in a N>-free environment.
Ideally, pure CO: is obtained after the condensation of steam in the flue gas of the fuel
reactor and the energy penalty otherwise required for CO> separation from N> in the
conventional combustion with BECCS is avoided. After the condensation of steam in
the flue gas, the CO, can be compressed directly to be transported and then stored

underground. However, a full conversion of the fuel in the fuel reactor is normally not
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attained in the case of solid fuels. There are three likely deviations from the ideal case,
incomplete gas conversion, char loss to the air reactor and elutriated char in the flue gas,
as shown in Figure 2 [5]. And they are quantified by three performance indicators, i.e.
oxygen demand, carbon capture efficiency and solid fuel conversion. Hence,
understanding the conversion process of solid fuels in the fuel reactor and finding out a
solution to improve the gas and char conversion inside the fuel reactor would be
beneficial to CLC of solid fuels.

Incomplete gas Elutriated
conversion char

Fuel
Reactor

Char loss to
air reactor

--Char gasification gas
--OXxygen carriers

...Char

[ Fluidizing gas

Fluidizing Gas

Figure 2. Inadequate performance of the fuel reactor[5].

The basic reactions in the fuel reactor (R1-R6) and air reactor (R7) for bio-CLC or CLC

of solid fuels can be described as follows[6, 7].

Solid fuel — Volatile matter + Char (R1)
CH4 + 4M, 0y — 4M,0,_, + CO, + 2H,0 (R2)
C+H,0 - H,+CO (R3)

C+ CO, » 2CO (R4)

CO + M, 0y - M,0,_, + CO, (RS)

H, + M0, - M,0,_; + H,0 (R6)
2M,0y_; + 0, — 2M, 0, (R7)

When solid fuels are injected into a fuel reactor at high temperature, the fuel is dried
rapidly. After this, the devolatilization (R 1) of the solid fuel takes place, typically within
1 s at 970 °C to generate char and volatiles for fuel particle sizes normally used in CLC

(< 250um)[6]. Subsequently, the volatiles, containing CO, H> and hydrocarbons, will
3



INTRODUCTION

react directly with the oxygen carrier, e.g. R2, R5 and R6. The gasification (R3 and R4)
of the char might take several minutes to generate H, and CO which can react with
oxygen carriers directly (RS and R6). Then the reduced oxygen carriers in the fuel
reactor will be transferred to the air reactor and oxidized by the air (R7). Finally, the

oxidized oxygen carriers can be looped back to the fuel reactor to react with the fuels.

Unburnt char may be transferred to the air reactor together with oxygen carriers, which
will affect the carbon capture efficiency of the process. A carbon stripper has been
proposed and optimized to separate the unburned char from the oxygen carriers in order
to improve the carbon capture efficiency of the whole process. Kramp et al. investigated
the performance of a carbon stripper by simulations, indicating an improvement of the
carbon capture efficiency of CLC of solid fuels from below 50% to more than 90%][8].
Sun et al. investigated the performance and operations of different carbon strippers
experimentally, which gives a base for the carbon stripper application[9, 10]. Different
designs of carbon strippers have been demonstrated in different scales of CLC units[11-
13]. Important for reaching high CO» capture is sufficient fuel reactor temperature and
use of small fuel particle sizes. Pilot operation with biomass has demonstrated it is

possible to reduce the loss of carbon to the air reactor to less than 1-2%[ 14].

Unconverted combustibles can be observed at the outlet of the fuel reactor, which are
also critical for the performance of CLC especially for high-volatile fuels like biomass.
There are two sources of these unconverted gases, i.e. char gasification products and
volatiles. Char gasification products could be oxidized more or less completely because
of the slow gasification process and good contact with the oxygen carriers[15]. A huge
amount of volatiles would be formed after devolatilization since biomass has high
content of volatiles. The substantial volatiles release in combination with the upwards
flow direction of the fluidization gas may lead to a strong local plume of reducing gas
near the biomass injection port. This will yield a limited contact between the volatiles
and oxygen carriers in the fuel reactor bed and thereby a large amount of volatiles may

leave the reactor unconverted.

Linderholm, et al,[6] investigated the CLC of solid fuels with different volatiles
contents in a 10 kW unit, and found a much lower gas conversion rate of solid fuels
with higher volatiles content, which indicates that the volatiles released from the solid
fuel have insufficient contact with the oxygen carriers in the fuel reactor. A comparison
of different fuel feeding positions, above-bed and in-bed, showed that in-bed fuel
feeding method can increase the contact between the volatiles and the oxygen carriers

which significantly improves gas conversion[6]. Similarly the gas conversion in a 100

4
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kW unit using low-volatile fuel was high[12]. Strohle et al.[16] investigated the
performance of CLC of Calenturitas coal in a 1 MWy unit, and found significant
amounts of combustible gases in the fuel reactor exit, which resulted from the
incomplete conversion of devolatilization and gasification products due to the limited
gas/solid contact in the fluidized bed. Another MW-scale operation on bio-CLC also
indicates that the volatiles conversion is to a significant extent limited by the mixing[17].
Petersen and Werther modelled a circulating fluidized-bed gasifier for sewage sludge,
which has high volatiles content, and found that plumes with high pyrolysis gas
concentrations was formed in the vicinity of the fuel feeding port and lateral mixing of

the gas was not complete[18].

Going from small pilots to large-scale will greatly increase the cross-section area of
fluidized-beds, and the volatiles can be expected to form a stronger local plume over
the fuel entry, with the consequence of reduced contact between volatiles and oxygen
carriers. There is thus a need to develop an effective and efficient solution that can
improve the contact between the volatiles and the oxygen carriers in order to reach a

higher gas conversion.

1.3 Methods for improving gas conversion in fuel reactor

There are several ways to decrease or remove remaining combustibles in the flue gas of
the fuel reactor. Firstly, unconverted gases can be addressed by addition of pure oxygen
at the outlet of fuel reactor, which is called oxygen polishing[19]. However, the
presence of unconverted gases should be minimized to reduce the cost of oxygen

production[5].

Secondly, more reactive oxygen carriers could also improve the fuel conversion in the
fuel reactor. More than 70 different oxygen carriers have been tested in actual operation
of CLC pilots, of which more than 3000 h are with solid fuels[15]. Oxygen carriers for
solid fuels being studied range from low-cost to high-reactivity materials, i.e. ilmenite,
iron ores, manganese ores or synthesized oxygen carriers[20-25]. Some ores and waste
materials have reasonable cost and show reactive potential[26-28]. Some synthetic
materials have shown higher potential to improve the fuel conversion in the fuel
reactor[29-31]. Chemical-looping with oxygen uncoupling (CLOU) is a method
proposed for improved or even full gas conversion in fuel reactor, since CLOU oxygen
carriers can release gaseous oxygen, which can react with solid, liquid and gaseous
fuels[32]. Mattisson et al.[32] and Leion et al.[33] showed that the conversion rate of
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solid fuels can be improved significantly by CLOU compared to conventional CLC.
Various kinds of CuO-based, Mn-based and perovskite-type oxygen carriers,
synthesized with different supporting materials and different manufacturing techniques,
were studied, and showed high Oz-uncoupling capacity, sufficient reactivity and
mechanical strength[34-40]. Full fuel conversion in the fuel reactor has been achieved
by using copper or copper manganese mixed oxides[41, 42]. However, different
drawbacks of the above-mentioned CLOU oxygen carriers, such as the susceptibility to
sintering and agglomeration, limited mechanical strength, slow oxidation kinetics and
the deactivation due to impurities in the fuel[43-47], and production costs may
potentially make CLOU materials less attractive for large-scale implementation. A
trade-off should be made between the reactivity and the lifetime or cost of the oxygen

carriers due to the loss of oxygen carrier particles with the ash leaving the system.

Thirdly, different designs and modifications of the fuel reactor have been proposed
aiming for higher fuel conversion. A two-stage fuel reactor was proposed and proved
to have better combustion performance compared to previous CLC facilities[48].
Internals, i.e. vertical or horizontal tubes, fitted in fluidized-beds reduce bubble size,
increase the emulsion voidage, and thereby increase the overall residence time of
reactant gas in the bed[49]. Massimilla and Johnstone found that a fluidized-bed with
baffle grids had much higher gas conversion than the non-baffled fluidized-bed[50].
Guio-Pérez et al.[51] investigated the influence of ring-type internals equipped inside
the fuel reactor, which showed positive effect on the solids residence time. Pérez-Vega
et al.[52] modified the fuel reactor of a 50 kW unit by the ring-type internals in the
upper part of the reactor with the objective of improving the solids distribution and
enhancing the gas-solid contact. An improved gas conversion is achieved. However, the

effects of such internals may be less in large-scale units with bigger cross-sections.

1.4 Fluidization regime at bottom of fuel reactor

Typically, the CLC process is realized by a system of two interconnected fluidized beds,
since fluidized beds provide well-controlled operations, good mixing of solids and high
solid-gas contacting efficiency. The air reactor is used for oxidizing the reduced oxygen
carriers and also transports the oxidized oxygen carriers to the following cyclone
leading to the fuel reactor. Hence, circulating fluidized-bed reactors are used for air
reactors. They are usually designed as a single riser or a wide bottom bed together with

anarrow riser as presented in Figure 3. The wide bottom bed usually exhibits a turbulent
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fluidization regime and the riser is in the pneumatic transportation regime[53]. However,
the reaction pattern in the fuel reactor is much more complex compared to the air reactor.
Complete fuel conversion in the fuel reactor is desired in the CLC process. A huge
amount of volatiles would be formed in the fuel reactor, in particular for bio-CLC, and
therefore good contact between volatiles and oxygen carriers is needed. The gas-solid
contacting is strongly related to the fluidization regime established in the bottom dense
bed, where devolatilization, char gasification and oxidation of the gasification products
or volatiles mainly take place. The hydrodynamics of the bottom bed in the fuel reactor

are therefore of great interest.

Riser

) / / Riser

\ Bottom bed

Gas
Gas distributors

/ distributors /
B T—
|

Figure 3. Scheme of an air reactor in CLC system. Left: a wide bottom bed with a narrow riser; Right:
a single riser[53].
Bubbling fluidized beds[11, 54-60] and circulating fluidized beds[61-67] are widely
used for the design of the fuel reactor from small lab-scale units to MW-scale units.
Bubbling fluidized bed requires less superficial fluidization velocity. But the
combustibles produced may bypass the dense bed through the bubbles without
contacting the oxygen carriers. Further, there is less gas-solid reactions in the freeboard
above the dense bed due to the lower solids holdup in this region. This is a shortcoming
of using bubbling bed for the fuel reactor, which could be fixed by increasing the solids
inventory in the fuel reactor to extend the gas-solid contacting time. However, higher
ratio between the bed height to the bed diameter could cause slugging problems relevant
for small units. A circulating fluidized bed riser can provide a more homogeneous solids
distribution over the height of the riser, which ensures good gas-solid contacting.
Further, the pressure drop over the gas distributor between the wind box and the dense
bed is also closely related to the fan energy consumption even though the same

superficial gas velocity is used. However, most publications do not report any
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information about the pressure drop over the air distributor, which may give different
fluidization regimes in the dense bed, i.e. single bubble regime and multiple bubble
regime[68, 69]. Moreover, commercial boilers are normally operated with a moderate
pressure drop over the air distributor due to economic interests, yielding the single
bubble or exploding bubble regime at low and higher fluidization velocity,
respectively[69].

The common practice in fluidized-bed boilers is to feed the fuel above the dense bottom
zone. In CLC, however, it is desired that gases from the fuel are released as far down in
the bed as possible in order to achieve good contact between volatiles and oxygen
carriers. Hence, solid fuel in-bed feeding or at the loop-seal connecting to the fuel
reactor are favorable. The volatiles released rapidly from the solid fuel in the dense bed
may also have an influence on the gas-solid contacting regime in the fuel reactor.
Lyngfelt and Leckner[5] described the gas velocity changing with the fuel reactor height
as presented in Figure 4. In a real-world fuel reactor of commercial size, the bottom
fluidization gas flow would be expected to be low. The bottom gas, either steam or a
combination of steam and recycled CO., comes with a significant cost, and its major
purpose is to keep the bed fluidized. Thus, the optimal bottom gas flow is likely the
minimum flow needed to safely achieve adequate fluidizing conditions. Apart from the
bottom fluidization gas flow, there are two major gas flows in the fuel reactor
originating from the char and the volatiles. The char will mainly be part of the dense
phase. Thus, the syngas produced by gasification will also appear in the dense phase.
This will make the dense phase “self-fluidizing”, which is likely to change the bottom

bed to turbulent regime and be helpful for improving the gas-solid contacting.

Gas velocity, m/s

0 T T T T T T T ! T
0 2 4 6 8 10
Reactor height, m

Figure 4. Gas velocity in fuel reactor versus height.
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1.5 Aim and scope of this thesis

In the fuel reactor, a local plume of volatiles released rapidly from the solid fuel in the
fuel reactor may cause poor gas-solid contacting and thus lower the gas conversion in
the fuel reactor. Such a plume would be more pronounced going from small-scale to
commercial size units with high-volatile fuels, i.e. biomass. The aim of this work is to
introduce and investigate a novel concept called volatiles distributor aiming for a more
even distribution of volatiles at the bottom of the fuel reactor and better contact between
volatiles and oxygen carrier, and thus improve combustion efficiency. In this way, the
ultimate purpose is to lay the foundation for future large-scale implementation of the
volatiles distributor concept, in order to improve lateral mixing of the gas and thereby
gas conversion in fluidized beds, of central importance for technologies like CLC, but
also applicable for other fluidized bed technologies. Although the concept has been
proposed previously, this is the first comprehensive investigation of the functionality of

such a system.

This thesis summarizes the investigation of the VD in a cold-flow fluidized-bed model
in Paper I - III. Different designs and modifications of the VD are investigated under
different operational conditions and fluidization regimes in the cold-flow fluidized-bed
model. The performance of the VD with respect to the uniformity of the lateral

distribution of volatiles is analyzed and evaluated.






THEORY AND EXPERIMENTAL METHOD

CHAPTER 2

2. Theory and Experimental Method

2.1 Concept of volatiles distributor

If a box with an opening downwards is immersed in a fluidized bed, it is known that the
inside of the box will be free of bed materials and the bed surface level will be at the
bottom edge of the box. However, if holes are made in the sides of the box, the bed level
inside the box will increase to the level of the holes and the fluidization gas can pass
through the holes as shown in Figure 5. If a gas is injected into this box above the side
holes level, it will pass through the holes creating a pressure drop over the holes. The

increased pressure will lower the bed level inside the box.

___bed surface _..bed surface
i T
o Tt

Figure 5. Box immersed in a fluidized-bed. (A) without holes in the sides, (B) with holes in the sides.

Such a box can be extended to an arm and if a system of such arms is built and extended
across the cross-section of a fluidized-bed, gases can be distributed via the holes in the
sides across the whole cross-section. Furthermore, this system can also be connected to
the fuel feeding, in order to distribute the volatiles over the cross-section[5]. An

example of VD design is shown in Figure 6, having eighteen long and narrow boxes,

10



THEORY AND EXPERIMENTAL METHOD

1.e. arms, with openings downwards that are immersed at the bottom of a fluidized bed.
The arms collect the volatiles released from the fuel fed between the downcomer and
the fuel reactor. The remaining char will be mixed with the bed material. If these arms
would only be open downwards, the inside of the arms will be free of bed material and
the volatiles would flow into the bed below the lower edge of the arms. However, if
holes are made in both sides of the arms along the length, volatiles can flow into the
arms and pass through the holes. Bed particles would be present in the arms and form a
dense bed inside the arms below the level of the holes. If the fuel is injected between
the downcomer and the fuel reactor and devolatilized immediately, the volatiles shown
in green in Figure 6 will thus flow from the freeboard into the upper part of the arms
and pass through the holes together with some fluidization gas from the bottom. The
box and associated arm-construction described above could be a good way of avoiding
plume formation and enabling a more homogeneous distribution of volatiles across the
cross section of the fuel reactor. The principle can also be relevant for other purposes,

like thermal gasification using dual fluidized-beds.

Top View

fuel addition

fuel addition

Left-side View Front-side View

down-
comer

approx. height deq se region approx. height denseregion

fuel
addition

dense bed

AAARANAANANANARANA Y P===mmms

LEETET I I I I L LR E Tt L Lt AT LT Rt EE LTt A AR aneLty %

Figure 6. Illustration of the volatiles distributor arrangement in a fluidized bed.[5]
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2.2 Experimental system

The cold-flow fluidized-bed model includes a wind box, a riser and a cyclone. The riser
has a length X width X height of 700 mm X 120 mm X 8500 mm. The front side of the
riser is made from Perspex glass which allows visual observation of fluidization inside
the VD. The VD is installed at the bottom of the riser at a height of 114 mm, i.e. from
the bottom of the VD to the bottom of the riser. The fluidization air is provided by fans.
In this work, the volatiles are simulated using a mix of air and CO; as a tracer gas. There
is an injection hole for simulated volatiles at the front plate, which allows the simulated

volatiles to flow into the VD, cf. Figure 7.

Along the height of the riser, there are twenty-four taps for pressure measurements,
which are installed in the middle of the backside of the riser. The pressure measurement
in the wind box is located at the right side, shown as a pink point in the right top corner
of'the wind box in Figure 7 (a). There are two more pressure taps to measure the pressure
drop between the inside and outside of the VD, one of which is in the middle of backside
of the riser at the same height as the distribution holes, i.e. 374 mm. The other one is
for the pressure measurement inside the VD, which is to the right top corner of the front
plate, i.e. the pink crossed circle shown in the gas sampling tube position of Figure 7
(b).

There are thirteen gas sampling tubes in the experimental system, which are the higher-
level ones (HSV1-HSV6), the lower-level ones (LSV1-LSV6) and the one for sampling
the gas inside the VD. The latter is located in the top right corner of the front plate,
shown as a pink crossed circle shown in Figure 7 (b). The gas sampled from the tubes
passes filters, and flows through the pump and the gas analyzer in the following
sequence: LSV6, LSVS5, LSV4, LSV3, LSV2, LSVI1, HSV6, HSVS5, HSV4, HSV3,
HSV2, HSV1 and finally the top right corner of the VD. The flowrate is 1 L,/min. For
each measurement position, the gas flows into the gas analyzer for 210 s in total, the
first 90 s is for stabilization and the remaining 120 s is for recording data to calculate

the average concentration.
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Figure 7. (a) Cold-flow circulating fluidized-bed model equipped with the VD and pressure and CO»
concentration measurement systems; (b) Front view of the riser bottom, the distribution holes are seen
in detail in Figure 8; (c) Side view, the side view with more details is shown in Figure 10.

2.3 Designs of a volatiles distributor

The performance of the VD was investigated in this cold-flow fluidized-bed model.
Figure 8 presents the sketch of the VD, which is attached on the bottom front plate of
the fluidized bed. The design of the distribution holes, i.e. the arrangement of the holes
and the open area of the holes, is vital to the performance of the VD on the horizontal
distribution of the volatiles. Hence, different configurations of the distribution holes
(Mode A and Mode B) and different open areas of the distribution holes (Mode 1 and
Mode 2) were investigated in this work. Mode 1A and Mode 1B have the same open
area and number of holes, i.e. 58 holes, but different distribution of the holes. Mode 1A
has the evenly distributed open area along the length of the VD. However, Mode 1B

has less open area at the left side, i.e. the volatiles injection side but more at the right
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side, i.e. far away from the volatiles injection side. Mode 2A and Mode 2B have similar
arrangements as Mode 1A and Mode 1B except that Mode 2A and Mode 2B have the
double open area as well as double number of holes, i.e. 116 holes. The diameter of the

distribution holes is 5 mm.

Mode 1A @ Distribution Hows (58)

POOOOCOOOO0RO0000000C00000000000000000000000000000000R0000D

Mode 1B @ Distribulion Hole (58)

P © 6 © 6 © 6 © @ ©0 0000000000000 0000000D000000000000000000
: e ® @6 © © © 0 © © 9

Mode 2A @ Distribution Hole (116)

P0o0060OOO0OOON000OO000000000000000000000000D000000000000000000
' 0000000000000 000000000000000000000000000000000000000000000

356mm

E Mode 2B © Distribution Hole (116)

.| ooooooeoooooococooooooecooocooooooooooocooocoouocococooooo
D00000000000000000000000000000000000C0CY
2000000000000 000000

Figure 8. Sketch of the VD and different configurations of the distribution holes.

The internal baffles were designed based on the hourglass concept, and the idea with
these was to improve the performance of the VD by reducing the solids movement
inside the VD, i.e. to promote a more even volatiles distribution and less risk of volatiles
slip below the lower edge of the VD close to the volatiles inlet. As shown in Figure 9,
the cross section of the internal baffle is narrowing down from the bottom to the top. If
the bottom of the VD is equipped with a series of internal baffles, the bed materials
inside the VD will fall down through the space between each two adjacent internal
baffles more slowly. Likewise, upwards movement of bed material will also be slowed
down. The arrangement of the internal baffles inside the VD is shown in Figure 9. The
length of each internal baffle is 40 mm. The length of VD bottom is 624 mm. Hence,
the ten internal baffles occupy 64.1% of the cross section at the bottom of the VD.

1l 7
)2 o
15mn] _ TSR S5 :
v
40mm

Figure 9. The design of internal baffles and arrangement at the bottom of the VD.
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2.4 Bed material

Glass beads are used as bed material for this study, having a density of 2600 kg/m? and
a particle size range from 250 pm to 425 pm, which is similar to the bed materials used
in boilers[70]. These solids belong to Group B in the Geldart classification. The average
particle diameter is 316 um, corresponding to a single particle terminal velocity of 2.21
m/s. The minimum fluidization velocity is 0.067 m/s[70]. In each experiment, 100 kg
of solids were filled into the riser.

2.5 Operational conditions

Fluidization velocity is one of the most important parameters in the field of fluidization.
The flow of simulated volatiles can represent the fuel injection rate to some extent.
Hence, the performance of the VD was investigated under different fluidization
velocities and simulated volatiles flows as presented in Table 1. The different flows of
simulated volatiles, i.e. volatiles percentage, are achieved by changing both the CO;
flow and air flow for simulating the volatiles. The pressure drop over the air distributor
plays an important role for the fluidization regime in the riser. Therefore, an
investigation of the performance of the VD with different air distributors, i.e. an air
distributor with 198 holes (AD198) and an air distributor with 1660 holes (AD1660),
was performed in order to identify how the VD performs under different fluidization
regimes. A more detailed discussion about the different types of regimes can be found
in the references[69, 71]. The performances of the VD with different configurations of
the holes for distribution, were also compared. The modification of the VD with internal
baffles aiming for a more even horizontal distribution and less risk of volatiles’ bottom
slip, was applied and evaluated as well in this work. The overview of the experimental

conditions is presented in Table 1.
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Table 1. Overview of the operational conditions.

Fluidization velocity

Volatiles percentage

Air Volatiles Internal .
L . Ve Investigated parameters
distributor  distributor baftle ug [m/s] T
Without Fluidization velocity
AD1660 Mode 1A Without 0.9, 1.8,2.8,3.7 10%, 20%, 30% Volatiles percentage
ode (Paper 1[72])
Mode 1B
oce . 0.9 10% 30%
AD1660 Mode 2A Without
3.7 10% Fluidization regime
Mode 2B
- Configuration of distribution holes
Without
. 0.9 30% (Paper II[71])
ADI198 Mode 1B Without
0.6 30%, 40%
Mode 2B
ADI198 Mode 1B With 0.6 30%, 40% Int I baffl
Without Without 0.6 30% 40% nternal batiles
ADI1660 ) (Paper I11[73])
Mode 1B With 3.7 10%
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CHAPTER 3

3. Data Processing and Analysis

The results through Paper I to III are mainly based on the recorded data from the

pressure and tracer gas concentration measurements.

Solids concentration, pressure fluctuations, and height of dense bed can be obtained
from the pressure measurements along the height of the riser and the inside of the
volatiles distributor. The horizontal distribution of the simulated volatiles can be

obtained from the tracer gas, i.e. CO; concentration measurements.

In this section, evaluation parameters derived from the pressure and concentration

measurements results are presented.

3.1 Solids concentration

The solids concentration at a certain height can be estimated by pressure measurements
along the height of the riser. The pressures are the averages at different measurement

positions during a given period. The average solids concentration, cs'hl_a[kg/m3]

between two pressure measurement positions, h; and h, , can be estimated as
follows[74]. First, the voidage is calculated using the general expression for the pressure

drop:

lpr, — Pr,| = (0s(X = gn,,) + Pg€gn,, )9y — hol (1)

Then the average solids concentration in this height interval is given by:
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CS,hl_)z = pS(l - gg,hl_)z) (2)

3.2 Power spectral analysis

Power spectral analysis is often used to determine the dominant frequencies and the
frequency distributions of pressure fluctuations in fluidized bed, which can be applied
to identify the fluidization regime transitions and validate the hydrodynamic scaling
relationships between the pilot-scale and the full-scale units[75, 76]. In this thesis,
power spectral analysis of the pressure fluctuations signals by Fast Fourier transform
(FFT), being a more objective method compared to the time domain analysis, is used to

characterize the fluidization regime.

Assume that the time series of the variance in the pressure signals is divided into L

segments with a length of N, for each segment, and those segments are represented as:
xm)=x(n+{—-1)Ny), n=12,....N, i=12,...,L. 3)

The time series pressure signal x(n) estimated as the Fourier transform of the

autocorrelation sequence is expressed by:

F(f) = Tps, x(n)e /2 (4)

The power spectrum density (PSD) can be performed by using FFT, which is calculated

from:

. 1 S s 2
Ph(f) = 5 [Zpl x(me ] )
Here the normalization factor 1/(Nf;) is used. f; is the sampling frequency.

The average power spectrum is:

Pex(f) = 2k PL(f) (6)
The number of discrete frequencies tested is proportional to the numbers of samples in
each segment. The frequency resolution or intervals is Af = ]{]—Z, i.e. 0.0244 Hz in this
work. The highest frequency analyzed (named Nyquist frequency) is f;/2, i.e. 25 Hz.

The pressure sampling frequency is 50 Hz in this work, which is sufficient to determine
the frequency distribution since the major frequency range of pressure fluctuations is
normally below 10 Hz[76]. All frequency spectra shown below are based on the average

of 32 sub-spectra, each of which has 2048 samples, in order to ensure sufficient
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accuracy. The pressure signals are from the measurements at the position 0.03 m above
the air distributor and in the wind box.

3.3 Standard deviation of pressures

The standard deviation of pressures is one method to estimate the fluctuation amplitude,

N _D\2
o= /Zml("# (7)

where N is the total number of data points, P is the average valueandn=1,2,3, ..., N.

which is calculated as:

3.4 CO; ratio

In an ideal case, when the injected volatiles are perfectly mixed across the whole cross-
section, the CO> concentration at different positions of the cross-section will be the
same, which is called the ideal average CO: concentration in this thesis. The ideal
average CO> concentration is calculated based on the CO> flow (MF,,, [m;,/h]), air
flow used for simulating volatiles (MFg, [m3 /h]) and primary air flow (MFp, [m3/
h]) for the main fluidization.

MFC02

Ceal = (®)

MFco,+MFsa+MFpy

In order to compare the horizontal distribution of simulated volatiles in different cases
statistically, a parameter named CO; ratio (R) was defined as the ratio between the
measured CO; concentration (c,,, [ppm], with CO in ambient air subtracted) at each
measurement position and the ideal average CO2 concentration in the cross-section of

the riser (¢.4; [ppm])).

R=-" (9)

Ccal

A further analysis based on the CO; ratios at different positions of the higher level is
conducted in order to evaluate the overall performance of the different volatiles
distributors under different operational conditions with different air distributors. Here

are the parameters used for the evaluations.

The average CO»> ratio over the six horizontal measurement positions:
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n
2i=1 Ci

c(cy,CpyeniCp) = - (10)
The standard deviation of the CO; ratios:
sp = [H=G9 (1)
n
The relative standard deviation of the CO; ratios:
RSD = % X 100% (12)

The ratio between the highest CO» ratio (cy) to the lowest one (¢;) at the six positions

of the higher level is also calculated, which is expressed as ¢y /c;.

3.5 Dense bed height estimation inside the VD

The bed material inside the VD is fluidized by the continuous bottom inflow from the
main riser into the VD. The height of the dense bed inside the VD, h;, (see a sketch of

the side view in Figure 10) is estimated from pressure measurements. Geometry gives:
hy = Rpote — AR — hpottom (13)

where hyytt0m 1S the distance from the air distributor plate to the lower edge of the VD,
hpote 18 the distance from the distributor plate to the level of distribution holes of the
VD, and Ah is the distance between the top of the dense bed surface inside the VD and
the level of distribution holes. Ah can be estimated from the pressure difference
between the inside VD and the main bed at the hole height, and the measured pressure
gradient dp/dh on the outside of the VD is assumed to be similar to that inside the VD.
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h _ Pin—Pout (14)
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Figure 10. Sketch of the side view of the bottom part of the riser.

3.6 Dilution of volatiles inside the VD

The injected simulated volatiles would be diluted by the bottom air from the main
fluidization. This dilution affects the horizontal distribution of the simulated volatiles.
Therefore, the flow of fluidization air from the bottom entering the VD is estimated and
the degree of the dilution to the injected simulated volatiles is also evaluated based on
the dilution factors.

The calculation method is based on the calculation of the gas velocity through the
orifice[77]. Once the pressure drop over the distribution holes, p;, — Pous, and the
orifice discharge coefficient, C,;, are known, the gas velocity through the distribution
holes of the VD can be estimated.

/Z(mn—p )
Vorifice = Cq T:ut (15)

Here, the gas density, P gas? is 1.19 kg/m?, and the value of C, depends on the grid

plate thickness, ¢z, and the hole pitch, L,. According to the relationship between
Cd(Lh/dh)o'] and thickness-to-diameter ratio in the grid hole discharge coefficient design
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chart as shown in Figure 11[78], where d,, is the diameter of the holes, the value of C,
can be set to 0.92 in Paper III (it is simply assumed as 0.6 in Paper I and II), since L,

dj, and ¢t are 10 mm, 5 mm and 8 mm respectively.

1.0 :
y A
0.9
s
=
3
K
<
el
1) |
0.8
/
A
0.7

00 04 0.8 1.2 1.6 2.0 24 28
Thickness-to-Diameter Ratio, t/d

Figure 11. Grid hole discharge coefficient design chart[78].

Then, the total gas flow through the distribution holes is obtained knowing the open

area A,,ice-

Vorifice = Vorifice X Aorifice (16)

The total gas flow through the distribution holes of the VD (V,,; ;¢ ) includes the bottom

air flow (V},) and the flow of injected simulated volatiles (V,). Hence, the bottom air

flow is estimated as:
Vba = Vorifice — Vo (17)

There are two ways to calculate the dilution factors. The first method is based on the
flows of bottom air and injected simulated volatiles. The second method uses the CO>
concentration in the injected simulated volatiles and the measured CO> concentration

inside the VD. Hence, the dilution factors could be calculated as:

— Yba
by =7 (18)
D, =24=_‘vd_ (19)

Csv Vco,/Vsy

Here, ¢, 1s the measured CO> concentration inside the VD at the top right corner.
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CHAPTER 4

4 Results and Discussion

In this section, the results from the included papers are summarized, which highlight
the main findings about the performance of the volatiles distributor with different

configurations under different fluidization regimes.

4.1 Vertical profile of the solids concentration

The vertical profile of solids concentration in the riser gives a basic overview of the
different fluid-dynamical zones. Figure 12 presents the vertical solids concentration
profiles with and without the VD, obtained from the pressure measurements along the
height of the riser. At the bottom of the riser, a dense bed region with constant solids
concentration along the height is formed, and higher fluidization velocity gives lower
solids concentration. Above the dense bed region, a splash zone is formed with an
exponential decay in solids concentration, caused by the strong back-mixing by means
of ballistic movement of clustered particles. A transport zone with lower exponential
decay above the splash zone occupies most of the riser height and has a dispersed solids
flow. Higher fluidization velocity transfers more bed materials from the bottom to the
transport zone. Hence, higher fluidization velocity gives a lower bottom bed and
increases solids concentration in the upper part of the riser compared to lower

fluidization velocity.

It was found that the variation in solids concentration from the bottom to the top of the
riser in the presence of VD is generally similar to what is seen in absence of VD at low

fluidization velocity as shown in Figure 12. But there is one big difference in solids
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concentration profile at higher fluidization velocity between with and without the VD.
With VD, the solids concentration at the bottom when using a fluidization velocity of
3.7 m/s, decreases up to 300 mm height, and then increases up to 470 mm, which is
exactly the top end of the VD. The presence of the VD gives a higher velocity locally,
which approximately halves the concentration in this height range. This rise in velocity
is significant, because the VD occupies one third of the cross-section. In a real-world
application this fraction could be smaller.

= .u0=0.9 m/s, Without VD
—a—u =0.9 m/s, With VD

= S 10=3.7 m/s, Without VD
—e—u0:3.7 m/s, With VD

=
=]

Solids Concentration (kg/m3)

Height (m)

Figure 12. Solids concentration profile under different fluidization velocities in absence and presence
of the VD with configuration Mode 1A.

It was also found that the solids concentration profile along the riser height remains
similar when the configuration of distribution holes is changed or internal baffles are
added at the bottom of the VD as shown in Figure 13 and Figure 14. Different
fluidization regimes created by different bottom air distributors under otherwise similar
operational conditions, e.g. single bubble and multiple bubble regime, do not have
significant effects on the solids concentration profile. The details about the fluidization

regimes are discussed in the next section.
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Figure 13. Solids concentration profile along the height of the riser with different AD and VD
configurations.
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Figure 14. Solids concentration profile at the bottom of the riser with and without internal baffles
(VD: Mode 1B).
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4.2 Fluidization situation inside the VD
4.2.1 The dense bed inside the VD

The transparent front plate of the riser provides the opportunity to visualize the
fluidization in the riser bottom. Figure 15 illustrates the bubble flow under different
operational conditions with different VDs and ADs. In the case with AD1660 and
without internal baffles, there are big bubbles formed at the bottom when the
fluidization velocity is low, which push particles upwards to the top of the VD. When
the air distributor is changed to AD198, there are multiple and smaller bubbles formed
at the bottom and the dense bed oscillates less violently than in the cases with AD1660.
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The dense bed surface becomes more stable by the installation of the internal baffles
with the high pressure drop AD198. For the cases with internal baffles under lower
fluidization velocities in Figure 15, the internal baffles break the large bubbles, and the
movement of particles is reduced by the internal baffles, which helps in creating a more
stable dense bed inside the VD.

When the fluidization velocity is increased to 3.7 m/s, the bed inside the VD becomes
more diluted and the bed height becomes lower and more unevenly distributed in the
lateral direction compared to the lower fluidization velocity cases, as shown in Figure
15 e-f. Note that the inner wall of the VD is also made in perplex, so in the photos with
low bed levels, the fluidization behavior of the bed behind, i.e. outside of the VD, can
be also seen. There is very little dense bed observed in the case with internal baffles at

high fluidization velocity.

EES
(a) 0.6 m/s, Ve~30%, VD Mode 1B without (b) 0.6 m/s, Ve~30%, VD Mode 1B with Internal
Internal baffles, AD 1660 baffles, AD 1660

X B
< & .
A, - ;
2 ¢k~

(¢) 0.6 m/s, V&y~30%, VD Mode 1B without Internal ~ (d) 0.6 m/s, Vs~30%, VD Mode 1B with Internal
baffles, AD 198 baffles, AD 198

= = . .

() 3.7m/s, Va~10%, VD Mode 1B with Internal
Internal baffles, AD 1660 baffles, AD 1660

Figure 15. Captured photos of the bottom riser with different VDs and ADs under different

experimental conditions.
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4.2.2 Fluidization regime characterization

In this section, an analysis of the pressure fluctuations in the bed and in the wind box is

conducted to characterize the fluidization regimes in the riser bottom.

Examples of the pressure behavior are presented in Figure 16. The pressure variations
(Figure 16 a-b) show an obvious regularity, which may be caused by large single
bubbles (similar to the bubble in Figure 15 a). The frequencies and amplitudes of the
pressure variations measured in the wind box and at 0.03 m are similar. This can be
illustrated by power spectrum density analysis (Figure 17 a-b). Frequency spectra from
the wind box and from the bed both show a sharp peak at somewhat below 1 Hz. This
is similar to the results from a previous work done in this experimental system[69]. The
sharp peak in the frequency spectrum means a strong periodicity of the formation and
eruption of the bubbles, which was characterized as the single bubble regime. In the
single bubble regime, most of the bubbles rise up in the center of the bed and the gas
flow is discontinuous because of the periodically formed and erupted bubbles. As the
fluidization velocity increases from 0.9 m/s to 3.7 m/s, more irregular bubbles (Figure
16 c-d) are formed, which contain more particles compared to the bubbles at lower
velocity. i.e. single bubble regime. These irregular bubbles tend to explode at the surface
of the bed, and are called exploding bubbles[69]. At the higher velocity, the amplitude

of the pressure fluctuation is much lower.

(a) Mode 1B, n, =1660,0.9 m/s, V_=32%, P in wind box (b) Mode 1B, n_ =1660,0.9 m/s, V_=32%, P at 0.03m
; AD . “. . ; AD : ﬁ\ :
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Figure 16. Pressure signal series measured in the wind box and at 0.03 m with VD Mode 1B and
different ADs under different operational conditions.

When the air distributor is changed to AD198 from AD1660, the pressure variation
periodicity becomes uneven and for AD198 the amplitude differs by a factor higher than
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10 between the pressures in the wind box and at 0.03 m (Figure 16 e-f). The pressure
vibrates in the range 20.6 ~ 21.5 kPa in the wind box and 4 ~15 kPa at 0.03 m
respectively. The multiple and different sizes of bubbles (Figure 15 ¢) may be the reason
for the uneven periodicity. The wide range of frequencies from 1 to 3 Hz in Figure 17
(f) further reflects that there are numerous bubbles with different sizes and formation

frequencies in this so-called multiple bubble regime.

14

14

-
| Wind Box (a)_ | At0.03 m (b)_
Modc 1B Modc 1B
10 10
§ nw:h’)ﬁO § nw:h’)ﬁO
=0 u,~0.9 mis, V,_=32% =0 u,~0.9 mis, V,_=32%
= 6t = 6t
[7e] [7e]
& &
4F 4F
2 - L 2 - L
0 L L L 0 L L L
0 2 4 6 8 10 0 2 4 6 8 10
Frequency (I1z) Frequency (I1z)
T T 025 T T
0.15 Wind Box (C)' At0.03m (d)
Mode 1B 0.2 Mode 1B 1
S n, =1660 S n, =1660
z ol AD Zous W
% u0=3,7 m/s, VWZI[]% % u0=3,7 mis, VWZI[]%
Z S 0.l
& 0.05 F
0.05
0 : : : 0 : :
0 o 4 6 8 10 0 o 4 6 8 10
Frequency (11z) Frequency (11z)
0.1 T T =
Wind Box (e) L5r At0.03m (f)'
0.08 Mode 1B 1 Mode 1B
= n, =198 =) n, =198
Z 006 w g o w
% uOZU,,‘) ms, VWZBZ% § uOZU,,‘) ms, VWZBZ%
20041 2
-5 B 05
b LJA"“N\
: 0

4 6 8
Frequency (11z)

10

4 6 8
Frequency (11z)

10

Figure 17. Power spectrum density of the pressure signal in the wind box and in the bed at 0.3 m with
different ADs.

The pressure oscillating ranges in the wind box and in the bed are quite similar, i.e.
around 7 kPa, under 0.9 m/s fluidization velocity with AD1660. However, they change
to around 0.8 kPa and 10 kPa respectively under 0.9 m/s fluidization velocity with
ADI198. This is caused by the different pressure drops over the air distributor as
presented in Table 2, which increases from 0.58 kPa to 11.74 kPa. When the resistance
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of the air distributor is low, the local fluidization air flowrate is higher where the
pressure right above the distributor is low. For the AD1660 case, the air distributor
pressure drop is less than 10% of that of the entire bed. The fluidization air tends to flow
continuously into the bubble formed above the air distributor and lead to the large single
bubbles formed in AD1660 case.

The correlation between the pressures in the wind box and at 0.03 m in the bed was
analyzed based on the CORREL function in excel. The correlation coefficient is used
to determine how well the pressures between the wind box and the bed are correlated.
Due to the lower pressure drop across the air distributor 1660 compared to AD198, the
interaction between the bed and the air supply system is stronger, which can be indicated
by the correlation coefficients in Table 2. The correlation coefficients in AD1660 case
are close to 1 and those in AD198 case are close to 0, which means the pressures in
Figure 16 a and b or ¢ and d are much more correlated than those in Figure 16 e and f.
The stronger interaction would be another way to distinguish the exploding bubble
regime from the multiple bubble regime, since the multiple bubble regime has lower
correlation between the pressure in the wind box and in the bed, and larger difference

in frequency spectrum between bed and wind box, as shown in Figure 17.

It is clear that increased pressure drop over the air distributor either by high fluidization
velocity or less open area of the air distributor, ensures more uniform distribution of

fluidization gas, i.e. wider frequency distribution range.

Table 2. Analysis of pressures over the air distributor and the whole riser.

Parameter AD1660 ADI198
Fluidization velocity Uy [m/s] 0.9 3.7 0.9 0.6
Gauge pressure in the wind box Pwindbox | KPa] 9.50 10.43 20.77 14.89
Gauge pressure at the bottom of the riser po [KPa] 8.92 7.45 9.04 9.34
Gauge pressure at the top of the riser pg [KPa] 0.27 0.89 0.29 0.17
Pressure drop over the air distributor Ap4p [kPa] 0.58 2.98 11.74 5.55
Pressure drop along the riser Ap,iser [KPa] 8.65 6.56 8.75 9.16
Pressure ratio Apap /ADiser 7% 45% 134% 61%
Correlation coefficient - 0.98 0.85 0.21 0.26

4.3 Pressure fluctuations

Figure 18 shows the pressures inside and outside the VD under different fluidization
regimes. In general, the average pressure outside the VD is always lower than that inside
the VD, which means the dense bed surface inside the VD is always below the level of
the distribution holes of the VD. The standard deviation of the pressure outside the VD

decreases significantly when the fluidization regime goes from single bubble to multiple
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bubble regime, which might be caused by the much smaller bubbles in multiple bubble
regime compared to the single bubble regime. However, the standard deviation of the
pressure difference over the holes, i.e. Pis-Pous, in the single bubble regime is lower than
that in the multiple bubble regime, which is associated with more correlated pressure
fluctuations between inside and outside the VD in the single bubble regime, compared
to the multiple bubble regime.

10k [ |Single bubble
| Multiple bubble
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Figure 18. Average pressure and standard deviation of the pressures and pressure drops inside and
outside of the VD at the level of the distribution holes under different fluidization regimes.

(o]
T

Pressure (kPa)

As Figure 19 shows, the change of the configuration of the holes has no obvious
influence on the standard deviations of the pressures. However, as a consequence of
doubling the open area of the VD distribution holes, i.e. from Mode 1B to Mode 2B,
the pressure difference, i.e. Pi-Pouw, becomes smaller. What’s more, the average
pressure drop under similar operational conditions with AD1660 doesn’t change very
much when the VD is changed from Mode 2B to Mode 2A.
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Figure 19. Average pressure and standard deviation of the pressures and pressure drops inside and
outside of the VD at the level of the distribution holes with different configurations of distribution
holes.

Figure 20 shows the influence of internal baffles on the pressure drops over the
distribution holes. Similar decrease of the pressure drop when baffles are added, is
found in both the single bubble and multiple bubble regimes, which means less gas
passes through the distribution holes with baffles. However, in the exploding bubble

regime similar pressure drops over the distribution holes are found with and without
internal baffles.
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Figure 20. Influence of internal baffles on the average and standard deviation of pressure drop over
the distribution holes of the VD under different fluidization regimes. (‘Without and with’ refer to
‘with and without internal baffles’)

Less bottom air takes the path through the VD and its distribution holes and more bed
material stays inside the VD with the internal baffles present, which gives a higher bed
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level inside the VD in both multiple and single bubble regimes as shown in Table 3.
However, there is no influence of internal baffles on the dense bed height in the
exploding bubble regime. Furthermore, an increased volatiles flow causes higher

pressure drop over the distribution holes and lower dense bed level inside the VD.

Table 3 Influence on the dense bed height inside the volatiles distributor.

Air distributor AD198 AD1660
Fluidization = 0.6 0.6 3.7
velocity
: 7
Volatiles —7 30% 42% 30%-31% 42% 10%
percentage Voa + Vey
Fluidization regime Multiple bubble Single bubble Exploding bubble
[ & [ & [ & [ & # i
Internal baffles SE E |[2E E | 2E E | 2B &£ A= g
< < < < < < < o] < [~
Ra) m Na m Ra as} Ra as} o as}
Pressure drop - pip kPa | 1.21 083 | 1.73 129 | 143 093|195 137 | 099 1.0l
overthe VD  — poue
Pressure -y /dh kPa/im | 10.66 10.56| 1039 1038 [10.73 1030|1032 10.13| 424  4.16
gradient
Dense bed
height inside  h,, m | 015 018]0.09 014013 017|007 0.12| 003  0.02
VD

4.4 Horizontal distribution of volatiles

Figure 21 presents the COz ratios at different horizontal positions with VDs of different
configurations in the single bubble regime. Generally, the cases with VD have a more
even horizontal distribution compared to the experiments without VD. Mode 1B and
Mode 2B give a more uniform horizontal distribution at the higher level compared to
Mode 1A and 2A. Since the simulated volatiles is injected from the left side, more
simulated volatiles would be distributed through the holes near the injection port when
the distribution holes are evenly distributed, i.e. Mode 1A and 2A. This is because the
gas going through the holes far from the volatiles inlet is more diluted with bottom air
entering the VD from below. When the configuration of the distribution holes is uneven,
i.e. Mode 1B and Mode 2B, the injected simulated volatiles are forced to flow to the
right-hand side giving a more even distribution. Hence, the modified configurations of
the VD are helpful in providing a more uniform distribution of the volatiles. There are
mainly two sources of the simulated volatiles at the lower level in the riser, i.e. leakage
from the bottom of the VD and back mixing near the walls. As Figure 21 shows, there
is a large decrease in the COz ratio at LSV1 from Mode 1B to Mode 2B, even though
the CO; ratio at HSV1 is similar, which indicates that a larger open area of the
distribution holes of Mode 2B reduces the bottom leakage of the VD dramatically.
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Figure 21. The distribution of volatiles in the horizontal direction from the left to the right side of the
riser, with different configurations in single bubble regime. (See Figure 7 for the details of
HSV/LSV1-6.)

A comparison between the cases without VD, with VD and with VD equipped with
internal baffles in multiple and exploding bubble regime, is shown in Figure 22. It
clearly illustrates that the horizontal distribution of volatiles is significantly improved
by the VD equipped with internal baffles, especially in multiple bubble regime. The
COz ratios keep close to 1 from HSV2 to HSV6 with internal baffles in multiple bubble
regime. In the exploding bubble regime, the CO; ratio is lowered slightly at the left side
and raised at the right side, when using baffles. Thus, the internal baffles fulfil the
objective of the uneven holes arrangement, which is to move the volatile gases to the

right, i.e. away from the injection port.
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Figure 22. The distribution of volatiles in the horizontal direction from the left to the right side of the
riser without VD, with VD and with VD equipped with internal baftles, in multiple and exploding
bubble regimes. (See Figure 7 for the details of HSV/LSV1-6.)

4.5 Overall performance of the VD

Table 4 summarizes the results of the experiments with different VD configurations.
The standard deviation of the COx> ratios at different horizontal positions, together with
the relative standard deviation and the ratio between the highest and lowest
concentration, gives an overall evaluation on the uniformity of the horizontal

distribution of the simulated volatiles by different VDs.

It shows that the VD in Mode 1B and Mode 2B has better overall performances for the
horizontal distribution. Furthermore, the SD, RSD and H/L are smallest for the
exploding bubble regime (EB), the largest for the multiple bubble regime (MB) and in
the middle for the single bubble regime (SB).
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Table 4. Statistical evaluation on the performance of different VDs under different experimental
conditions. SD: standard deviation, RSD: relative standard deviation, H/L: highest/lowest concentration.

Air VD hol Fluidization Séﬁ:iﬁ?sd Open area of | Average
O 01 | velocity/Regime the VD CO, | SD | RSD | HIL
distributor | arrangement percentage 2 .
ugy [m/s] v A [m?#] ratio
SV
7% 1.21 0.57 | 47% | 3.5
Mode 1A 0.9/SB 30% 1.01 0.36 | 36% | 2.51
0 V)
3.7/EB ig(ﬁ 1138 x 10-3 1.07 0.25 | 23% | 1.86
0
Mode 1B 0.9/SB 32%
0
ADIGG0 SIEB [ 1%
0
Mode 2A 0.9/SB 32%
3.7/EB 10% 3 .
0.9/SE 1% | »276x10 0.95 | 028 | 29% | 2.14
Mode 2B ) 32% 0.21 | 22% | 1.85
3.7/EB 10% 1.14 0.31 | 28% | 2.13
0.9/MB 32% 1.16 0.42 | 36% | 2.56
Mode 1B 0.6/MB 30% 1.138 x 1073 1.12 0.39 | 35% | 2.52
AD198 ) 42% 1.02 0.29 | 28% | 2.2
0.9/MB 33% 0.95 0.39 | 42% | 2.95
Mode 2B 0.6/MB 30% 2.276 x 1073 0.97 0.53 | 55% | 4.38
) 43% 094 | 036 | 38% | 2.72

Table 5 shows the overall performance of the VD with and without internal baffles
under different operational conditions. In the multiple and single bubble regimes, the
standard deviation, and relative standard deviation of the CO; ratios, together with the

highest/lowest concentration, are much lower in the cases with internal baffles.

In the exploding bubble regime, the standard deviation, the relative standard deviation
and the highest/lowest concentration of CO» ratios are higher in the case with internal
baffles compared to the case without baffles. This can be explained by lower CO; ratios
at HSV1 and HSV2 and higher ones at HSV4 and HSVS5 in the case with internal baffles
compared to the case without baffles, which means that the installation of the internal
baffles help the VD push more simulated volatiles to be distributed from the side further
away from the simulated volatiles injection port. Thus, the internal baffles do not
improve the distribution of the simulated volatiles in the exploding bubble regime, but
it does amplify the movement of volatiles away from the injection port, which is the
purpose of the uneven hole distribution. This means that the internal baffles facilitate
the control over the distribution, which is an important point considering the application

in longer VD arms.
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Table 5. General performance of the VD with and without internal baffles under different operation
conditions.

FIUIdIZE.ltIOIl ,§ ) . Averag.e D RSD L
Air velocity g8 Slrriulfilted CO; ratio
oA S5 volatiles 2l 8 5 & 5 8 g &
distributor m/s 5 8 percentage | 2 E| § | 25 € | 2% € | 2% E
= g A 8 A 8 @ 8 A
Multiple 30% 1.11 | 1.13 | 0.38 [ 0.21 | 0.35| 0.19 | 2.52 | 1.61
AD198
06 bubble 42% 1.00 | 1.05]0.29 | 0.12 | 0.29 | 0.11 | 2.20 | 1.39
’ Single 30-31% | 1.20 [ 1.22 | 0.41 | 0.19 | 0.34 | 0.16 | 2.30 | 1.55
AD1660 bubble 42% 1.06 | 1.21 | 0.23 | 0.18 | 0.22 | 0.15 | 1.80 | 1.51
3.7 Exploding 10% 133 | 130 | 0.21 | 0.34 | 0.16 | 0.26 | 1.60 | 1.95
bubble

It is shown in Table 5 that the standard deviation, relative standard deviation, and the
highest/lowest concentration are much lower when the volatiles percentage increases in
the single and multiple bubble regime for the reference cases without internal baffles.
However, these values remain similar in the cases with internal baffles, especially in
the single bubble regime, which means that once the internal baffles are installed, the
flowrate of simulated volatiles would not have a big impact on the horizontal
distribution by the VD.

Generally, the VDs with less open area or internal baffles at bottom give a better
horizontal tracer distribution across the cross section by comparing the values of SD,
RSD and cy /c;in Table 4 and Table 5.

4.6 Dilution of volatiles inside the VD

Table 6 presents the calculation results of the simulated volatiles dilution inside the VD
according to the orifice discharge coefficient equation. Dilution of volatiles inside the

VD was analyzed based on the dilution factors i.e. V}, /V, and c,4/Csy-

The volatiles injected into the VD are diluted by the bottom air flowing into the VD.
When internal baffles are installed in the VD, as shown in Table 6 there is less bottom
air flowing into the VD and the dilution of the injected simulated volatiles is smaller,
especially in the single and multiple bubble regime. The lower dilution results in more
even distribution of the volatiles. However, there is no big difference in the volatiles
dilution inside the VD in the exploding bubble regime, i.e. the degree of bottom air flow
coming into the VD before and after the installation of the internal baffles is largely the

same.
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Table 6. Volatiles dilution inside the VD estimated based on orifice discharge coefficient.

. o 2 E g
" 3 E g o 3 ££& 5> B3 Zo
= = & 5§ & =& S5 &% gz §~7 o
E o 2 S < | o =g == 238 Dilution Factors
=) = g ) m > T 5 2=
= S 2 Q3 kS 25 =288 E& 8¢
] = = »n <} o = — Q0 =
S g g s 5 CE 28 =& &
3 5 S g E O ¢ O
E = § -
= kPa vorifice Vba Uyp Cyd @ Cv_d
m/s mz/h m/s  ppm Vey Cop
300, Noo 121 4152 100 117 4934 1.43 0.44
0
ADI9S  0.6ms Multiple Yes 0.83 34.44 70 0.82 8267  0.98 0.76
' bubble s00, Noo 173 4961 81 0.95 10365  0.66 0.70
0
Yes 1.29 4291 53 0.62 10327  0.43 0.92
300, No 143 4520 115 134 5829 162 0.53
0
06ms  Single Yes 093 36.42 76 0.89 8421 1.03 0.79
AD1660 ' bubble 40% No 195 52.73 98 1.15 7558 0.84 0.67
(1]
Yes 137 44.13 57 0.67 9213  0.46 0.90
37y Exploding o, No 099 3749 43 050 9123 039 0.75
. o
bubble Yes 1.01 37.92 45 0.53 8578  0.41 0.79

4.7 Implications for large-scale application of the VD

The investigation of the VD has been made in a cold-flow fluidized-bed model under
varying fluidization regimes. The performance of the VD in the cold-flow model gives
some hints for the performance of the VD in a real-world application with the same
fluidization regime. But, what would be the expected operational conditions in a future
fuel reactor using solid fuels? There are some differences between the operational
conditions in current investigations in the cold-flow model and the ones in the large-

scale fuel reactors.

Firstly, the bottom fluidization gas flow would be low in a real-world fuel reactor. The
bottom gas, either steam or a combination of steam and recycled CO2, comes with a
significant cost, and its major purpose is to keep the bed fluidized. Thus, the optimal
bottom gas flow is likely the minimum flow needed to safely achieve adequate
fluidizing conditions. Apart from the bottom fluidization gas flow, there are two major
gas flows in the fuel reactor originating from the char and the volatiles. The char will
mainly be part of the dense phase. Thus, the syngas produced by gasification will also
appear in the dense phase. This will make the dense phase “self-fluidizing”, which is
likely helpful for improving the gas-solid contacting. It also means that the gas flow in
the dense phase outside the VD will increase with bed height. Such a “self-fluidizing”

regime 1s obviously difficult to accomplish in a cold-flow model. Therefore, it is
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relevant to consider different fluidization velocities in the evaluation, 1.e. from the low
velocities, typical of the fluidization flow, to the higher flows which are more relevant
higher up in the bed. A second difference is that the flow of volatiles in a fuel reactor
which uses a highly volatile biomass fuel, would be significantly higher than that used
in these tests, because of practical limitations to the flow of simulated volatiles that
could be added. A higher flow would obviously have implications for the dimensioning
of the arms and the open area of the holes.

Despite these differences, it can nevertheless be concluded that the concept has been
proven and can be expected to be useful in real-world applications. Moreover, the
different configurations and conditions examined in this work should be helpful in the

designing of large-scale applications.
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CHAPTER 5

5 Conclusion

In this thesis the concept of a volatiles distributor, has been proposed and studied
experimentally in a cold-flow fluidized-bed model. The aim is to achieve a more even
cross-sectional distribution of volatiles, provide better gas-solid contacting and improve
the gas conversion in the fuel reactor. The performance of the volatiles distributor has
been evaluated based on the results of the pressure and tracer gas concentration
measurements under different operational conditions, i.e. different fluidization
velocities and simulated volatiles flow, with volatiles distributors and air distributors of

different configurations.

The gas-solid contacting and the performance of the VD depend on the fluidization
regime. Further, the fluidization regime is dependent on the fluidization velocity, but
also on the air distributors leading the fluidization gas into the bottom bed. The single
bubble regime, i.e. large single bubbles formed at the bottom, exploding bubble regime,
i.e. irregular bubbles containing more particles, and multiple bubble regime, i.e.
multiple bubbles with different sizes formed at the bottom, were investigated with the
VD. It was found that the horizontal distribution of volatiles could be improved
significantly by the VD, especially in exploding bubble regime. Higher flowrate of
simulated volatiles increases the pressure drop over the distribution holes, lowers the
bed level inside the VD and thus improves the uniformity of horizontal distribution of

volatiles to some extent.

The configurations of the VD investigated, have different numbers of distribution holes
and different holes arrangements, including evenly and unevenly distributed holes. The

latter involves less holes close to the entrance of volatiles and more holes at the far end.
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It was found that the arrangement with unevenly distributed holes can improve the
uniformity of the horizontal distribution of volatiles. Less open area of the distribution
holes in the VD increases the pressure drop over the distribution holes and also increases
the risk of volatiles slip below the lower edge of the VD, in particular in the single

bubble regime.

The installation of internal baffles at the bottom of the VD was found to reduce the
pressure drop over the distribution holes, and make more particles stay inside the VD
and lower the upward flow of bottom air inside the VD in both single and multiple
bubble regime; thus improving the uniformity of the horizontal distribution of the
volatiles and reducing the risk of volatiles slip below the lower edge of the VD close to
the volatiles inlet. Also in the exploding bubble regime the baffles promoted a shift of

volatiles away from the inlet.

In general, the effectiveness of the concept of the VD has been proven and the flexibility
of the design of the VD has also been demonstrated in the cold-flow model, with
different configurations, i.e. different open area of the distribution holes and different
holes arrangements, and internal baffles at the bottom of the VD. These flexibilities of
the design should be important and instructive for the large-scale applications of the

volatiles distributor.
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Nomenclature
ABBREVIATIONS
ADI198 Air distributor with 198 holes
AD1660 Air distributor with 1660 holes
BECCS Bioenergy carbon capture and storage
Bio-CLC | Chemical looping combustion of biomass
CLC Chemical looping combustion
CLOU Chemical looping with oxygen uncoupling
EB Exploding bubble regime
FFT Fast Fourier transform
GHG Greenhouse gas
HSV High-level sampled volatiles
IPCC Intergovernmental Panel on Climate Change
LSV Low-level sampled volatiles
MB Multiple bubble regime
0]@ Oxygen carriers
PSD Power spectral density
RSD Relative standard deviation
SB Single bubble regime
SD Standard deviation
VD Volatiles distributor

41



NOMENCLATURE

NOTATIONS

Aoririce  Open area of the orifices [m?]

Ceal Ideal average CO> concentration in the cross-section of the riser [ppm]
Cm Measured CO> concentration [ppm]
Cshysy Solids concentration in the middle of h; and h, [kg/m3]

Cypmea  CO2 concentration measured inside VD [ppm]

Cypavg  Average COz concentration inside VD [ppm]

c Average CO> ratio [—]

cu/cy Ratio between the highest and the lowest CO» concentration at HSV [—]
C, Orifice discharge coefficient [- ]

Di, D> Dilution factors of the concentration inside the VD [~ ]

dp/dh  Pressure drop gradient [kPa/m]

fs Pressure sampling frequency [Hz]
Af Frequency resolution [Hz]
F(f) Fourier transform of the autocorrelation sequence of the time series of

pressure signals [kPa]

g Acceleration of gravity [m/s?]
hy, h, Different heights of the pressure measurement positions [m]
hy, Dense bed height inside volatiles distributor [m]

hyottom  Height of the bottom of the volatiles distributor [m]
Rhote Height of the distribution holes [m]

Ah Distance between the dense bed height inside the VD and the distribution
holes level [m]

L Number of pressure signals segments [—]
MFC02 CO2 flow [m%/h]

MF;, Air flow used for simulating volatiles [m3 /h]
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MFp,

N

Pex ()
Pwindabox
Po

Ps

Apap
Apriser
Phy> Ph,
Pin

pout

NS

Ly
Uy

14
Uyp, Uyp

%
Vba
Vco2
Voa
Vv
Vorifice
x;(n)

Pgas

Primary air flow for the main fluidization [m3 /h]

Length of segments of the pressure signals [—]

Power spectrum density [kPa?/Hz]

Pressure inside the wind box [kPa]

Pressure at the bottom of the riser [kPa]

Pressure at the top of the riser [kPa]

Pressure drop over the air distributor [kPa]

Pressure drop along the riser [kPa]

Pressures measured at height hy and h, [kPa]

Pressure inside the VD measured at the top right corner [kPa]

Pressure outside the VD measured at the back side of the riser at the
distribution holes level [kPa]

Average pressure [kPal]
Plate thickness [mm]

Hole pitch [mm]
Fluidization velocity [m/s]

Fluidization velocity inside the VD based on two calculation methods

[m/s]

Orifice velocity [m/s]

Bottom air flow from the main riser to the VD [m3 /h]
CO; flowrate [m3 /h]

Primary air flowrate [m3 /h]

Simulated volatiles flowrate [m3 /h]

Orifice gas flow [m3 /h]

Time series of pressure signals [kPa]

Density of gas (air) [kg/m?3]
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Ps

Density of bed materials [kg/m?]

Standard deviation of pressures [kPa]
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