ECSC-7220-PR125

Capture of CO2 in Coal Combustion

ECSC COAL RTD PROGRAMME

Project N°.:

LL/NNN

Contract N°.:

7220-PR-125

Capture of CO2 in Coal Combustion
(CCCC)

Final Report
Authors:
Chalmers University of Technology,
"Chalmers" (Co-ordinator)
Consejo Superior de Investigaciones
Científicas, "CSIC".
Vienna University of Technology,
"TU-Vienna"
Cranfield University, "Cranfield"
Technical Research Centre of Finland,
"VTT"
Version: Final
Date: 25/10/2005

1

ECSC-7220-PR125

Capture of CO2 in Coal Combustion

ECSC COAL RTD PROGRAMME
Report data sheet
Document title:
Language:

E

12-month report

Contract N°.: 7220-PR-125

N°. of pages:

Project N0.: (LL/NNN)

Project title:
Capture of CO2 in Coal Combustion
(CCCC)
Authors:

Sponsors:

T. Mattisson, JC. Abanades , A. Lyngfelt
A. Abad, M. Johansson, J. Adanez,
F. Garcia-Labiano, LF. de Diego, P. Gayan
B. Kronberger, H. Hofbauer, M. Luisser
JM. Palacios, D. Alvares, G. Grasa
J. Oakey, B. Arias, M. Orjala
V-P Heiskanen

Abstract:
The aim of the project is to develop processes for carbon dioxide capture from coal-fired power plants.with small
energy penalties. Two novel processes are studied: chemical-looping combustion (CLC) and the lime
carbonation/calcination cycle (LCCC). Both parts of the project have been highly successful. With respect to CLC
the process was a paper concept when the project started, never tested in actual operation. In this project a large
number ofoxygen carriers have been produced and tested and many were found to have suitable properties for the
process. A small reactor system for chemical-looping combustion was developed, tested and found to be working
well with three different oxygen carriers. Furthermore cold-flow models indicate the realism of the process in full
scale. The kinetics of a limited number of particles has been studied in detail, and modelling shows that the solids
inventories needed will be small. With respect to the LCCC part, some of the options investigated can be potentially
competitive to capture CO2 in coal-based power generation and cement plants. The observed decay in capture
capacity of the sorbent can be compensated with a large make up flow of fresh limestone due to its low price. The
key reactor systems (carbonator and calciner) have shown no major barriers for continuous operation All the options
studied have the inherent advantage of low efficiency penalties. For some options, no major technical barriers have
been identified and confidence has been built on the operation and understanding of individual units. Some of the
options are ready to be demonstrated at large pilot level in a continuous power plant.

Key words:
CO2 capture, chemical-looping combustion, lime carbonation calcination cycles
Additional information from:

EC approval:

Anders Lyngfelt, CLC-part
Carlos Abanades, LCCC-part

(For Commission use)

Confidentiality: (Public, restricted, etc.)

Date:

2

ECSC-7220-PR125

Capture of CO2 in Coal Combustion

ECSC COAL RESEARCH PROGRAMME
Project N°.:
Contract N°.: 7220-PR-125
Contact persons
Financial matters
Co-ordinator:
Chalmers University of Technology
Anders Lyngfelt
Prof.
Department of Energy Conversion
Chalmers University of Technology
S 412 96 Göteborg, Sweden
Phone: + 46 31 772 1427
Fax: + 46 31 772 3592
E-mail: anly@entek.chalmers.se
Consejo Superior de Investigaciones
Científicas, "CSIC".
J Carlos Abanades
Instituto de Carboquímica
Miguel Luesma Castan 12
50015 Zaragoza, Spain
Phone: + 34976733977
Fax: + 34976733318
E-mail: jcabanad@carbon.icb.csic.es
Vienna University of Technology
Hermann Hofbauer
Prof.
Institute of Chemical Engineering, Fuel
Technology and Environmental
Technology
Getreidemarkt 9/159
A- 1060 Vienna, Austria
Phone: + 43-1-58801-159-70
Fax: + 43-1-58801-159-99
E-mail: hhofba@mail.zserv.tuwien.ac.at
Cranfield University
John E Oakey
Cranfield University
Cranfield
Bedfordshire
MK43 0AL
UK
Phone: + 44-1234-754253
Fax: + 44-1234-752473
E-mail: j.e.oakey@cranfield.ac.uk

Technical matters
Co-ordinator:
Chalmers University of Technology
Anders Lyngfelt
Prof.
Department of Energy Conversion
Chalmers University of Technology
S 412 96 Göteborg, Sweden
Phone: + 46 31 772 1427
Fax: + 46 31 772 3592
E-mail: anly@entek.chalmers.se
Consejo Superior de Investigaciones
Científicas, "CSIC".
J Carlos Abanades
Instituto de Carboquímica
Miguel Luesma Castan 12
50015 Zaragoza, Spain
Phone: + 34976733977
Fax: + 34976733318
E-mail: jcabanad@carbon.icb.csic.es
Vienna University of Technology
Hermann Hofbauer
Prof.
Institute of Chemical Engineering, Fuel
Technology and Environmental
Technology
Getreidemarkt 9/159
A- 1060 Vienna, Austria
Phone: + 43-1-58801-159-70
Fax: + 43-1-58801-159-99
E-mail: hhofba@mail.zserv.tuwien.ac.at
Cranfield University
John E Oakey
Cranfield University
Cranfield
Bedfordshire
MK43 0AL
UK
Phone: + 44-1234-754253
Fax: + 44-1234-752473
E-mail: j.e.oakey@cranfield.ac.uk
3

ECSC-7220-PR125

Technical Research Centre of Finland,
"VTT"
Markku Orjala
VTT Energy
P.O. Box 1603
FIN-40101 Jyväskylä
Finland
Phone: + 35814672534
Fax: + 35814672597
E-mail: +Markku.Orjala@vtt.fi

Capture of CO2 in Coal Combustion

Technical Research Centre of Finland,
"VTT"
Markku Orjala
VTT Energy
P.O. Box 1603
FIN-40101 Jyväskylä
Finland
Phone: + 35814672534
Fax: + 35814672597
E-mail: +Markku.Orjala@vtt.fi

4

ECSC-7220-PR125

Capture of CO2 in Coal Combustion

Table of Contents
1. INTRODUCTION

7

2. SUMMARY

9

2.1 CHEMICAL-LOOPING COMBUSTION (CLC)

9

2.2 LIME CARBONATION-CALCINATION CYCLE (LCCC)
3. RESEARCH DESCRIPTION

10
12

3.1 CHEMICAL-LOOPING COMBUSTION (CLC)

12

3.1.1 Introduction

12

3.1.2 Chemical-looping combustion

12

3.1.3 Methodology

14

3.1.4 Results

16

3.2 LIME CARBONATION CALCINATION CYCLES (LCCC)

24

3.2.1 Introduction

24

3.2.2 Experimental systems and procedures

26

3.2.3 Discussion

27

4. CONCLUSIONS

32

4.1 CHEMICAL-LOOPING COMBUSTION (CLC)

32

4.2 LIME CARBONATION-CALCINATION CYCLES (LCCC)

33

5. RECOMMENDATIONS

34

5.1 CHEMICAL-LOOPING COMBUSTION (CLC)

34

5.2 LIME CARBONATION-CALCINATION CYCLES (LCCC)

34

ANNEX A. TECHNICAL ANNEXES

35

A.1 TASK 1. DEVELOPMENT OF OXYGEN CARRIER PARTICLES

35

A.1.1. Work performed at CSIC

35

A.1.2. Work performed at Chalmers

44

A.1.3 Selected particles for further testing

56

A.2 TASK 2. COMPREHENSIVE TESTING OF OXYGEN CARRIER PARTICLES

57

A.2.1. Work perfomed at CSIC

57

A.2.2. Work performed at Chalmers

71

A.3 TASK 3. FLUIDISATION CONDITIONS.

78

A.3.1 Work performed at VUT

78

Effect of gas density on CFB fluid dynamics

92

A.4 TASK 4. CONSTRUCTION AND OPERATION OF A LABORATORY CHEMICAL-LOOPING COMBUSTOR.
A.4.1 Work performed at Chalmers

95
95

A.5 TASK 5. CHARACTERISATION OF SORBENT (CAO) PERFORMANCE IN THE LCCC

5

108

ECSC-7220-PR125

Capture of CO2 in Coal Combustion

A.5.1 Work carried out at CSIC

110

A.5.2 Work performed at VTT

120

A.6 TASK 6. PILOT PLANT EVALUATION OF THE CO2 SEPARATION CONCEPT.

146

A.6.1 Work performed at VTT

146

A.6.2. Work performed at Cranfield. In duct testing.

155

A.7 TASK 7. PILOT TESTING AND DESIGN SPECIFICATION OF THE CALCINER.

170

A.7.1 Work performed at CSIC

170

A.7.2 Work performed at Cranfield. Calcination in flame.

175

A.8 TASK 8. THE DEVELOPMENT OF BASIC REACTOR SIMULATION TOOLS.

183

A.8.1 Work performed at CSIC. Fluidized bed carbonator model.

183

A.8.2. Work performed at Cranfield. In-duct sorbent injection modelling.

188

A.9 TASK 9. INTEGRATION OF COMPONENTS (CSIC AND CRANFIELD)

195

A.10 TASK 10. ECONOMICAL ASSESSMENT.

204

ANNEX B. PUBLICATIONS AND REPORTS MADE WITHIN PROJECT

208

B.1. CHEMICAL-LOOPING COMBUSTION

208

B.2. LIME CARBONATION CALCINATION CYCLES (LCCC)

210

ANNEX C. NOTATION

212

ANNEX D. REFERENCES

217

6

ECSC-7220-PR125

Capture of CO2 in Coal Combustion
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Final Report

1. INTRODUCTION
Carbon dioxide is a greenhouse gas, and about 75% of the anthropogenic release of carbon
dioxide comes from combustion of fossil fuels. (IPCC, 2001) It is generally accepted that
greenhouse gases contribute to the increased global temperature. In order to stabilize the
atmospheric concentration of CO2, substantial measures are necessary quickly. One
possibility to decrease the CO2 emissions is to capture and dispose of the carbon dioxide from
the combustion of fossil fuels. As coal is the most abundant fossil fuel resource, it is
important to find combustion techniques where CO2 can be captured from coal combustion.
The problem with many of the more conventional techniques for carbon dioxide capture is the
high energy demand necessary for the capture and sequestration. Thus, the aim of the project
is to develop processes for carbon dioxide capture from coal-fired power plants with small
energy penalties. Two novel processes are studied: chemical-looping combustion (CLC) and
the lime carbonation/calcination cycle (LCCC).
Chemical-looping combustion (CLC) is a combustion technology where an oxygen carrier is
used to transfer oxygen from the combustion air to the fuel, thus avoiding direct contact
between air and fuel. The fuel is syngas from coal gasification, although both natural gas or
refinery gas could be used. The overall reactions in the fuel and air reactor are:
Fuel reactor: CH4(CO,H2)+MeO→CO2+H2O(CO2,H2O)+Me

(1.1)

Air reactor:

(1.2)

Me+½O2→MeO

Here MeO is a metal oxide and Me the metal or reduced metal oxide. The total amount of
heat evolved from reaction (1.1) plus (1.2) is the same as for normal combustion where the
oxygen is in direct contact with the fuel. However, the advantage with this system compared
to normal combustion is that the CO2 and H2O are inherently separated from the rest of the
flue gases, and no major energy is expended for this separation. The project has involved
three research teams from Sweden, Spain and Austria, with focus on i) the development of
oxygen carrier particles, ii) establishing a reactor design and feasible operating conditions and
iii) construction and operation of a continuously working hot prototype reactor.
The LCCC process is based on separation of CO2 from combustion gases with the use of lime
as an effective high temperature CO2 sorbent to form CaCO3. The reverse calcination reaction
can produce a gas stream rich in CO2 and supply sorbent (CaO) for subsequent cycles of
carbonation:
CaO (s) + CO2 (g) →CaCO3 (s)

(1.3)
7
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The separation of CO2 at the high temperatures at which carbonation takes places is
intrinsically associated with lower energy penalties in the separation step, because the heat
required to regenerate the sorbent (at temperatures close to 900ºC) is recovered at around 650º
C (at atmospheric pressure) during the carbonation reaction.
The background for the basic separation process goes back to 1867 and was proven in the
Acceptor Gasification Process (Curran et al, 1967) in successful pilot tests involving
interconnected fluidized beds at high pressure and temperature. However, the application to
combustion systems with a need to obtain a purified stream of CO2 for geological storage, is
new. In this project a number of processes that would be suitable for integration of the lime
carbonation calcination cycle (LCCC) in a coal combustion system with CO2 capture were
investigated. The results from the work to characterise sorbent performance in the captureregeneration loop, to test individual reactor components in small pilots, simulate overall
systems and identify possible economic barriers, are presented in this Report.

8
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2. SUMMARY
2.1 Chemical-looping combustion (CLC)
One part of the project has focused on developing chemical-looping combustion (CLC) for
synthesis gas from coal gasification. The CLC part of the project involves work in several
interconnected areas: i) the development of oxygen carrier particles, ii) establishing a reactor
design and feasible operating conditions and iii) construction and operation of a continuously
working hot prototype reactor. Below a more detailed summary of the results can be found.
Oxygen carriers: The objective of this part of the project was to develop an oxygen carrier
which can be used in a CLC system of interconnected fluidized beds. The oxygen carriers
should have a high reduction and oxidation rate under both reducing and oxidizing conditions,
be resistant to attrition and agglomeration and have a high durability, maintaining the
chemical, structural and mechanical properties in a high number of reduction-oxidation
cycles. The oxygen carriers investigated are composed of an active metal oxide to transport
the oxygen, and an inert to enhance the reactivity, and in certain cases provide added
mechanical strength. A large number of oxygen carriers (∼300 samples) based on the
transition metals Fe, Ni, Cu and Mn have been prepared and tested under alternating oxidizing
and reducing conditions using both TGA and fluidized bed reactors. The particles have been
manufactured using three types of production methods, using a large number of inert
materials, for example Al2O3, TiO2 and ZrO2. Many of the particles could be discounted in
the initial testing phase of the project due to low reactivity, deactivation, de-fluidization or
insufficient mechanical strength. However, several particles were found to have a
combination of good properties which made them feasible as oxygen carriers. Detailed
reactivity investigations in TGA and fluidized bed of the most promising particles based on
Ni, Cu, Fe and Mn found high initial reactivity with both H2 and CO for all carriers. The
solid inventory needed in the CLC system was found to be very low for three of the selected
carriers based on Ni, Fe and Cu, i.e. between 25-88 kg/MW of syngas. A comparison of the
reactivity of particles in syngas with natural gas showed that Fe2O3 and Mn3O4 have
considerably better reactivity with syngas, whereas NiO had a high initial reactivity with both
syngas and natural gas. Because materials based on manganese and iron are much cheaper
and less toxic in comparison to nickel, Fe2O3 and Mn3O4 may be more suitable for a CLC
process using gasified coal in comparison to NiO, which has received most of the attention in
other studies where natural gas is the fuel.
Reactor design and fluidization conditions: In a CLC system of interconnected fluidized
beds it is important that i) the recirculation rate of particles is high enough to transport the
oxygen from the air to the fuel, ii) the solid inventory sufficient to react with the fuel and iii)
the gas leakage between the reactors minimized. Thus, the determination of the effects of
reactor design, solid properties and fluidization conditions on the fluid dynamics of CLC
reactor designs was established. Three reactor concepts, differing in scale and operating
conditions, were designed and tested experimentally by means of scale models operated at
ambient temperatures. The purpose of the first unit was to develop a small, simple CLC
laboratory reactor to be used for i) the study of the process, and ii) testing of different oxygen
carriers. Experiments with different flow model designs showed that it is possible to achieve
sufficient circulation of particles for the oxygen transfer in a model operated between 100300 W. Also the gas leakage was low enough for a laboratory reactor. A final design,
9
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optimized in terms of solids flow and gas mixing, was constructed and put into operation, see
below.
Two additional models were constructed: a CLC pre-demonstration unit and a pressurized
CLC demonstration plant.
The hot prototype reactor: From the results of the fluidization investigations carried out in
the first cold model, a hot laboratory size continuously operated chemical-looping combustor
was designed, built and operated. This system was designed for an input power between 100
and 300 W, using syngas as the fuel. The relatively low inventory of oxygen carrier needed in
this unit made it suitable for testing of different types of oxygen-carrier. Three particles based
on Ni, Fe and Mn, selected from the screening phase of the project were tested in the unit. All
oxygen carriers achieved a high conversion of the fuel with small amounts of unburnt from
the fuel reactor. For many of the tests with NiO, equilibrium is reached and combustion
efficiency was 0.994 at 850 °C. For Mn3O4, the CO and H2 concentrations were below the
detection level of the gas analyzer. The Fe-based oxygen carrier also showed high conversion
of the fuel with a combustion efficiency of 0.988 at 850 °C. The investigated particles have
been fluidized with recirculation in hot conditions for approximately 150 h for the Ni
particles, 130 h for the Mn and 60 h for the Fe based particles without any signs of
deactivation and very little attrition.

2.2 Lime carbonation-calcination cycle (LCCC)
The second part of the project concerns the investigation of high temperature separation of
CO2 using a carbonation-calcination cycle. Several options were considered in the project
proposal that have been further refined and expanded in the course of this project. The options
have been developed in different extent in the specific tasks (sorbent performance studies,
pilot plant studies of individual units, simulation and integration work, and economic studies).
One option has considered CO2 capture in existing boilers using entrained mode contact of
sorbent with the flue gas. The aim would be to inject a flow of CaO fine powder into a
suitable point of the power plant gas path. Gas-solid contact in these conditions is limited to a
few (2-10) seconds and maximum carbonation rates are required. Experimental work on the
carbonation design was carried out at Cranfield in two different rigs (coiled entrained tube
reactor and cooling chamber of an existing coal PF burner). Experimental results were in line
with what was anticipated, with CO2 capture efficiencies in the order of 30-40% when using
contact times as low as 2-4 seconds and fresh calcines. Data from VTT CFB test rig operated
with no sorbent circulation offered similar qualitative information. Fast calcination test
confirmed that the concept is technically feasible if these short of low CO2 capture
efficiencies were acceptable and realised at very low cost.
The main options investigated in the project involved fluidised bed systems at atmospheric
and high pressure, where CO2 capture efficiencies can be over 90%. Experimental pilot data
in a fluidized bed carbonator has been generated mainly by the collaboration of CSIC with the
CANMET Energy Technology Center in Canada, showing that a dense fluidised bed of CaO
is an effective sink of the CO2 contained in a typical coal combustion flue gas. Results in this
pilot could be interpreted with a fluid-bed reactor model, using sorbent performance data
obtained at laboratory scale (the sorbent capture capacity, and its decay along cycling, is the
critical parameter to understand the behaviour fluidised beds using CaO). Extensive
experimental work has been conducted in lab scale equipment to investigate the (rapid) decay
10
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in sorbent capacity along cycling and modelling work has aided the interpretation and
extrapolation of results.
Simulation work on the different fluidised bed options to integrate carbonation-combustion
and calciner reactors in a single system have identified several high efficiency systems (with
negligible efficiency penalties beyond the penalties for compression of CO2 and calcination of
the make up flow of limestone). Some of these options involve the calcination of the sorbent
by transferring heat from the combustor chamber to the calciner. Cold model investigations at
CSIC have obtained fundamental design data for fluidised bed calciners. High temperature
calcinations tests at Cranfield have shown viability for entrained bed calciners. A bubbling
fluidised bed systems involving high pressure and high temperature carbonation-combustioncalcination system has also been simulated using basic data on sorbent performance from
laboratory tests.
An economic analysis was carried out to assess the implications of the large make up flows of
sorbent in this system, as this is always considered a weak point of any LCCC process. This
exercise showed that despite the very large mass flows of sorbent make up required (in the
same order as the coal) the cost is comparable to the make up cost of other existing and
emerging CO2 capture system (because the low price of crushed limestone compared to any
other synthetic sorbent or precursor).
In general, this project has been instrumental to reduce the gap of knowledge on a wide range
of fundamental aspects of the system. All the project results have been widely disseminated in
CO2NET workshops and meetings, international conferences, two patents, and scientific and
technical international journals (11 papers in ISI referred journals). Plausible design data and
design tools are now available, and some options have been defined as ready for
demonstration in a pilot of sufficient scale to proof the concepts. Some of these systems are
already the subject of other projects at national, European and international level.

11
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3. RESEARCH DESCRIPTION
3.1 Chemical-looping combustion (CLC)
3.1.1 Introduction

Increasing amounts of CO2 released to the atmosphere can promote the natural greenhouse
effect, and as a result affect the global climate. Although the effects of increased levels of
greenhouse gases are difficult to quantify, it is generally accepted that a reduction in
emissions of gases that contribute to global warming is necessary. The increase of efficiency
of energy conversion as well as increasing the use of renewable sources (biofuel, wind power,
etc.) will not be enough to cover the increasing energy demand, and fossil fuels will be the
dominant energy source worldwide in the short and medium term (Takematsu, 1991). Of the
fossil fuels, there are considerably larger resources of coal available in comparison to natural
gas and oil. Furthermore, coal releases larger amounts of CO2 per energy unit than the other
fossil fuels. A strategy to decrease emissions of greenhouse gases and still use fossil fuels in
combustion processes is CO2 capture and sequestration. Several different techniques exist
today that can be used to obtain CO2 in a pure stream from a combustion unit. The three most
mentioned are posttreatment, O2/CO2 firing (oxyfuel) and CO-shift. Chemical-looping
combustion is another technique for combustion which could be used for CO2 separation with
potentially much lower energy penalties than the above mentioned techniques. This is due to
the inherent separation of CO2 from the rest of the flue gases.
3.1.2 Chemical-looping combustion

Chemical-looping combustion (CLC) is a two-step gas combustion process that produces a pure
CO2 stream, ready for compression and sequestration. The process is composed of two reactors,
a fuel and an air reactor, see Figure 3.1. In the fuel reactor the fuel in gaseous form reacts
with the metal oxide according to reaction 3.1. The reduced metal oxide, MyOx-1 is transferred
to the air reactor where is is oxidized back to MyOx with air, reaction (3.2). The metal oxide is
then returned to the fuel reactor and begins a new cycle of reactions. The flue gas leaving the
air reactor will contain N2 and any unreacted O2. The exit gases from the fuel reactor contain
CO2 and H2O, which are kept separate from the rest of the flue gas. After condensation of the
water almost pure CO2 is obtained, without any energy lost for separation. The total amount of
heat evolved from reactions in the two reactors is the same as for normal combustion, where the
oxygen is in direct contact with fuel, reaction (3.3).
Fuel reactor: (2n+m)MyOx + CnH2m → (2n+m)MyOx-1 + mH2O + nCO2

(3.1)

Air reactor: (2n+m)MyOx-1 + (n+½m)O2 → (2n+m)MyOx

(3.2)

____________________________________________________________________
Net reaction: CnH2m + (n+½m)O2 → mH2O + nCO2

12
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Figure 3.1.1 Chemical-looping combustion
In the current project the fuel in reaction (3.1) is syngas produced from coal gasification. Coal
gasification is a well established technology for the production of synthesis gas. It is likely that
the reactors shown in Figure 3.1 will be designed using interconnected fluidized beds, although
alternative designs are possible. (Lyngfelt et al., 2001)
3.1.2.1 Oxygen carriers

One crucial issue for a CLC system of interconnected fluidized beds is finding suitable
oxygen carrier particles. It is important that an oxygen carrier has a combination of good
thermal properties, high rates of reaction under alternating reducing and oxidizing conditions
and high mechanical and chemical stability for thousands of cycles in a fluidized bed system.
It is of key importance that oxygen carriers are found that fulfill these criteria. In the end, the
production cost in combination with the lifetime of the oxygen carriers will be an important
factor when comparing costs of chemical-looping combustion to that of other separation
techniques.
Prior to this project, most of the investigations of oxygen carriers have been carried out using
CH4 or H2 as the fuel with focus on oxides of the metals Fe, Ni and Co. (e.g. Ishida and Jin,
1994; Jin et al., 1998; Mattisson et al. 2000). Only Copeland et al. had investigated some iron
and nickel based oxides using syngas. (Copeland et al., 2001, 2002) Since inception of the
project there have been a considerable amount of papers published on the performance of
oxygen carriers, see Cho, 2004 and Johansson, 2005a for a review of these investigations.
3.1.2.2 Reactor design

For chemical-looping combustion two inter-connected reactors are needed. Various systems
of interconnected fluidized beds are in actual use for various applications or have been
proposed in the literature. (Johansson, 2005b) When this project started the CLC process had
never been demonstrated in actual practice, it was entirely a paper concept. However, during
this project, two CLC combustors have been constructed and operated in addition to the one
presented here. A 10 kW chemical-looping combustor was built and tested at Chalmers
University of Technology, (Lyngfelt et al. 2004; Lyngfelt and Thunman 2005). The design
was similar to that of a circulating fluidized bed boiler, with the important difference that the
13
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fluidized bed heat exchanger in the CFB is exchanged for a fuel reactor and that an additional
particle seal is added. Further, a 50 kW CLC unit was demonstrated at Korea Institute of
Energy Research (Ryu et al. 2004). In the 10 kW combustor at Chalmers, an oxygen-carrier
based on nickel oxide was operated for 100 h with natural gas as fuel. A fuel conversion
efficiency of 99.5% was achieved, and no carbon dioxide escaped to the air reactor. Only
small losses of fines were observed. The 50 kW combustor was operated with methane as
fuel, and two types of oxygen-carriers. A nickel oxide oxygen-carrier was tested during 3.5 h
and a cobalt oxide was tested during 25 h. For the nickel oxide oxygen-carrier, the
concentration based on dry flue gases of CO2 leaving the fuel reactor was 98% and for cobalt
oxide 97%. No combustion of syngas in CLC prototypes has been reported in the literature.
3.1.3 Methodology
3.1.3.1 Development of oxygen carrier particles

In the CLC system an oxygen carrier is used to transport the oxygen and the heat from the
oxidation reactor to the fuel reactor. The objective of this task was to develop an oxygen
carrier with enough reduction and oxidation rates, resistant to the attrition and with high
durability, maintaining the chemical, structural and mechanical properties in a high number of
reduction-oxidation cycles.
Thermal aspects of oxygen carriers
It is paramount to the success of the process that the oxygen carrier can fully convert the fuel
gas, i.e. CO and H2 to CO2 and H2O respectively. Table 3.1.1 shows the equilibrium degree
of gas yield, γ, for CO, H2 and CH4 for 800 and 1000°C. A gas yield lower than 1 would
mean that some combustible gases would remain in the outlet from the fuel reactor. Also
included is the table is the yield with respect to the heating value of the incoming fuel.
Clearly, there are systems based on Fe, Cu and Mn which have complete conversion, although
Fe and Mn both have some metal oxides which have low conversions of the gas. NiO has a
rather high gas yield at both temperatures, although some H2 and CO would always remain at
the outlet.
Table 3.1.1 Gas yield of different fuels for different oxygen carriers. Taken from Jerndal et
al., 2005.
γheat

NiO/Ni
CuO/Cu
Cu2O/Cu
Fe2O3/Fe3O4
Fe3O4/Fe0.945O
Mn2O3/Mn3O4
Mn3O4/MnO
MnO/Mn
Co3O4/CoO
CoO/Co

γCH4

γCO

γH2

800°C

1000°C

800°C

1000°C

800°C

1000°C

800°C

1000°C

0.9949
1.0000
1.0000
1.0000
0.5529
1.0000
1.0000
0.0020
1.0000
0.9695

0.9917
1.0000
0.9999
1.0000
0.7579
1.0000
0.9999
0.0206
1.0000
0.9496

0.9949
1.0000
1.0000
1.0000
0.5406
1.0000
1.0000
0.0000
1.0000
0.9691

0.9883
1.0000
0.9999
1.0000
0.6820
1.0000
0.9999
0.0000
1.0000
0.9299

0.9949
1.0000
1.0000
1.0000
0.5408
1.0000
1.0000
0.0000
1.0000
0.9691

0.9883
1.0000
0.9999
1.0000
0.6820
1.0000
0.9999
0.0000
1.0000
0.9299

0.9946
1.0000
1.0000
1.0000
0.5264
1.0000
1.0000
0.0000
1.0000
0.9674

0.9931
1.0000
0.9999
1.0000
0.7841
1.0000
0.9999
0.0000
1.0000
0.9574
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Oxygen carrier preparation
As shown above, the metals Cu, Ni, Fe and Mn have oxide systems which could be used for
oxygen transport. Usually the active oxygen carrier needs to be combined with an inert to
supply a convenient mechanical strength to the samples and to improve the reactivity of the
materials. For the preliminary selection of the suitable materials to be used in a CLC process,
CSIC and Chalmers prepared approximately 300 different types of oxygen carriers using three
different types of preparation method: extrudation, impregnation and freeze granulation.
At CSIC particles were prepared by mechanical mixing and extrusion of a large number of
oxygen carriers (∼240 samples), corresponding to all possible combinations of metal oxides
(CuO, Fe2O3, MnO2, and NiO) and inerts (Al2O3, sepiolite, SiO2, TiO2, and ZrO2), in three
different MeO/inert weight ratios (80/20, 60/40, and 40/60), and calcined at four temperatures
from 950 to 1300 ºC. The particles produced are summarized in the annex, see Table A.1.1.1.
Moreover, several Cu-based oxygen carriers were prepared by impregnation to analyze, and
finally avoid, the agglomeration problems detetected in the copper containing materials.
At Chalmers oxygen carriers based on Fe, Ni and Mn were produced by freeze granulation,
and the procedure is described in detail in the Annex. The formulations were based on the
more promising carriers found during screening at CSIC. The particles produced are
summarized in the annex, see Table A.1.2.1.
Reactivity testing of oxygen carriers
In the screening phase of the project tests were carried out in a TGA (CSIC) and a fluidized
bed reactor (Chalmers, CSIC). Both methods are suitable and complementary for obtaining
reactivity data for gas-solid reactions. Whereas the reactivity is obtained under well defined
gaseous concentrations in the TGA, fluidized bed test simulate a CLC system better. With the
latter method it is also possible to measure the gaseous products and see possible side
reactions. In addition to determining the rates of reaction of the oxygen carrier, physical
characterization was also performed with respect to crushing strength, porosity, phase
composition and morphology. Please see the annex for a detailed description of the
experimental procedure and data evaluation.
3.1.3.2 Reactor design and fluidizing conditions

The design of the reactor system is important for a CLC system. At the Institute of Chemical
Engineering at Vienna University of Technology, the effects of reactor design, solid
properties and fluidisation conditions on the fluid dynamics (solids circulation rate, gas
leakage) of CLC reactor designs were investigated. To this end, three reactor concepts,
differing in scale and operating conditions, were designed and tested experimentally by means
of scale models operated at ambient temperatures. One of the units was then optimized and
constructed as a hot prototype CLC reactor at Chalmers.
The relationships of the operating parameters obtained from experimental work were
integrated into mathematical models. Thus, the reactor system characteristics could be made
independent of size and reliable scale-up tools for future chemical-looping combustion plants
are available.
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3.1.3.3 Hot chemical-looping combustor prototype

From the results of the fluidization investigations carried out in the first cold model, a hot
laboratory size continuously operated reactor system was designed, built and operated, see
Figure 3.1.2. This system was designed for an input power between 100 and 300 W, using
syngas as the fuel. The relatively low inventory of oxygen carrier needed in this unit made it
feasible for testing of different types of oxygen-carrier. The actual total solids inventory
depends upon the density of the oxygen carrier, but was approximately 300 g for particles
investigated in this work. Three particles based on Ni, Fe and Mn, selected from the
screening phase of the project were tested as oxygen carriers.

3.1.4 Results
3.1.4.1 Oxygen carrier selection

In the screening phase of the project CSIC and Chalmers tested approximately 300 types of
oxygen carriers in with respect to parameters which are important for CLC, most importantly
reactivity under alternating oxidizing and reducing conditions and mechanical strength. Some
oxygen carriers were found to be unsuitable even before testing, due to low melting points,
formation of irreversible phases and inability to obtain granules from the powders. Below
follows a brief summary of the results with the extrudated particles prepared and tested at
CSIC and the freeze granulated sample prepared and tested at Chalmers.
Particles based on extrusion and impregnation (CSIC)
Table A.1.1.5 shows the selection of the best candidates produced by mechanical mixing and
extrusion (about 77 samples). For the most promising material, tests with 100
reduction/oxidation cycles were carried out in the TGA with the 10 most promising
candidates produced by extrusion and Cu-based materials produced by impregnation. With
respect to the Cu impregnated oxygen carriers, these materials exhibited high reactivity,
excellent chemical stability, small attrition rates, and it is possible to avoid the agglomeration
during fluidized bed operation, which is the main reason adduced in the literature to reject this
type of oxygen carriers. Moreover, the operation temperature is limited to 900 ºC due to the
low melting point of the Cu. The reactivity tests consider the problems arising from the
structural changes produced in the particles because of the successive reduction and oxidation
reactions of the metal oxide present in the carrier. To finally improve the screening it was
necessary to know the behaviour of the carriers during successive reduction/oxidation cycles
in a fluidized bed, which considers both the structural changes because of the chemical
reaction, and the attrition phenomena existing in a fluidized bed, as well as the possible
agglomeration of the solids. This was done in the installation showed in Figure A.1.1.6 of the
annex. The attrition rates were high in the first 5 cycles due to the rounding effects on the
particles and to the fines sticked to the particles during preparation and crushing/sieving.
Later, the attrition rates due to the internal changes produced in the particles by the successive
reduction and oxidation processes, decreased. It must be remarked that the particles prepared
by impregnation exhibited very low attrition rates with values about 0.01%/cycle (< 0.02%/h
in our tests) or even lower for some oxygen carriers. Assuming this value as a measure of the
steady-state attrition of the carrier particles, this leaded to a lifetime of the particles of 10000
cycles (5000 h in CSIC tests).
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Particles based on freeze granulation (Chalmers)
When comparing all oxygen carriers which were produced by freeze granulation it becomes
clear that the nickel oxides are by far the most reactive ones. This can be seen in A.1.2.6
where all investigated particles are displayed in one graph as rate index vs. crushing strength.
The rate index is an average normalized rate of reaction which gives a simple way of
comparing the reactivity of oxygen carriers. The iron oxides are in general the hardest but not
very reactive, whereas the manganese based carriers seem to be somewhere in-between nickel
and iron in strength and reactivity. In general, de-fluidization mainly seems to concern
manganese based oxygen carriers. It was possible to find freeze granulated particles based on
Fe, Ni and Mn which could be suitable as oxygen carriers in a real CLC process. These
showed a combination of high reactivity, good fluidization, high strength and limited or no
particle breakage during reaction.
Selected particles for further testing
A vast number of oxygen carriers were tested at CSIC and Chalmers using three different type
of preparation methods. Particles of all investgated transition state metals Fe, Cu, Ni and Mn
were found which could feasible be used as oxygen carriers. More specifically the following
particles were selected and tested further:
1. 10 wt% CuO on Al2O3 prepared by impregnation (C1A-I)
2. 60% Fe2O3 with Al2O3 prepared by freeze granulation (F6A-FG)
3. 40% NiO with Al2O3 prepared by freeze granulation (N4A-FG)
4. 60% NiO with MgAl2O4 prepared by freexe granulation (N6AM-FG)
5. 40% Mn3O4 with ZrO2 (doped with Mg) (M4MZ-FG)

3.1.4.2 Detailed reactivity of selected oxygen carrier particles

After the selection of the most feasible oxygen carriers, a detailed reactivity of these materials
was carried out to determine their behaviour during the reduction with CO and H2, and
oxidation reactions at different operating conditions. All of the above selected carriers were
tested in the TGA at CSIC, and kinetic parameters necessary for the design of a CLC system
was determined for some of these particles.
Kinetic parameters from TGA experiments
The kinetics of the reduction and oxidation reactions of the three oxygen carriers based on Ni,
Cu and Fe (Particles 1-3 above) were determined by thermogravimetric analysis at
atmospheric pressure in a thermobalance (CI Electronics Ltd.) at temperatures from 723 K to
1223 K. The composition of the gas during metal oxide reduction was varied to cover the
majority of the gas concentrations present in the fluidized-bed fuel reactor of a CLC system
(fuel, 5-70 vol %; H2O, 0-48 vol %; CO2, 0-40 vol %). For the oxidation reaction, oxygen
concentrations from 5 to 21 vol % were used.
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It was found that the three oxygen carriers exhibited high reactivities in the majority of the
conditions and could be used in a CLC plant.
The use of the changing grain size model (CGSM) (see Table A.2.1.2 for equations) together
with the experimental data allowed us to obtain the kinetic parameters corresponding to the
different reactions for the several oxygen carriers (see Table A.2.1.3). The reaction rates were
normally fitted assuming kinetic control, with the only exception of the NiO reduction with
H2, where an additional diffusion resistance was used. The effect of temperature was low in
all cases, with the activation energies values varying from 14 to 33 kJ mol-1 for the reduction,
and from 7 to 15 kJ mol-1 for the oxidation. The reaction order depended on the reaction and
oxygen carrier considered, and values from 0.25 to 1 were found. No effect of the gas
products (H2O or CO2) on the reduction reaction rates was detected.
The reactivity of the two additional samples which showed good behavior at Chalmers was
performed. These corresponds to the samples N6AM-FG, i.e. 60 wt% NiO and MgAl2O4
(sintered at 1300, 1400, and 1500 ºC), and M4MZ-FG, i.e. 60 wt% Mn3O4 and Mg-ZrO2
(sintered at 1100, 1150, and 1200 ºC), and for several particle sizes (0.09-0.125, 0.125-0.18,
0.18-0.25 mm). Figures A.2.1.14 and A.2.1.15 shows the conversion versus time curves
obtained during the reduction and oxidation in the TG. The reduction was carried out with H2
(40 vol%) or CO/CO2 (40/10 vol%), and the oxidation was carried out with air. The reactivity
of the oxygen carrier NiO/MgAl2O4 depended on the sintering temperature and on the gas used
for the reduction. A higher sintering temperature produced a lower reduction and oxidation
reaction rate, decreasing a lot for the highest sintering temperature (1500 ºC). On the other hand,
the reaction rate of the reduction with H2 was higher than the reduction with CO. The particle
size did not affect the reactions.
The reaction rate of the Mn-based oxygen carrier was very high and it was not affected by the
particle size or by the sintering temperature.
Investigation of selected samples in a fluidized bed reactor
Three types of carriers based on Fe, Ni and Mn (selected particles 2,4 and 5 above) where also
tested in the fluidized bed at Chalmers using syngas, and for comparison methane. The
reactivity with syngas was investigated for different temperatures in the range 650-950°C.
All of the particles were highly reactive. Fig. A.2.2.7 shows the gas yield of CO to CO2, γCO,
for the three investigated oxygen carriers. Manganese showed no difference in reactivity as a
function of temperature, for iron small differences were found, but still a high gas yield was
achieved independent of the temperature. For Ni however, there was a clear decrease in
reactivity at lower degrees of conversion, see Figure. A.2.2.7c. Thus one implication of these
results are that when using syngas as fuel it is likely that the cheaper, more environmentally
sound Mn and Fe likely are much better candidates compared to Ni. On the other hand, when
using natural gas, Ni seems to have much higher reactivity.
Effect of total pressure
To analyse the effect of total pressure on the behaviour of the oxygen carriers, some
experimental work was carried out in a pressurised Cahn TG-2151 thermobalance (see Figure
A.2.1.7) at 1073 K and pressures up to 30 atm. Figure A.2.1.9 shows, as an example, the
results obtained during the reduction of the Cu-based oxygen carrier. Both the experiments
carried out with a constant molar fraction (10 vol %) of reducing gas, CO or H2, and the
carried out with a constant partial pressure (Pp=1 atm) showed a decrease of the reaction rate
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with the increasing pressure. This negative effect of pressure has been also observed by other
authors in several gas-solid reactions (Agnihotri et al, 1999; Qiu et al., 2001; Adánez et al.,
2004a; García-Labiano et al., 2004b).
Therefore, the use of CGSM and the kinetic parameters obtained at atmospheric pressure
together were unable to predict the experimental results obtained at higher pressures. The
most probably reason of the pressure effect was the changes suffered by the oxygen carriers in
their internal structure during pressure operation (Chauk et al., 2000). To know the magnitude
of the effect of total pressure on the decrease of the reaction rates, an empirical fit was done
(see Figure A2.1.11). The value of the preexponential factor at pressurized conditions, k0,p,
which best fit the experimental data considering the gas dispersion was obtained for each
oxygen carrier and reaction. In the majority of the cases, a sharp decrease in the value of k0,p
was observed when the pressure changed from 1 to 5 atm, with a smoother decrease for
increasing pressures. For some reactions the decrease was softer, although in any case the
values of k0,p at 30 atm were between 5 and 95 times lower than at atmospheric pressure.
Table A.2.1.3 shows the values of the parameter "d" obtained for the different oxygen carriers
and reacting gas. In this way it was possible to predict the experimental results, showed as
continuous lines in Figure A.2.1.10, within the range of total pressures used and when the
molar fraction or the partial pressure of the reacting gas was maintained constant.
Application of reactivity to design criteria.
The kinetic data obtained at atmospheric pressure were used to calculate some design
parameters of a CLC system, as the recirculation rate and the total solid inventory (GarcíaLabiano et al., 2004b). The recirculation rate of oxygen carrier can be calculated from a mass
balance in the fuel reactor, and it mainly depends on the conversion variation obtained in the
oxygen carrier in the fuel and air reactors. The recirculation flow when ∆Xs=0.3 were ~12
kg/sMW, ~15 kg/sMW, and ~3 kg/sMW for the oxygen carriers C1A-I, F6A-FG, and N4AFG, respectively. See Annex 2.1 for details of these calculations.
The solids inventory for a given oxygen carrier depends on the recirculation rate and on the
solid conversion at the inlet to each reactor, as well as on their metal oxide content and
reactivity. Considering as reference 1 MWf, and that the reactions between the gas fuel and
air with the oxygen carrier take place in a bubbling fluidized beds (fuel reactor) or in the
dense zone at the bottom of the riser (air reactor). Further, perfect mixing of the solids, gas
plug flow in the beds, no resistance to the gas exchange between the bubble and emulsion
phases, and complete conversion of the gas fuel were assumed. The solid inventories using
syngas as fuel varied from 25 kg to 88 kg of oxygen carrier. The lowest solid inventories of
oxygen carrier corresponded to the N4A-FG because the NiO presents a high oxygen
transport capacity and the oxygen carrier has a high NiO content (40 wt%). The F6A-FG
presents higher values due to the lower oxygen transport capacity of the Fe2O3 (to Fe3O4).
The higher inventories corresponds to the C1A-I because, although the CuO can transport a
lot of oxygen, the oxygen carrier present a low active metal oxide content (10 wt%).
However, the values of solids inventories are low and the three oxygen carriers could be used
in a CLC system. It must be remembered however that these values correspond to preliminary
data, where the resistance to the gas exchange between the bubble and emulsion phases,
which can be important in a fluidized bed, has been ignored.
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3.1.4.3 Reactor design and fluidizing conditions

From previous research arose a need to study different oxygen carrier particles in continuous
operation. The purpose of the first CLC reactor design at laboratory scale was therefore to
develop a small CLC laboratory reactor to be used for i) the study of the process, and ii)
testing of different oxygen carriers. The unit is characterised by a simple design and a small
bed inventory. The design chosen for this CLC system is a two-compartment fluidised bed
having a thermal power range of 100 – 300Wth for the original reactor. The reactor (Figure
3.1.2) consists of two adjacent fluidised beds divided by a vertical wall with two orifices. At
one side the air reactor, (AR), has a higher velocity causing particles to be transported
upwards, and some of them fall into the downcomer, (D), that has a bottom opening leading to
the fuel reactor, (FR). The slot in the bottom of the wall between the two reactors allows
particles to move through this slot from the fuel reactor to the air reactor. The solids
separation from the flue gas streams is realised by an increase of the cross section at the top of
the reactors.

Air
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reactor reactor

Figure 3.1.2. Laboratory Figure 3.1.3.
CLC
reactor
(D) demonstrator
downcomer,
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particle separators
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Four different design variations were designed, constructed, and tested with respect to the
solids flow and the gas leakage. A final design, optimized in terms of solids flow and gas
mixing, was constructed and put into hot operation and tested with different oxygen carrier
particles, see below.

PCLC

The second unit models a CLC pre-demonstration unit, following a “close to real system”
approach, it was developed and downscaled by applying common scaling criteria for fluidized
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bed reactors. Aspects of interest of this work were effects of design particularities and
operating parameters in view of reaction engineering aspects that are critical for chemicallooping combustion performance at large scale. The design includes features specific for a
large scale CFB unit and required for optimum performance of the CLC process like air
staging for better control of the solids circulation rate and advanced loop seal designs for
prevention of gas mixing between the two reactors (Figure 3.1.3).
In an extensive experimental programme it could be seen that solids circulation is sufficient
and can be controlled efficently and the gas leakage is very low.
A mathematical model of the riser and each CFB component was set up. Analysis showed that
the model is suitable for prediction of operational behaviour of the unit. The operational
stability of the system also in off- design operation could be demonstrated. The mathematical
model of the fluid dynamics is an excellent scale-up tool for assistance of design of a future
demonstration plant.
The third CLC reactor design forms the basis for future employment of CLC for coal
combustion power plants featuring combined cycle power processes. This shall allow a
significant increase of the energy efficiency but numerous aspects need to be studied before
this can be realised. The present study focused on the fluid dynamics and the basic design of a
pressurized CLC demonstration plant.
To this end, a flow model, based on a pressurized CLC of interconnected fluidized beds was
designed and tested. The unit represents a 60kWth bench scale reactor and experimental tests
correspond to three different pressure levels, i.e. 1bar, 4.1bar, and 10 bar. In addition the

Figure 3.1.5. The CLC prototype reactor.

experimental work allowed a mathematical description of the effects of pressurised conditions
on the fluid dynamics of CFB CLC systems. It was shown that the proposed design (Figure
3.1.4) is suitable for PCLC, which can be realised in a future CLC development project.
3.1.4.4 Hot prototype CLC reactor

From the results of the fluidization investigations carried out in the first cold model, i.e.
Figure 3.1.2, a hot laboratory size continuously operated reactor system was designed, built
and operated, see Figure 3.1.5. This system was designed for an input power between 100
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and 300 W, using syngas as the fuel. The relatively low inventory of oxygen carrier needed in
this unit made it feasible for testing of different types of oxygen-carrier. From the extensive
work devoted to screening for oxygen carriers at CSIC and Chalmers, three particles based on
Ni, Fe and Mn, were selected and tested in the the unit: i) 60% Fe2O3 with Al2O3 (F6A-FG),
ii) 60% NiO with MgAl2O4 (N6AM-FG) and 40% Mn3O4 with ZrO2 (doped with Mg)
(M4MZ-FG). All oxygen carriers had a high conversion of the fuel with small amounts of
unburnt from the fuel reactor. This can be seen in Figure 3.1.6 where the outlet gas fractions
are shown as a function of the velocity in the air and fuel reactor. Clearly there is almost only
carbon dioxide from the outlet of the reactor for all of the oxygen carriers. For many of the
tests with NiO, equilibrium is reached and combustion efficiency was 0.994 at 850 °C. For
Mn3O4, the CO and H2 concentrations were below the detection level of the gas analyzer. The
Fe-based oxygen carrier also showed high conversion of the fuel with a combustion efficiency
.
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Figure 3.1.6. The fraction of CH4, CO, H2 and CO2 in the combustion products of syngas as a
function of a) the flow in the fuel reactor, b) the flow in the air reactor. Symbols:
CO;
H2;
CO2;
CO at equilibrium;
H2 at equilibrium.
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of 0.988 at 850 °C. The investigated particles have been fluidized with recirculation in hot
conditions for approximately 150 h for the Ni particles, 130 h for the Mn and 60 h for the Fe
based particles without any signs of deactivation and very little attrition.
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3.2 Lime Carbonation Calcination Cycles (LCCC)
The following pages include the description of the research conducted in the part of the
project concerned with the Lime Carbonation Calcination Cycles (LCCC). As with the CLC
part, the discussion is closely link to the Technical Annexes A, that provides a more detail
presentation of the work of each partner in the different nine Tasks in which the Technical
Annex of the project was divided. Here, a more integrated description of the work is carried
out, with continuous references to the Annexes. First and introduction provides an overview
of what was the state of the art and the key issues to be solved when the project started.
Second, the experimental facilities used in the project, the experimental methodology and
significance in the context of the different tasks is presented. Finally, the main results from
this project are summarised (details in the Annex A). We have organised this part of the
Report as an overview paper of the systems investigated, and not as a task by task description
of the work (that is followed in previous Progress Reports and in Annex A). The Annexes are
therefore an essential part of this part of the Final Report, but we provide in the following
pages a sufficiently detail description of the key issues and results.
3.2.1 Introduction

The separation of a CO2 pure stream, combined with a well managed geological storage site is
already gaining momentum as a major mitigation option for climate change using existing
technologies. It is generally accepted that the cost associated with the separation of CO2 from
flue gases introduces the largest economic penalty in carbon capture and storage. If the target
in the capture system is the separation of CO2 from a flue gas (post combustion), the main
commercially available technology to separate CO2 is based on amine-based absorption
systems. This technology, however, introduces severe efficiency penalties (because the large
energy demand for regeneration, that cannot be effectively recovered) and added costs. This
justifies the investigation of emerging approaches that seek to be more energy efficient and
cost-effective than low-temperature absorption-based systems.
Of the different approaches to separate gases from a gas stream several are based on the use of
regenerable solid sorbents. The basic separation principle is depicted in Figure 3.2.1.

Clean gas

Heat

Figure 3.2.1. Scheme of a sorption-desorption CO2 capture system.
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The separation in these systems is achieved by putting in intimate contact the gas containing
the CO2 with a solid sorbent that is capable of capturing the CO2. The sorbent with the
captured CO2 is transported to a different vessel, where it releases the CO2 (regeneration).
The sorbent resulting after the regeneration step is sent back to capture more CO2 in a cyclic
process. One common characteristic for all these CO2 capture systems is that the flow of
sorbent between the vessels of Figure 3.2.1 is of very large scale, because it has to match the
huge flow of CO2 being processed in a large power plant. When the sorbent is a solid,
fluidised beds are therefore ideal contacting devices for these systems, that require large
circulation rates of solids. Another common characteristic of these systems is that the energy
required for sorbent regeneration can be high (depending on the nature of the bond sorbentCO2) and may translate into an important efficiency penalty (specially if regeneration is
conducted at moderate temperatures, at which energy cannot be efficiently recovered) .
Finally, good sorbent performance under high CO2 loading in repetitive cycles is obviously a
necessary condition in these CO2 capture systems. A makeup flow of fresh sorbent is always
required to compensate for the natural decay of activity and/or sorbent losses. In systems
using expensive sorbent materials there is always a danger of escalating cost related to the
purchase of the sorbent and the disposal of sorbent residues.
There have been many works, tracing back to the XIX century (see references at Annex A,
Task 5), exploring the use of CaO as regenerable sorbent in Figure 3.2.1. But all these works
were concerned with gasification atmospheres (aiming at improving the heat content of the
gasification gas ) and released a flue gas on regeneration diluted again in CO2 (therefore, not
suitable for permanent storage) . For combustion based systems, and for CO2 capture
purposes, this project has been a key piece of pioneering work to put the lime carbonation
calcination cycles in the portfolio of emerging concepts for CO2 capture. There are now
several groups in the world, inside and outside Europe, including some major companies,
pursuing a range of concepts for CO2 capture in pre and postcombustion systems using the
CaO/CaCO3 system. Some of the options being considered have been developed in this
project for the first time (those avoiding the use of oxyfiring to provide heat for regeneration,
those where a reduction in the calcination temperature is achieved using steam and/or low
pressure in the calciner and those aiming at in-duct sorbent injection).
Our approach in this project was to focus on combustion systems only. We structured the
project in several tasks to fill what was regarded as key gaps in knowledge when the project
was written in year 2000:
Task 5: Sorbent behaviour in multicycle operation, at the characteristic conditions expected in
the different system units (combustor, carbonator and calciner/regenerator).
Task 6: Pilot plant evaluation of the CO2 separation concept, investigating individual units
(circulating fluidised bed vs entrained bed carbonator).
Task 7. Pilot testing and design specifications of the calciner. This includes the investigation
of entrained bed calcination (in flame) and the fundamental aspects of new fluidised bed
calciner designs (indirect heat transfer)
Task 8. Development of basic reactor simulation tools for the main units (in particular for the
CO2 absorber).
Task 9. Integration of components and estimation of overall power generation efficiencies in
the different options.
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Task 10 Economical assessment of the proposed CO2 separation technologies, comparing
their critical new features with existing and emerging alternatives for CO2 capture.
The gaps in knowledge to carry out with confidence the last three tasks, were filled with an
experimental programme, that made use of a range of facilities in the different institutions
involved in the LCCC part of the project (CSIC, Cranfield, VTT and later CANMET of
Canada, thanks to a close and ongoing scientific collaboration with CSIC on this subject).
These experimental facilities and procedures are reviewed first in the next section.
3.2.2 Experimental systems and procedures
3.2.2.1 Multicycle test termobalance and fixed bed apparatus

Two laboratory test rigs for sorbent multicycle testing where built to adapt well known
techniques (thermogravimietric analysis and small fixed bed reactor) to the special
characteristics of the tests to be conducted in the project: rapid change in temperature around
the sample(moving two ovens around the sample with a pneumatic system), long duration
experiments (up to 500 cycles with 40 minute duration each cycle), changing atmospheres
(CO2, SO2 and steam in air). As detailed in Annex A-Task5, the fixed bed apparatus was also
used to allow detail textural studies (by SEM and Hg porsosimetry) of the evolution of
selected samples along cycling. The data obtained in these rigs was shown to be consistent
with sorbent performance results measured in large pilot test carried out for the Acceptor
Gasification Processs (see A-Task 5) and also with pilot results described in A-Task 7.
Therefore, the main information used in subsequent tasks to anticipate the performance of the
sorbent (capture capacity along cycling and reactivity) in the full system was obtained from
these two pieces of equipment.
3.2.2.2 In duct test rig

A laboratory scale entrained flow reactor was designed and constructed in order to study the
carbonation process in the entrained mode. The reaction zone consists of a coiled tube of 6 m
which gives reasonable flexibility in terms of gas/solid contact time. This tube is immersed in
a fluidized bed in order to control the temperature. Lime is injected with particle sizes less
than 100 µm. Different mixtures of air and CO2 can be used in this reactor to modify particle
residence time and CO2 partial pressure. The reacted gas/solid stream is cooled down to stop
the carbonation reaction using a coiled pipe immersed in a water bath. This system is
equipped with two sampling ports to measure CO2 concentrations, and with two filters to take
particle samples. This device was used in this project to study the effect of the temperature,
particle residence time and the CaO/CO2 ratio in the entrained carbonation process.
3.2.2.3 Pilot carbonator

An existing pilot scale combustion facility located at the Cranfield University was modified to
allow the in-duct injection of sorbent particles. This device is composed of two combustion
units, a bubbling fluidized bed combustor and a pulverized coal combustor. This plant has a
total combined output of 150 kW (see Annex-Task 6). During the test developed for this
project anthracite was burned in the fluidized bed and the pulverized combustor unit was used
a carbonator. The aim of this test was to study the viability of CO2 capture using lime in a real
combustion environment.
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3.2.2.4 VTT’s Circulating Fluidised Bed (CFB) as a pilot carbonator

VTT has a CFB reactor that consists of an air/water-cooled ceramic chamber enclosing a
fluidised bed (See A-Task 6.1). The reactor is used to study combustion behaviour of different
fuels, deposit formation, formation of pollutants and ash behaviour under CFB conditions.
Desired temperature in the reactor can be maintained with electrical heaters, cooling system and
by staging air feed. The amount of primary- and secondary air fed from three levels is
controlled and measured by thermal mass flow meters. Riser height of the reactor is eight
meters, ensuring a sufficient residence time for combustion also at high flue gas velocities.
Sampling ports at different locations enable the determination of combustion profile as a
function of residence time. Samples of solid material can be taken for analysing their quality
and particle size. Particulate matter is separated from flue gases in the primary and secondary
cyclones and in a fabric filter. Main characteristics of the reactor are:
•
•
•
•
•
•

fuel input 50 kW on an energy basis
riser height 8 m, diameter 167 mm
option for fuel feed with two separate feeding lines
fuel additive feed through a separate feeding line
gas and solids sampling at different locations along the riser
fly ash sampling after both cyclones

3.2.2.5 Calcination in flame

An entrained calciner was designed and built at Cranfield University (see Annex-Task 7).
This reactor has a reaction chamber with a length of 0.50 m and a diameter of 0.10 m. Fresh
limestone with different particle sizes can be fed to the reactor. Particles are heated by means
of a CH4/O2 flame. Gases and particles are cooled down using a gas flow of N2 at the end of
the reaction zone. Particles are removed using a cyclone. Lime produce under these
experimental conditions is expected to develop an higher surface area and reactivity. Different
temperatures and CO2 partial pressures can be adjusted in this rig in order to study its effect
on calcination process.
3.2.2.6 Lateral mixing in adjacent fluidized bed calciner-combustor

A test rig was built to obtain fundamental design parameters of fluidised bed systems
arranged to transfer heat from the combustion chamber to the calciner and drive the
calcination reaction of the sorbent (see Figure A.7.1.1 and Annex-Task7). This was a
fluidised bed cold model resembling the geometry of two narrow fluidised beds (the calciner
and the combustor). The bed was contained between a front-facing transparent window and a
metallic back-plate, and was 1.5 m long, 2 m tall. The bed material was limestone particles
coated with a phosphor material that allowed the tracking of the solids in mixing experiments
and the determination of the key transport properties to estimate heat transfer in the
combustor-calciner system (see Annex A-Task 7).
3.2.3 Discussion
3.2.3.1 Sorbent performance in the LCCC system

The discussion of sorbent performance must be linked to the specific requirements for the
sorbent in the different system options investigated in this project. There are two main
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categories of contact devices considered for the carbonator and calciner reactor: fluidised beds
and entrained bed reactors. We focus the discussion that follows in the carbonation reaction
only. From the perspective of the sorbent, these two reactors have quite different requirements
for sorbent performance: in the case of entrained bed reactors (like the carbonator for “induct” sorbent injection) the gas solid contact times are expected to be very short (several
seconds) and solids are highly diluted in a gas stream. In these conditions, highly reactive
solids are required. In the case of dense fluidised beds, the rate of reaction is also important,
but not so critical from a point of sufficiently high rate. The particles of sorbent are usually
allowed to convert to their maximum conversion capacity (residence time of several minutes,
are possible, see Figure A.5.1.12). Unfortunately, this maximum conversion is not 100% in
the carbonation reaction. This decays with the number of cycles and can reach very low
values (< 5%) in highly sintered and or highly cycled samples. This maximum conversion
achievable by the sorbent under normal reaction conditions (flue gas composition and
temperatures) and times (a few minutes) in the fluidized bed carbonators, has been the main
subject of investigation in this project, because it determines all the key design parameters of
the system: solid flows, reactor volumes, CO2 capture efficiencies, make up and purge flows
etc.
We have investigated in detail the evolution of the maximum carbonation of the sorbents
along cycling, in a wide range of experimental conditions (see Table A.5.1.1 in Annex A).
The experimental work has generated a database of several thousand of thermograms, several
hundred fixed bed cycles of carbonation-calcination and associated samples for textural
studies. The emerging picture from all these studies is that there is an striking similarity in the
decay curves along cycling despite the large differences in sorbent characteristics, particle
sizes, reactor characteristics, reaction conditions and calcination and carbonation times in the
original experiments (see Table A.5.1.2). In fresh calcines, the CaO is arranged in small
(~100 nm breadth, variable length) parallel rods, which leave in between a network of quasicylindrical pores. When this material is submitted to recarbonation conditions, the
microgranular structure of the grains is lost in an apparently dense groundmass (see Figure
A.5.1.3). The voids of the calcines become wider as the number of cycles increase. In the
large voids, the limiting factor for further reaction is not the lack of void space but the rapid
increase in the resistance to gas diffusion through the product layer. Figure A.5.1.4
summarizes the mechanism of recarbonation discussed in the previous paragraphs. Other
second order effects and deactivation mechanism (pore size and shape effects, including pore
plugging, particle shrinking and irreversible loss of void space in the calcines) are also present
under some conditions (see Figure A.5.1.6 in the Annex). However, the prevailing mechanism
and semiempirical model to account for it ( see text around A.5.1.1) has been useful to
estimate what is the sorbent performance in the LCCC combustion based systems studied in
this project (see Annex A Task 9).
The effect of SO2 on the deactivation of the sorbent has also been experimentally investigated
(see Figure A.5.1.9) and has shown a strong detrimental effect on sorbent performance,
reducing both the reactivity and the maximum capture capacities of CO2. This has been taken
into account when estimating additional fresh sorbent requirements (see section A9) to
maintain the sorbent activity in the system with respect to CO2 capture.
Finally, experimental and modeling work has also been conducted to elaborate on the
reactivity of sorbent particles in the carbonation reaction, for both the conditions in in-duct
sorbent injection (see section Annex Task 5.2 and Task 7) and for fluidized bed reactor
modeling purposes. In general, standard modeling tools for gas-solid reactions have been
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implemented to interpret the results from laboratory equipment and discuss their extrapolation
to larger rigs (see section A5.2 and A6).
3.2.3.2 Performance of individual reactor units

The type of work conducted to understand the performance of the individual units in the
LCCC system is presented in the following paragraphs, with references to the sections to the
Annex A where the specific activities are described in more detail. Two types of CO2
carbonators have been studied: fluidised bed carbonator and entrained bed (in duct)
carbonator.
Running a fluidised bed of CaO to capture CO2 from a combustion flue gas had never been
attempted before. Early experiments conducted in the circulating fluidized bed described in
section 3.2.2.4 gave conflicting results and very modest capture capacity of CO2 (see Annex
A6.2), due to a lack of sufficient bed material circulating in the system. In contrast,
experimental work conducted jointly with CANMET, in a fluidised bed test facility operated
in bach mode for the solids (ie, with a starting point of freshly calcined bed material) showed
a sharp uptake of the CO2 by the solids. Results show that CO2 capture efficiencies are very
high while there is a sufficient fraction of CaO in the bed reacting in the fast reaction regime
(breakthrough starts with about 5%w unreacted bed material). The total capture capacity of
the bed decays with the number of carbonation-calcination cycles. The experimental CO2
concentration profiles measured inside the bed during the fast reaction period were interpreted
with a well established fluid bed model (see section Annex A8.1), by supplying information
on sorbent deactivation from laboratory tests (from Annex A5). It was concluded that a
fluidized bed of CaO can be a suitable reactor to achieve very effective CO2 capture
efficiencies from a combustion flue gas.
Carbonation experiments were also carried out in two laboratory scale entrained flow reactors
to test the “in duct” concept. The experiments consistently showed reductions in the CO2
content of the gas stream between 20-40 %. The carbonation reaction took place even when
other species (SO2) competed with CO2 to react with lime. The concept is therefore attractive
if these low capture efficiencies were allowed and the cost savings respect to full capture
system were realized. (see Annex A.8.2)
In what respect to fluidized bed calciners, the experimental work and associated modelling, to
derive effective heat conductivity in narrow fluidised bed has been completed (see Figure
A.7.1.1). The results show that this option is technically feasible for relatively small and
medium scale combustor chambers (providing material issues are solved) but becomes
unpractical for large scale combustors, where the limited lateral heat transfer capacity of the
fluidised bed heat exchangers makes the use of elongated geometries (“fluidized fins”) less
efficient. The use of solid heat carriers (see next section) has not been tested experimentally as it
requires the integration of combustor, carbonator and calciner (out of scope of this project).
3.2.3.3 Simulation of main system options

The simulation of the full systems considered in this project to generate electricity by burning
coal is presented in Annex A9 and summarised here. Only options involving fluidized bed
technology are considered.. A summary of the key features of each option is outlined below
(see Annex A9 and Figures A.9.1.3, A.9.1.4, A.9.1.5). The choice of operating conditions and
solid circulation rates comes from the experimental information on sorbent performance
studies (Annex A5) integrated with the models for reactor performance and mass balances in
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the carbonation-regeneration loop with make up of fresh sorbent and purge of solids from the
calciner. The systems studies were:
Case A. Coal-based power plant of any type incorporating a CaO-based CO2 absorber in the
form of a circulating fluidized bed carbonator (Figure A.9.1.3). Regeneration of CaCO3 with
O2/CO2 mixture occurs in a fluidized bed. The generation efficiency is predicted to be
38.8%(LHV). The main sources of efficiency penalty are compression of CO2 and the
necessary power for O2 generation (about 1/3 of the fuel is burned with O2 in the calciner).
Case B and C. Fluidized bed coal-based power plant following the scheme of figure A.7.1.1
and A.9.1.4. These options involve a high temperature circulating fluidized bed combustor (T
= 1050ºC) transferring heat to a fluidized bed calciner (T = 850ºC) operating at a CO2 partial
pressure of 0.4 bar obtained in the calciner by injecting steam or reducing the total pressure in
the calciner. The carbonator operates at 650ºC after cooling the gases coming from the
combustor. These systems offer the highest generation efficiency (higher than 40%LHV, see
A.9.1.2) but involve bed configurations requiring special metallic materials or circulating
systems. It is therefore not clear if these systems will be more feasible (economic) than the
system of Case A, despite their higher efficiency and the lack of air separation unit.
Case D. In situ capture of CO2 with CaO in a low temperature fluidized bed combustor.
According to the CaO/CaCO3 equilibrium, if a fuel could be burned at sufficiently low
temperature (about 700ºC) it would be possible to capture, in situ, the CO2 generated in the
combustion. Highly reactive lignites and biomass are possible fuels. Biomass is a potentially
attractive fuel for this application because the synergies with coal can make it competitive in
large scale (coprocessing). In the cases examined, the combustor-carbonator is assumed to be
of relatively modest scale and close to an existing coal power plant. The flue gas, with a
reduced amount of CO2, and which might also contain CO, tar and unburned C, is fed to the
existing power plant in a manner that these compounds are fully oxidized and the heat is
recovered in the equipment of the existing boiler. An interesting point of this Case is that it
can be used as a retrofitting option to existing plants, to reduce CO2 emissions while
increasing the energy output of the plant.
Case E. In situ capture of CO2 at high pressures and temperatures. This is similar scheme to
Case D above, but applied to high-pressure (10 bar) and high-temperature (850ºC) fluidized
bed combustor and calciner. As in Case D, the key benefit is high level of system integration,
since combustion, CO2 capture and SO2 capture are all achieved in a single pressurized
fluidized bed reactor. The high sulphur content in the fuel makes necessary a large supply of
fresh sorbent to maintain the activity of the CO2 capture loop (see Annex A5), in accordance
with Equation A9.1.4. This has reduced the power generation efficiency respect to other cases
(37.7%LHV), but the energy and carbon credits associated with the large flow of deactivated
sorbent leaving the plant (mainly CaO) should also be considered.
3.2.3.4 Economic considerations. The consequence of modest sorbent performance

As indicated earlier, the prime candidates to apply CO2 capture for final storage as a
mitigation option for climate change are large scale power plants. Like the carbonation
calcination cycle of CaO/CaCO3, many other CO2 capture concepts make use of a sorptiondesorption cycle to separate CO2 from a flue gas. These include commercial absorption
processes, adsorption, and other high-temperature sorbents for CO2. This particle mass
balances in the loop are also valid for the O2 chemical looping concepts. It is a common
practice to represent the performance of different sorbents as a function of the number of
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sorption-desorption cycles and the CaO-CaCO3 system is usually pointed as an example of
poor sorbent performance, as the decay is sharp in the first few cycles (see Annex A and
section 3.2.1 above). However, it is also clear that crushed limestone is perhaps the cheapest
possible material available in many places around the world, and therefore, large quantities of
fresh material can be continuously fed to the systems to maintain a certain activity in the
sorption desorption loop. Since the governing mass balances (in terms of number of cycles
that a particle has stayed in the system before leaving in the purge) are identical for all
sorption-desorption systems, a parameter that highlights the minimum sorbent performance
required to keep sorbent makeup costs at an acceptable level (around 2€/tonne of CO2
separated) has been defined (see Annex 10). In addition, a well-established reference system
for which reliable commercial data exist (absorption with monoethanolamine) was used as a
technoeconomic baseline (see Annex 10). It is then demonstrated that sorbent make up cost
are not going to be a critical cost barrier for lime carbonation calcination cycles, despite their
modest cycle performance, because the low cost of limestone (as low as 5€/tonne) and the
possible use of the deactivated sorbent as a cement feedstock (gaining further credits on CO2
capture and energy efficiency if it substitutes CaCO3).
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4. CONCLUSIONS
4.1 Chemical-looping combustion (CLC)
Chemical-looping combustion for the combustion of syngas has been developed succesfully.
Different oxygen carriers based on Cu, Fe, Mn, and Ni can be prepared and used in a CLC
process using syngas (CO, H2). Suitable systems based on all of the above mentioned
transition state metals were found and five types of particles where selected for detailed study:
i) 10 wt% CuO on Al2O3 prepared by impregnation (C1A-I), ii) 60% Fe2O3 with Al2O3
prepared by freeze granulation (F6A-FG), iii) 40% NiO with Al2O3 prepared by freeze
granulation (N4A-FG), iv) 60% NiO with MgAl2O4 prepared by freexe granulation (N6AMFG) and v) 40% Mn3O4 with ZrO2 (doped with Mg) (M4MZ-FG). All of these showed
extremely high reactivity with syngas, good fluidizing behaviour and limited or no particle
breakage during fluidization. It should be mentioned that with respect to the Cu- based
oxygen carriers, the only method valid for the preparation of Cu-based oxygen carriers is the
impregnation. The detailed kinetic data of particles i, ii, and iii was determined both under
atmospheric and pressurized condtions. From this data the solids inventory was calculated,
which showed that the process could be operated with relatively low solids inventory for all
tested carriers.
Three different CLC scale-model reactor types based on interconnected fluidized beds have
been designed, constructed and operated successfully, whereof one was constructed as a hot
prototype reactor. There was important know-how gained on the fluid dynamic scale-up of
CFB CLC reactors and mathematical models developed which can be used as scale-up tools
for future design of large scale CLC power plants.
From the extensive work devoted to screening for oxygen carriers at CSIC and Chalmers,
three particles based on Fe, Ni and Mn, i.e particles F6A-FG, N6AM-FG and M4MZ-FG,
were selected and tested in the hot prototype 300 W CLC unit. All oxygen carriers had a high
conversion of the fuel with small amounts of unburnt from the fuel reactor. For many of the
tests with NiO, equilibrium is reached and combustion efficiency was 0.994 at 850 °C. For
Mn3O4, the CO and H2 concentrations were below the detection level of the gas analyzer. The
Fe-based oxygen carrier also showed high conversion of the fuel with a combustion efficiency
of 0.988 at 850 °C. The investigated particles have been fluidized with recirculation in hot
conditions for approximately 150 h for the Ni particles, 130 h for the Mn and 60 h for the Fe
based particles without any signs of deactivation and very little attrition.
In summary it can be concluded that the research on chemical-looping combustion has been
highly successful. When the project started the process was a paper concept, never tested in
actual operation, and a limited number of oxygen carriers had been tested in few cycles in
laboratory. In this project a large number of particles have been produced and tested and
many were found to have suitable properties for the process. A small reactor system for
chemical-looping combustion was developed, tested and found to be working well.
Furthermore cold-flow models indicate the realism of the process in full scale. The kinetics
of a limited number of particles has been studied in detail, and modelling shows that the solids
inventories needed will be small. Lastly, three oxygen carriers based on nickel, manganese
and iron oxides has been tested for longer periods in the chemical-looping combustor with
excellent results.
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4.2 Lime carbonation-calcination cycles (LCCC)
The main conclusion obtained from the part of the studies on carbonation calcinations cycles
is that some of the options investigated can be potentially competitive to capture CO2 in coalbased power generation and cement plants.
Sorbent performance from the point of view CO2 capture capacity of the sorbent is not going
to be critical for the operation of the system if further decays in activity (respect to what is
intrinsic in the carbonation calcinations loop) are avoided. Sorbent deactivation by sulphur
must be compensated with a higher flow of fresh sorbent (make up). The sorbent reactivity is
largely insensitive to limestone type (except for dolomites), gas composition and temperatures
during carbonation and calcinations below 950 C. Carbonation reaction rates are sufficiently
high in normal carbonation calcinations conditions to ensure a good utilisation of the sorbent
in fluidized bed carbontators (up to the maximum conversion allowed for a given cycle
number). In entrained bed carbonators, the conversions of the sorbent are much lower, limited
by the gas solid contact time and the intrinsic reactivity of the calcined particles.
The operation of the full integrated system has not been demonstrated in this project, but the
key reactor systems (carbonator and calciner) have shown no major barriers for continuous
operation. In some of the cases, the individual units are commercially proven and/or there
exist similar large-scale commercial processes operating in similar conditions. In the least
developed and most efficient cases studied, the challenge is to demonstrate novel reactor
concepts that offer substantial gains in efficiency and/or avoid the air separation unit for the
calcination. The application of the lime carbonation to existing boilers (in duct) seems
technically feasible if low capture efficiencies are allowed and the system proves to be truly
cost saving respect to a new plant with capture.
All the options studied have the inherent advantage of low efficiency penalties, since the large
flow of heat required for the calcination of the sorbent is recovered at the high temperatures of
the carbonator. No major technical barriers have been identified and confidence has been built
on the operation and understanding of individual units. Therefore, some of the options are
ready to be demonstrated at large pilot level in a continuous plant, delivering a pure stream of
CO2, a flue gas depleted of CO2 and a purge of deactivated sorbent (mainly CaO).
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5. RECOMMENDATIONS
5.1 Chemical-looping combustion (CLC)
The process has high potential for achieving 100% CO2 capture at low cost and with high
efficiency. In view of the encouraging results it is strongly recommended that the
development of this process is continued. The reactor system as such has large similarities to
well-known, commercially available, systems used in circulating fluidized-bed combustion of
solid fuels. The key difference is the role played by the oxygen carrier particles. It is very
important that the research on the development of theses materials is continued, both on the
level of expanding the basis of tested materials, i.e. investigation of new materials and
improving available materials, as well as looking at commercialization and scaling-up of
production methods.

5.2 Lime carbonation-calcination cycles (LCCC)
This project has been a key step to put in the portfolio of emerging systems for CO2 capture,
the separation of the CO2 at high temperatures using CaO as a regenerabble sorbent. Large
gaps in knowledge at fundamental and general level have been closed, but many areas of
work have been open, some of which where not fully appreciated at the project started. Some
clear priorities for future work are underlined in the following paragraphs:
Sorbent performance. Cheap and practical methods for sorbent preactivation and reactivation
need to be investigated. Improving the fundamental understanding of the decay process
(sintering) and the barriers to full conversion (product layer development, textural changes
along reaction etc) may lead to sorbent performance improvements. Attrition resitance
sorbents, and the evolution of the particle mechanical properties along cycling, needs
investigation.
Reactors for carbonation. Fluidised bed carbonator reactors test at higher velocities are
required. Also, further research on the practicalities of a large flow of sorbent injection for
“in duct” CO2 capture in existing plants. Validation, refinement of existing reactor
simulation tools.
Regenerators or calciners. Devices for a a very fast calcinations of sorbent are required to
reduce sintering and maximise sorbent reactivity. Several options need to be investgated in
practice: calcination with O2/CO2 flames, indirect heat transfer by solid heat carriers.
Development of suitable reactor simulation tools.
Demonstration of a continuous full pilot system, interconnecting a carbonator, combustor and
calciner. Generating a flue gas depleted of CO2 and a pure stream of CO2 from the calciner.
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ANNEX A. TECHNICAL ANNEXES
A.1 Task 1. Development of oxygen carrier particles
One of the most important aspects of a CLC system based on interconnected fluidized beds is
the properties of the oxygen carrier, which needs to transport the oxygen and the heat from the
oxidation reactor to the fuel reactor. The objective of this task was to develop an oxygen carrier
with enough reduction and oxidation rates, resistant to the attrition and with high durability,
maintaining the chemical, structural and mechanical properties in a high number of oxidationreduction cycles.
CSIC has manufactured oxygen carriers by two different preparation methods: extrusion and
impregnation. Further, reactivity tests have been mainly carried out in a thermogravimetric
analyzer (TGA) where the atmosphere an oxygen carrier would be exposed to was simulated..
Chalmers has prepared oxygen carriers by freeze granulation and tested these in a fluidized bed
reactor under alternating oxidizing and reducing conditions.
A large number of oxygen carriers (∼300 samples), including all possible combinations of metal
oxides and inerts, were prepared and characterized at CSIC and Chalmers to do a preliminary
selection of the most promising candidates to be used in a CLC process. A selection of about 10
samples showed highly promising results and were analyzed in-depth. Finally, at the end of the
task, five samples were chosen for detailed reactivity testing and three of these were then
manufactured and used in the hot CLC prototype reactor.

A.1.1. Work performed at CSIC
A.1.1.1. Task 1.1. Selection of possible carriers

The oxygen carrier is composed of a metal oxide to transport the oxygen, and an inert to
supply a higher mechanical strength to the samples. The materials selected to produce the
oxygen carriers are the following:
Metal oxides: CuO, Fe2O3, MnO2, NiO
Inerts: Al2O3, sepiolite, SiO2, TiO2, ZrO2
A.1.1.2. Task 1. 2. Preparation of oxygen carrier particles for screening

CSIC prepared all the possible combinations metal oxide-inert with the weight percentages
corresponding to 40 %, 60% and 80% of metal oxide to carry out a preliminary screening of
the oxygen carriers. The oxygen carriers, prepared by mechanical mixing and extrusion, were
calcined at four different temperatures from 950 ºC to 1300 ºC.
A.1.1.3. Task 1.3. Characterisation of oxygen carriers for screening

The characterisation of the physical properties of the oxygen carriers prepared by mechanical
mixing and extrusion, as apparent densities and mechanical strength, was first carried out. The
mechanical strength of the oxygen carriers was determined by using the ASTM-4179 method.
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This method allows the measurement of the minimum normal force required to crush a
cylindrical extrudate placed between two plates in horizontal position. The crushing strength
was obtained dividing the force applied by the extrudate length. The final measure was obtained
from the average of at least 15 different measurements undertaken on different extrudates
randomly chosen. Table A.1.1.1 shows the values obtained for all the oxygen carriers prepared
by mechanical mixing and extrusion.
The crushing strength was highly dependent on the type of active metal oxide and its
concentration, the inert used as a binder, and the sintering temperature. In general terms, a
higher sintering temperature increased the crushing strength of the oxygen carriers. However,
high sintering temperatures for some carriers was limited by decomposition or melting of the
involved compounds. This effect was especially important in the Cu and Mn oxygen carriers,
and in those using sepiolite as inert. On the other hand, there was not a clear correlation between
crushing strength and active metal oxide content. For example, the oxygen carriers CuO/TiO2
and Fe2O3/TiO2 showed opposite dependency on the active metal oxide content.
In general, it can be concluded, that Cu-based oxygen carriers only showed a measurable
crushing strength when using SiO2 and TiO2 as inerts. Fe-based oxygen carriers showed high
crushing strength values, especially those prepared with Al2O3, TiO2 and ZrO2 and sintered at
temperatures above 1100 ºC. Mn-based oxygen carriers only had high crushing strengths when
using SiO2 or TiO2 sintered at 1100 ºC, and ZrO2 sintered at temperatures higher than 1100 ºC.
Ni-based oxygen carriers showed in general terms a low crushing strength excepting when
using SiO2 or TiO2 as inerts.
Table A.1.1.1. Crushing strength (N/mm) of the extrudates.
Metal-based oxygen carriers
Cu
Fe
Mn
Ni
950 1100 1200 1300 950 1100 1200 1300 950 1100 1200 1300 950 1100 1200 1300

Tsint
(ºC)
Inert MeO
(%)
80 3
Al2O 60 0
40 0
80 4
Sepi 60 0
olite 40 0
80 22
SiO2 60 20
40 17
80 66
TiO2 60 59
40 43
80 6
ZrO2 60 2
40 1

*

5
0
0

0
0
0
9
7
1
12
15
10
12
21
40
3
12
13

13
12
12
48
20
14
60
85
52
71
45
94
25
20
19

105 61
17 57
22 65

111
36
81
33
29
19

17
11
30
76
54
56

Melt or decompose
Soft (Values lower than 10 N/mm)
Broken after 5 cycles

36

0
0
0
1
1
0
10
16
16
2
8
13
0
1
2

0
0
3
23*
12*
27*
37
28
22
57
77
84
11
16
11

0
0
12

37
33
36

29
25
27

0
0
0
0
1
0
0
6
11
1
4
14
0
0
0

0
0
2
1
6
3
1
16
29
16
17
23
2
0
3

0
0
3
4
14*
53
11*
32
35
42
32
33
1
3
13*

0
0
4
120

25*
45
50
48
65
3
5
11*
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On the other hand, reactivity tests of the oxygen carriers with respect to the reduction and
oxidation reactions were carried out for the selection of the most promising candidates.
Thermogravimetric (TG) experiments allowed us to analyse the reactivity of the oxygen carriers
under well defined conditions, and in the absence of complex fluidising factors such as particle
attrition and interphase mass transfer processes.
Experimental set-up. Oxygen carriers` reactivity has been carried out in a CI
thermogravimetric analyser (TGA). The Figure A.1.1.1 shows the experimental set-up used.
The reactor consists of a quartz tube (24 mm id) placed in an oven that can be operated at
temperatures up to 1000 °C. The sample-holder is a wire mesh platinum basket (14 mm
diameter and 8 mm height) to reduce mass transfer resistance around the sorbent sample. The
temperature and sample weight are continuously collected and recorded in a computer. N2 (9
NL/h) flowed through the microbalance head to kept the electronic parts free of reactant gas.
The reacting gas mixture (30 NL/h), is measured and controlled by electronic mass flow
controllers.
In the fuel reactor of a CLC system, water is always produced as a result of the reaction. To
work under realistic conditions, water was introduced together with the reacting gases, CO
and H2. The water normally acts as an inert gas, the exception being some oxygen carriers
based on Fe and Ni, where the presence of H2O prevents carbon formation during the
reaction. The reacting gas (CO+H2) was saturated in water bubbling through a vessel
containing water at the selected temperature necessary to reach the desired water
concentration.
Procedure: For the reactivity experiments of the preliminary screening, about 50 mg of
oxygen carriers with a particle size of about 1 mm (between 10 and 20 particles depending on
the sample density) was loaded in the platinum basket. After the set temperature was reached,
the experiment started by exposing the oxygen carrier to alternating oxidising and reducing
conditions. To avoid the mixing of fuel gas and air, nitrogen was introduced for two minutes
after each oxidising and reducing period. An experiment without sample was initially carried
out to detect the buoyant effects due to the change of the reacting gases.
The composition of the syngas selected for the reducing experiments was normally 45 % CO,
25 % H2 and 30% H2O, and the gas used for oxidation was 100 % air. The experiments were
carried out at 950 ºC for the oxygen carriers based on Fe, Mn and Ni, and 800 ºC for the
oxygen carriers based on Cu. The reason for this lower temperature was to avoid the
decomposition of CuO to Cu2O, with the subsequent loss of transport capacity of the sorbent.
For the screening purposes, five cycles of reduction and oxidation were made. The sample
normally stabilised after the first cycle, which was normally slower than the others. This was
due to the changes produced in the internal structure of the oxygen carriers during their first
reduction period. The oxygen carrier reactivity corresponding to cycle number 5 was used for
comparison purposes.
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Figure A.1.1.1. Experimental set-up for reactivity data.

Data handling: To establish if all the metal oxide has been effective for reaction, it was
necessary to know the reactants and products of the reactions and the metal oxide content of
the oxygen carrier used. The transport capacity of the oxygen carriers can be known through
the oxygen ratio between the reduced and oxidized metal, which can be defined as;
R0 =

mox − mred
mox

(A.1.1.1)

This equation compares the metal oxide in its oxidized, mox, and reduced, mred, form and gives
the fraction of oxygen which can be carried between the reactors for a given mass flow of
metal oxide. Table A.1.1.2 shows values of the oxygen ratio for the metal oxide systems
considered in this work.. On the other hand, the oxygen carrier is always composed by a metal
oxide and inert. Obviously, the presence of the inert decreases the transport capacity of the
carrier. Table A.1.1.3 shows the transport capacity of the oxygen carriers depending on both
the metal oxide content and the reduced/oxidised pairs considered. The Mn-based oxygen
carriers were prepared using MnO2 as starting material. However, this decomposes to Mn2O3
at about 500 ºC, and to Mn3O4 at about 950 ºC. The values showed in the Table A.1.1.3
correspond to initial mass% of MnO2.
On the other hand, it was observed that sepiolite losses weight during calcination at high
temperatures (23.8 wt%). Then, the initial metal oxide content was recalculated, and also the
transport capacity of the oxygen carriers, as shown in Table A.1.1.4.
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Table A.1.1.2 Oxygen ratio for different oxygen carriers.
MyOx/MyOx-1
CuO/Cu
Fe2O3/Fe3O4
Fe2O3/FeO
Mn3O4/MnO
NiO/Ni

R0
0.201
0.033
0.100
0.070
0.214

Table A.1.1.3. Maximum variation in weight percentage (%) for the different oxygen carriers
Mass %
CuO /
Fe2O3 /
Fe2O3 /
Mn3O4 /
MeO
Cu
Fe3O4
FeO
MnO*
80
16.08
2.64
8.00
5.45
60
12.06
1.98
6.00
3.98
40
8.04
1.32
4.00
2.58
20
4.02
0.66
2.00
1.26
* The percentage values are referred to the initially used MnO2.

NiO /
Ni
17.12
12.84
8.56
4.28

Table A.1.1.4. Maximum variation in weight percentage for the different oxygen carriers
when using sepiolite as inert.
Mass %
CuO /
Fe2O3 /
Fe2O3 /
NiO /
MeO
Cu
Fe3O4
FeO
Ni
84.0
16.88
2.77
8.40
17.98
66.3
13.33
2.19
6.63
14.19
46.7
9.38
1.54
4.67
9.99
24.7
4.96
0.81
2.47
5.28
* The percentage values are referred to the initially used MnO2.

Mass %
MeO
82.17
63.33
43.43
22.35

Mn3O4 /
MnO*
5.75
4.43
3.04
1.56

The figures showing the reactivity of all the oxygen carriers can be found in the previous reports
of the project. However, since the number of samples used in this work (~240) was very high, it
was difficult to compare all available reactivity data. So, Table A.1.1.5 gives a summary of the
reactivity data for all the oxygen carriers prepared, and for a better understanding, Figure
A.1.1.2 shows an example of the notation used in the table.
The main comments about the specific oxygen carriers behaviour are the following. Cu-based
oxygen carriers sintered at 950 ºC exhibited a high reactivity with reaction times for complete
reduction lower than 1 minute. The oxidation conversions at 1 minute of reaction varied from
80 to 100%. In some cases, the final oxidation rate was substantially lower, probably due to
diffusion effects inside the extrudates.
Fe-based oxygen carriers exhibited a high reactivity during reduction, although the conversion
to FeO was not complete in most of the cases. The oxidation rate was high, the exception being
some carriers prepared using TiO2 as inert.
The Mn-based oxygen carriers showed a different behavior depending on the active metal oxide
content, the type of inert, and the sintering temperature. For example, the reactivity of the
carrier Mn40Ti, with a low concentration of manganese oxide, was very low due to the
39

ECSC-7220-PR125

Capture of CO2 in Coal Combustion

Table A.1.1.5. Reactivity of different oxygen carriers and selection of the most promising
carriers.
Metal-based oxygen carriers
Cu
Fe
Mn
Ni
950 1100 1200 1300 950 1100 1200 1300 950 1100 1200 1300 950 1100 1200 1300

Tsint
(ºC)
Inert MeO
(%)
80 a-a e-e
Al2O 60 a-a e-e
40 a-a e-e
80 a-a
Sepi 60 a-a
olite 40 a-a
80 a-a
SiO2 60 a-a
40 a-a
80 a-a
TiO2 60 a-a
40 a-a
80 a-a
ZrO2 60 a-a
40 a-a

a-a
a-a
a-a
a-a
a-a
a-a
b-b
a-a
a-a
a-a
a-a
a-a
a-a
a-a
a-a

a-a b-b b-b a-a
b-b b-b b-b b-b
a-a b-b b-b c-c
a-a
a-a
a-a
a-a
a-a
a-a
b-b
a-a
b-b
a-a
a-a
a-a
b-b b-c* b-c* b-b
b-b b-c* c-c e-e
b-c* b-c* b-d e-e
a-a a-a b-b a-a
a-a a-a b-b a-a
a-a a-a b-b a-a

a = High reactivity and high conversion (X >
0.8 in 1 min)
b = Conversion between 0.5-0.8 in 1 min.
c = Conversion between 0.3-0.5 in 1 min.
d = Conversion lower than 0.3 in 1min but
higher than 0.3 in 20 min.
e = Low reactivity or low conversion (X <
0.3 in 20 min).
* = Reach high conversion at long time

b-b
c-c
e-e
a-a
a-a
c-e
b-b
e-e
e-e
b-b
e-e
e-e
a-a
a-a
a-a

e-e
e-e
e-e

a-a
a-a
a-a
a-a
a-a
a-a
a-c*
a-c*
a-c*
a-b*
a-a
a-a
a-a a-b* a-c*
a-a a-b* a-b*
a-a b*- a-b*
b*

a-b* a-b* b-c*
a-b* b-c* e-e
b-c c-c e-e
a-a a-a e-e
a-a b-b
b*-a e-e
a-c* a-c* a-b*
a-d a-d a-c
b-d c-d
a-b* a-b* b*a-a a-a a-b*
a-a a-a a-b*
a-c* a-d a-d
a-b* a-b* a-b*
a-b* a-b* a-b*

Melt or decompose
Low reactivity and crushing
strength
Selected particles by mechanical
strength and reactivity

formation of titanates during sintering, however, when the MnO2 content increased up to 80%
the reactivity and conversion was higher. In general, the best performance with complete
utilization of the manganese used and reaction times less than 1 minute was obtained when
ZrO2 was used as inert.
Most of the Ni-based oxygen carriers exhibited a very high reactivity during reduction with
reaction times lower than 30 seconds for complete conversion. The behavior in the oxidation
process was highly dependent on the oxygen carrier considered. In some cases, the oxidation
rate was low from the beginning (Ni40Si), and in some others was fast up to a conversion and
then suddenly decreased (Ni80Al). The best performance was obtained with NiO/TiO2 carriers,
which exhibited high reactivity both in the reduction and the oxidation processes for all
conditions used in this work.
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Figure A.1.1.2. Typical conversion curves obtained during reactivity testing, and used for
notation in Table A.1.1.5.

A.1.1.4. Task 1.4. Selection of the most promising candidates

The first criterion for carrier rejection was an unacceptable low melting point of some one of the
compounds either reduced or oxidized forms. The second one was the crushing strength of the
fresh carriers and the third the reactivity obtained in TGA tests during both the reduction and
the oxidation reactions. A preliminary screening to select the best carriers for further use in a
CLC system was done.
Fresh extrudates with crushing strengths below 10 N/mm were considered exceedingly soft and
then rejected. In some cases, the crushing strength of the extrudates was observed to
substantially decrease during successive reduction/oxidation cycles in TGA tests (MnXSe1100
with X=40, 60, and 80; Ni60Se1200, Ni40Zr1200, etc.). This effect was also considered for the
screening.
Reactivity was the criterion to reject oxygen carriers exhibiting low values due to the formation
of inactive compounds by a solid/solid reaction (Mn40Ti) or excessive thermal sintering
(Ni80Se1300), due to the use of high sintering temperatures. Considering the above criteria,
Table A.1.1.5 shows the best oxygen carriers to be further used in CLC systems. That includes
carriers prepared with SiO2 or TiO2 as inert and sintered at 950ºC as the best Cu-based oxygen
carriers. Fe-based oxygen carriers prepared with all inerts can be considered potentially suitable
for CLC systems although some of them must be prepared at some specific conditions. Those
prepared with Al2O3 and ZrO2 as inerts showed the best behaviour. ZrO2 was the best inert for
preparing Mn-based oxygen carriers, and TiO2 for preparing Ni-based oxygen carriers.
Other carriers, as Fe2O3/TiO2 sintered at 1200 and 1300 ºC, and NiO/SiO2, exhibited an
acceptable crushing strength but they did not have a very high reactivity. Taking into account
that reactions as fast as possible are always desirable, since the time of reaction determines the
necessary residence time in reactors and, therefore, the reactor size and pressure drop, the use of
these carriers in a CLC system will depend on the needs of the system.
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Based on reactivity tests in TGA and crushing strength measurements, a preliminary selection
of the most promising carriers to be used in a CLC system was done. These oxygen carriers
were later subjected to multi-cycle testing (100 cycles) in TGA to analyze the effect of the
cyclic structural changes inside the oxygen carrier during the oxidation and reduction
reactions. These correspond to the following oxygen carriers:
C4SE950, C4TE950, F4AE1300, F4ZE1300, M4ZE1200, N4TE1300.
The only oxygen carriers prepared by mechanical mixing and extrusion that maintained their
integrity after the multicycle testing were F4AE1300 and F4ZE1300. Figure A.1.1.3 shows an
example of the reactivity of the F4AE1300 oxygen carrier along the multicycle tests.
1

1
oxidation

0.75
0.5

Conversion

Conversion

reduction

cycles 5, 25, 50, 75, 100

0.25

0.75
0.5

cycles 5, 25, 50, 75, 100

0.25

0

0
0

0.5

1
Time (min)

1.5

2

0

0.5

1
Time (min)

1.5

2

Figure A.1.1.3 Reactivity of the F4AE1300 oxygen carrier after multicycle testing.
Impregnated oxygen carriers. Due to the great effect of the cyclic reduction and oxidation
reactions on the structure of the oxygen carriers, other preparation methods besides the
mechanical mixing and extrusion were tested by CSIC (de Diego et al., 2004), especially for
the development of Cu-based oxygen carriers. The conclusion was that the oxygen carriers
prepared by impregnation fulfilled all the conditions needed to be used in a CLC process
because these particles exhibited excellent chemical stability without any decay of the
mechanical strength during multicycle testing. In this sense, the preparation conditions to
produce CuO/Al2O3 oxygen carriers with high reactivities, and small attrition rates were
found. Two different methods of impregnation, wet or dry, were compared (de Diego et al.,
2005). Moreover, the agglomeration of these oxygen carriers, which is the main reason given
in the literature to reject the Cu-based oxygen carriers, was avoided In addition, a commercial
catalyst supported on alumina (Aldrich Chemical Co., Inc.; catalogue no. 417971) with a 13
wt% of CuO was also analyzed for comparison purposes.
Attrition testing. To finally improve the screening it is necessary to know the behaviour of
the carriers during successive reduction/oxidation cycles in a fluidized bed, which considers
both the structural changes because of the chemical reaction, and the attrition phenomena
existing in a fluidized bed, as well as the possible agglomeration of the solids.
Figure A.1.1.4 shows the experimental set-up located at CSIC for the oxygen carrier testing. It
consists of a system for gas feeding, a fluidized bed reactor, a two ways system to recover the
solids elutriated from the fluidized bed, and a gas analysis system. The gas feeding system has
different mass flow controllers connected to an automatic three-way valve. This valve always
introduces N2 (inert) between the reducing gas and the oxidation gas to avoid explosions. The
fluidized bed reactor is 54 mm I.D. and 500 mm height, with a 300 mm of preheating zone
just under the distributor. At the exit, there is a double pipe with hot filters to recover the
solids elutriated from the bed at different times. Finally, different gas analyzers continuously
42

ECSC-7220-PR125

Capture of CO2 in Coal Combustion

determine the gas composition at each time. The concentrations of H2O, CO, CO2 and CH4
are determined in an infrared analyzer (FTIR), O2 in a paramagnetic analyzer, and H2 by gas
conductivity.
filters
stack
thermocouple
Gas Analysis
CH4, H2O, CO2
CO, O2, H2
∆P

CH4 - N2

N2

N2 - Air

Figure A.1.1.4. Experimental set-up for attrition testing.
Operating procedure: For the preliminary screening tests, the fluidized bed was composed of
sand of size 0.2-0.3 mm, and batches of about 50 g of oxygen carriers with a particle size 0.10.2 mm were used. For the selected oxygen carriers, the attrition rate was determined with
batches of about 400 g of oxygen carrier, without any sand. The composition of the reducing
gas was selected to avoid exceed the terminal velocity of the particles. On the other hand, a
gas with an 8% of O2 in Ar was used to avoid the over heating of the samples during the
oxidation reaction.
Figures A.1.1.5 and A.1.1.6 shows the attrition rate obtained with some of the selected
oxygen carriers prepared by mixing/extrusion and impregnation. The attrition rates are high in
the first 5 cycles due to the rounding effects on the particles and to the fines sticked to the
particles during preparation and crushing/sieving. Later, the attrition rates due to the internal
changes produced in the particles by the successive reduction and oxidation processes,
decreased. However, it can be observed that the particles prepared by impregnation exhibited
very low attrition rates. An important fact was that the attrition rates did not change
appreciably between cycle 50 to 100, with a mean attrition rate of 0.01%/cycle (< 0.02%/h in
our tests) or even lower for some oxygen carriers (Cu10Al-DI-950, Cu15Al-DI-850).
Assuming this value as a measure of the steady-state attrition of the carrier particles, this leads
to a lifetime of the particles of 10000 cycles (5000 h in our tests).
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Figure A.1.1.5. Attrition rates of oxygen
carriers produced by mechanical
mixing+extrusion(M), impregnation (I), and
freeze-granulation (FG) during multicycle
fluidised bed testing.
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Figure A.1.1.6. Attrition rates of the
impregnated particles during multicycle
fluidised bed testing.

The attrition of the Ni40Ti prepared by extrusion was a little high. In general, all the Ni-based
carriers prepared by extrusion showed low crushing strength. However, their excellent
behaviour with respect to reactivity (the highest of all carriers tested) made us test the
possibility of produce stronger Ni-based particles. In this sense, Chalmers University of
Technology (CUT) produced particles by freeze-granulation (FG) with high crushing strength
and reactivity, NiCUT-FG. This particles were also tested in the fluidized bed and exhibited
very low attrition rates (see Figure A.1.1.5).

A.1.2. Work performed at Chalmers
Oxygen carriers
It is important that the metal oxide which is used as an oxygen carrier can convert the fuel gas
to carbon dioxide and water to a high extent. In a thermodynamic analysis carried out prior to
the start of the project, Mattisson and Lyngfelt found that some metal oxides of the transition
state metals Fe, Mn. Cu and Ni were among the feasible candidates to be used as oxygen
carriers in CLC using methane. (Mattisson and Lyngfelt, 2001). For oxygen carriers based on
Fe and Mn there are some transformations which do not have an acceptable degree of gas
conversion, such as Fe3O4/FeO and MnO/Mn. Further investigations by Jerndal et al. found
that the systems which had a high gas yield for methane also had a high gas yield for CO and
H2. (Jerndal et al., 2005) The chosen metal oxides are preferably supported by an inert
material which is believed to increase the reactivity and help to maintain the internal structure
of the particles throughout the redox reactions. Prior to the current project there was some
experimental investigations of different oxygen carriers for CLC. For instance, see the works
by Mattisson and co-workers and Ishida et al., e.g. (Mattisson et al., 2000; Ishida et al., 1994).
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At Chalmers oxygen carriers based on the metal oxides Fe2O3, NiO and Mn3O4 were prepared
and tested in Task 1 of the project. The selection of the materials was chosen from the results
of the screening selection at CSIC as well as previous work.

A.1.2.1 Experimental

Preparation of oxygen carriers. All the particles were produced by freeze-granulation. The
selection of active metal oxide and inert were based on the results of the investigations at
CSIC, see section A.1.1 above. However, in order to improve mechanical stability of some of
the systems, in some instances the chemical composition in addition to the heat treatment
temperature was changed somewhat. For instance, for the Ni-Al system, Mg, Ca and
bentonite was used with the aim of increasing mechanical strength. Also the sintering
temperature was increased.
The particles were prepared as followed: A water-based slurry of the composite material, in
the form of chemical powders with a size less than 10 µm, and a small amount of polyacrylic
acid as dispersant were prepared by ball milling for 24 h. After milling, some polyvinyl
alcohol was added to the slurry as a binder to keep the particles intact during later stages in
the production process, i.e. freeze-drying and sintering. Spherical particles were produced by
freeze-granulation, i.e. the slurry is pumped to a spray nozzle where passing atomising-air
produce drops, which are sprayed into liquid nitrogen where they freeze instantaneously. The
frozen water in the resulting particles is then removed by sublimation in a freeze-drier
operating at a pressure that corresponds to the vapour pressure over ice at -10ºC. After drying,
the particles were sintered at temperatures between 950ºC and 1600ºC for 6 h using a heating
rate of 5ºC/min. Finally they were sieved to obtain particles of well-defined sizes.
In Table A.1.2.1 the 51 oxygen carriers investigated in this section are presented. For these
carriers, parameters such as ratio of metal oxide/inert, sintering temperature and type of inert
are varied. The nomenclature used here for the different oxygen carriers is given in column 2
in Table A.1.2.1, and in the text these abbreviations will be followed by the sintering
temperature, i.e. F4S950 corresponds to 40% Fe2O3/60% SiO2 sintered at 950°C.
Characterization of oxygen carriers. The fresh and reacted particles were characterized
prior to and after the reactivity experiments in the fluidized bed reactor. The physical
appearance of the surface was characterized by scanning electron microscopy in addition to an
optical microscope. The crystalline phases in the particles were identified using a powder
diffractometer. The hardness of the fresh particles was also determined by measuring the
force needed to fracture the particles using a Shimpo FGN-5 crushing strength apparatus. The
crushing strength was measured on particles in the size range 0.180-0.250 mm and taken as
the average value of 30 results.
Reactivity investigation in the fluidized bed reactor. Methane was chosen as reacting gas
for the particle comparison, because it facilitates the experimental procedure. The results can
be expected to give a measure for the ranking of particle reactivity, highly relevant also for
other fuel gases like CO and H2. The best particles are further tested using syngas, see section
A.2.2.
The experiments were conducted in a laboratory fluidised-bed reactor of quartz. The reactor
had a length of 820 mm with a porous quartz plate of 30 mm in diameter placed 370 mm from
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the bottom. The inner diameters of the bottom and top sections were 19 and 30 mm. The
temperature was measured 5 mm under, and 38 mm above the porous quartz plate, using 10%
Pt/Rh thermocouples enclosed in quartz shells. A sample of 10 or 15 grams of oxygen carrier
particles, in the size range of 125-180 µm, was initially heated in an inert atmosphere to
950°C. The metal oxides investigated in this work had a large difference in apparent density
(800-4500 kg/m3), and thus the bed heights also varied in a wide range, between 4-33 mm.
Because of the heat produced during the oxidation period, a gas mixture with 5% O2 in N2
was used instead of air. Thus, large temperature increases were avoided. The particles were
then exposed alternatively to 5% O2 and 50% CH4 /50% H2O, thus simulating the cyclic
conditions of a CLC system. To avoid air and methane mixing during the shifts between
reduction and oxidation, nitrogen gas was introduced during 180 s after each period. The
Table A.1.2.1 Particles investigated in the project at Chalmers
Sintering temperature (°C)
Oxygen carrier composition.

Abbr.

40% Fe2O3/60% SiO2

F4S

40% Fe2O3/60% ZrO2

F4Z

950

1100

1

2

1125

1150

1175

1200

1300

1400

1500

1600

3
4

60% Fe2O3/40% Al2O3
60% Fe2O3/32% Al2O3 +
8% Bentonite

F6AB

5

6

7

40% Fe2O3/60% MgAl2O4

F4AM

8

9

10

60% Fe2O3/40% MgAl2O4

F6AM

11

80% Fe2O3/20% MgAl2O4

F8AM

16

40% Mn3O4/60% SiO2

M4S

19

40% Mn3O4/60% ZrO2

M4Z

20

21

40% Mn3O4/60% Ca-ZrO2

M4CZ

23

24

40% Mn3O4/60% Mg-ZrO2

M4MZ

27

28

40%Mn3O4/60% Ce-ZrO2

M4CeZ

32

33

40% NiO/60% NiAl2O4

N4AN

40% NiO/60% NiAl2O4

N4AN

40% NiO/48% Al2O3 +
12% CaO

N4AC

40% NiO/48% Al2O3 +
12% Bentonite

N4AB

60% NiO/40% MgAl2O4

N6AM

40% NiO/60% MgO

N6M

12

13

14

15
17

18

22

29

25

26

30

31
34
35
36
37
38
39

40

1. Horizontal lines indicate too soft particles. 2. Vertical lines shows particle with almost no reactivity. 3.
Crossed lines sintered to cake at heat treatment. 4. Black fields with number indicate particles investigated
further.

particles were tested in this manner for 4-17 cycles. The gas from the reactor was led to an
electric cooler, where the water was removed, and then to a gas analyser where the
concentrations of CO2, CO, CH4, and O2 were measured in addition to the gas flow. The
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experiments with a ten gram bed were conducted with an inlet gas flow of 600 mLn/min for
the reducing gas, while for the 15 gram bed the gas flow was 900 mLn/min. Hence the ratio of
gas flow/bed mass was held constant which makes the experiments comparable. For the
oxidising gas, the gas flow was either 600 or 1000 mLn/min. This corresponds to 2-12umf and
4-15umf for the incoming reducing and oxidising gases respectively, where umf is the
minimum fluidisation velocity. However, as three moles of product gas are formed for every
mole of reacted CH4, the velocity may be as high as 4-24umf.
Data evaluation. The degree of solid conversion is defined as,
X =

m − mred
mox − mred

(A.2.1.1)

where m is the actual mass of sample, mox is the mass of the sample when fully oxidized, i.e.
Fe2O3, and mred the mass of the sample in the reduced metallic form, i.e. Fe. The degree of
conversion can be calculated as a function of time for the reducing period through reaction
(A.2.1.2) when methane was used as fuel and through (A.2.1.3) when syngas was used.
t1

X i = X i −1 − ∫
to

t1

X i = X i −1 − ∫
to

1
n& out (4 pCO2 ,out + 3 pCO ,out − p H 2 ,out )dt (methane)
M o Ptot

(A.2.1.2)

1
n& out (2 pCO2 ,out + pCO ,out − p H 2 ,out )dt
M o Ptot

(A.2.1.3)

(syngas)

and for the oxidizing period from:
t1

X i = X i −1 + ∫
t0

1
(n& in pO2 ,in − n& out pO2 , out )dt
M o Ptot

(A.2.1.4)

Xi is the conversion as a function of time for period i, Xi-1 is the conversion after the
preceding period, t0 and t1 are the times for the start and finish of the period respectively, Mo
is the moles of active oxygen in the unreacted oxygen carrier, n& in and n& out are the molar
flows of the gas going into and leaving the reactor after the water has been removed, Ptot is the
total pressure, and pO2 ,in , pO2 ,out , pCO2out , p H 2 ,out and pCO ,out are the partial pressures of
incoming and outlet O2, and outlet partial pressures of CO2, H2 and CO after the removal of
H2O. p H 2 ,out was not measured on line but assumed to be related to the outlet partial pressure
of CO and CO2 through an empirical relation used in an earlier study. The calculated
concentration of H2 agreed relatively well with the concentration as calculated from the
difference 1- pCO2out - pCO ,out - pCH 4 ,out in the part of the reduction period where there is little or
no back-mixing. The rate of reduction of the metal oxide was based on the conversion of the
incoming methane or syngas and calculated for methane as
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dX
1
=
n& in ,CH 4 (4 pCO2 + 3 pCO − p H 2 ,out )
dt
M o Ptot

(A.2.1.5)

and for syngas,
dX
1
=
n& in (2 pCO2 + pCO − p H 2 ,out )
dt
2M o Ptot ( pCO2 + pCO )

(A.2.1.6)

where n& in ,CH 4 is the incoming molar flow rate of methane to the reactor. A comparison of
equation (A.2.1.2/A.2.1.3) and (A.2.1.5/A.2.1.6) shows that the important difference in
calculation of the solid conversion and the rate of solid conversion is that the conversion uses
the outgoing molar flow rate of gas, as measured in the gas analyzer, whereas the rate is
calculated using the inlet molar flow rate of methane to the reactor.
In order to facilitate a comparison between the different oxygen carriers which contain
varying amounts of oxygen depending upon the fraction of inert, a mass-based conversion
was defined as:
ω=

m
= 1 + Ro ( X − 1 )
m ox

(A.2.1.7)

where Ro is the oxygen ratio, defined as:
Ro= (mox − mred ) / mox

(A.2.1.8)

The oxygen ratio is the theoretical maximum of mass fraction of oxygen that can be used in
the oxygen transfer, and is dependent on the metal oxide used as oxygen carrier as well as the
amount of inert in the particles. The mass-based reduction rate was calculated as,

dω
dX
= Ro
dt
dt

(A.2.1.9)

To compare the reactivity of the many different oxygen carriers tested, a rate index was
calculated for each tested oxygen carrier. The methodology and assumptions for such a rate
index follows here. If the mass transfer resistance between the bubbles and emulsion phases
in the fluidized bed reactor is small, and assuming that the reaction between the methane and
solid is first order with respect to methane, the exposure of particles to methane can be
represented by a log-mean partial pressure of methane, pm, which can be defined in terms of
the inlet and outlet partial pressure:

pm =

pin − pout
p
ln( in )
p out

(A.2.1.10)

An effective first order reaction rate constant, keff, was defined as

k eff =

1 dω
p m dt

(A.2.1.11)
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A reaction rate normalized to a reference partial pressure of methane was calculated as

(

dω
) norm = k eff ⋅ p ref
dt

(A.2.1.12)

where pref is a reference partial pressure of methane. Assuming an inlet partial pressure of
methane of 1 and an outlet partial pressure of 0.001 the log-mean partial pressure would be
0.145, cf eq. A.2.1.10. Below, pref is chosen to be 0.15, which corresponds to a very high
methane conversion. The fact that all of the oxygen was consumed in the initial part of the
oxidation period suggests that there was good contact between all reacting gas and the
particles in the reactor. Nevertheless, it should be noted that keff will include any masstransfer between the bubble phase and emulsion phase. By utilizing the effective rate
constant, a better comparison of reactivity data obtained under different methane
concentrations in the reactor can be made. Although the effective reaction rate constant does
not measure detailed kinetics, it facilitates an assessment of the reactivity to evaluate the
feasibility of use of oxygen carriers, as well as a gives a basis for comparison.
A.1.2.2 Results and discussion

Analysis of fresh oxygen carriers. As seen in Table A.1.2.1 some of the prepared oxygen
carriers were too soft and did not become spherical granulates after the sintering process.
These are represented with horizontal lines in Table A.1.2.1, and are all three samples of
Fe2O3/SiO2, Mn3O4/SiO2 sintered at 950°C and NiO/MgO sintered at 1100 and 1200°C. For
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Figure A.1.2.1. Crushing strength as a
function of the sintering temperature
for iron based particles. ! F4Z,
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Figure A.1.2.2. Crushing strength as a
function of the sintering temperature for
manganese based particles. ! M4S, $
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Figure A.1.2.3. Crushing strength as a function of the sintering temperature for nickel based
particles. ! N4AN1300, $ N4AN1600, & N4AC, ( N4AB, & N4AC and * N6AM

NiO/Ca-Al2O3 sintered at 1600°C, a single hard agglomerate was formed. For obvious
reasons these mentioned particles were unsuitable for further testing for chemical-looping
combustion. For almost all particles an increase in strength is observed when the sintering
temperature is increased. This can be seen for all particles Figure A.1.2.1-A.1.2.3. As was
found for extrudated particles at CSIC, also the freeze granulated particles based on Ni
generally showed lower crushing strengths in compartison to Mn and Fe based carriers. All of
the prepared samples were analyzed using x-ray powder diffraction before and after the
experiments in the fluidized bed. In this way it is possible to identify crystalline phases in the
solid samples and thus see possible interactions between the active metal oxide and the inert
phase. The results are presented in Table A.1.2.2. As noted in the table, for some samples it
was not possible to make conclusive judgements about the phases present. However, it is
clear that for many of the systems there are chemical interactions between the inert and active
phase even during heat treatment of the particles. However, from a technical point of view
some systems which showed a high degree of interaction of inert and active material, for
instance Fe2O3/MgAl2O4, showed high reactivity and limited deactivation during reactivity
testing. This could mean that the new phases are not irreversible but can be reduced or
oxidized or that only a small amount of the active material has reacted with the inert, and the
rest is active.
Reactivity. Figure A.1.2.4a-d shows the outlet concentration of gaseous components for one
reduction and one oxidation period conducted with an iron- and a nickel particle. During the
reduction in Fig. A.1.2.4a and 4c, the incoming methane initially reacts completely to form
mainly CO2 and H2O for both particles. For nickel oxides there is however a thermodynamic
limitation, and hence some CO and H2 are at all times present during the reduction. As the
reaction proceeds and the degree of conversion is lower, the two particles behave differently.
For iron, a large proportion of the methane pass unreacted through the bed and there is
formation of some minor amounts of CO and H2. H2 is not measured on-line, but is rather
assumed to be related to the outlet partial pressure of CO and CO2 through an empirical
relation based on the equilibrium of the gas-shift reaction. Since it was not measured on-line,
it is not presented in the figures. For nickel, CH4 does not pass through the reactor unreacted,
but is catalyzed to CO and H2, most likely through methane pyrolysis or steam reforming.
Formed carbon can also be detected for some nickel oxides when the reduction is allowed to
proceed to a low degree, i.e. when there is only a small amount of NiO in the particles. As for
the oxidations in Figures A.1.2.4b and 4d, full conversion of the incoming oxygen occurs
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initially. This means that the oxidation is limited by the supply of oxygen in these
experiments, and all of the oxygen which is added to the bed reacts with the reduced particles.
In order to gauge an oxidation reactivity which is not limited by addition of oxygen, smaller
amounts of bed material would be needed. This is not feasible in these fluidized bed
experiments, since enough material is needed to obtain proper fluidizing conditions as well as
obtain an accurate measurement of the reduction rate. Thus, the major focus will therefore be
on the reduction of the particles in this section. The concentration profiles in Figures
A.1.2.4a-d are typical for iron and nickel oxides. For manganese based oxygen carriers the
profiles are similar to iron, although in general slightly more reactive.
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Table A.1.2.2. XRD results of freeze granulated particles before and after reactivity experiments.
F4S950
F4S1100
F4S1300
F4Z950
F4Z1100
F4Z1300
F6A1300
F6AB1100
F6AB1200
F6AB1300
F4AM1100
F4AM1200
F4AM1300
F6AM1100
F6AM1125
F6AM1150
F6AM1175
F6AM1200
F8AM1100
F8AM1200
F8AM1300
M4S950
M4S1100
M4S1200
M4S1300
M4Z950
M4Z1100

Fresh
Fe2O3, SiO2
Fe2O3, SiO2
Fe2O3, SiO2 (2)
Fe2O3, ZrO2
Fe2O3, ZrO2
Fe2O3, ZrO2, ZrSiO4
Fe2O3, Al2O3
Fe2O3, Al2O3 (2)
Fe2O3, Al2O3 (2)
Fe2O3, Al2O3 (2)
Fe2O3, Mg(Al,Fe)2O4
Mg(Al,Fe)2O4
Mg(Al,Fe)2O4
Fe2O3, Mg(Al,Fe)2O4
Fe2O3, Mg(Al,Fe)2O4
Fe2O3, Mg(Al,Fe)2O4
Fe2O3, Mg(Al,Fe)2O4
Fe2O3, Mg(Al,Fe)2O4
Fe2O3, Mg(Al,Fe)2O4
Fe2O3, Mg(Al,Fe)2O4
Fe2O3, Mg(Al,Fe)2O4
Mn7SiO12, SiO2
Mn7SiO12, SiO2 etc.
MnSiO3, SiO2 (3)
Mn7SiO12, MnSiO3, SiO2 etc.
Mn3O4, ZrO2, C
Mn3O4, ZrO2, C

After red.
Fe3O4, ZrO2
Fe3O4, ZrO2
Fe3O4, ZrO2, ZrSiO4
Fe3O4, Al2O3
Fe2O3, Fe3O4, Al2O3
Fe3O4, Al2O3
Fe3O4, Al2O3
Mg(Al,Fe)2O4
Mg(Al,Fe)2O4
Mg(Al,Fe)2O4
MgFeAlO4, Mg(Al,Fe)2O4
MgFeAlO4, Mg(Al,Fe)2O4
MgFeAlO4, Mg(Al,Fe)2O4
MgFeAlO4, Mg(Al,Fe)2O4
MgFeAlO4, Mg(Al,Fe)2O4
MgFe3O4, MgFeAlO4
MgFe3O4, MgFeAlO4
MgFe3O4, MgFeAlO4
Mn2SiO4, SiO2 etc.
MnSiO3, SiO2 (3)
Mn2SiO4, MnSiO3, SiO2 etc.
MnO, ZrO2
MnO, ZrO2
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After ox.
Fe2O3, Al2O3
Fe2O3, Al2O3 (2)
-

Comment

Uncertain
Uncertain
Uncertain
Uncertain
Uncertain
Uncertain
Uncertain
Uncertain
Uncertain
Uncertain
Uncertain
Uncertain
Uncertain
Uncertain
Uncertain

ECSC-7220-PR125
M4Z1300
M4CZ950
M4CZ1100
M4CZ1200
M4CZ1300
M4MZ950
M4MZ1100
M4MZ1150
M4MZ1200
M4MZ1300
M4CeZ950
M4CeZ1100
M4CeZ1300
N4AN1300
N4AN1600
N4AC1400
N4AC1600
N4AB1300
N6AM1400
N6AM1500
N6AM1600
N6M1100
N6M1200
N6M1300

Capture of CO2 in Coal Combustion

Mn3O4, ZrO2 (2)
Mn3O4, ZrO2, Ca0.15Zr0.85O1.85
Mn3O4, ZrO2, Ca0.15Zr0.85O1.85
Mn3O4, ZrO2, Ca0.15Zr0.85O1.85
Mn3O4, ZrO2
Mn3O4, ZrO2
Mn3O4, ZrO2
Mn3O4, ZrO2
Mn3O4, ZrO2
Mn3O4, ZrO2
Mn3O4, ZrO2, Zr0.84Ce0.16O2
Mn3O4, ZrO2, Zr0.84Ce0.16O2
Mn3O4, ZrO2, Zr0.84Ce0.16O2
NiO, NiAl2O4
NiO, NiAl2O4
NiO, NiAl2O4, CaSiO3
NiO, NiAl2O4
NiO, MgAl2O4, NiAl2O4
NiO, MgAl2O4, NiAl2O4
NiO, MgAl2O4, NiAl2O4
MgNiO2
MgNiO2
MgNiO2

MnO, ZrO2 (2)
MnO, ZrO2, Ca0.15Zr0.85O1.85
MnO, ZrO2, Ca0.15Zr0.85O1.85
MnO, ZrO2, Ca0.15Zr0.85O1.85
MnO, ZrO2
MnO, ZrO2
MnO, ZrO2
MnO, ZrO2
MnO, ZrO2
MnO, ZrO2
MnO, ZrO2, Zr0.84Ce0.16O2
MnO, ZrO2, Zr0.84Ce0.16O2
MnO, ZrO2, Zr0.84Ce0.16O2
Ni, NiAl2O4
Ni, NiAl2O4
Ni, NiAl2O4, CaSiO3
Ni, NiAl2O4
Ni, MgAl2O4, NiAl2O4
Ni, MgAl2O4, NiAl2O4
Ni, MgAl2O4, NiAl2O4
MgNiO2
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As indicated in Table A.1.2.1, three oxygen carriers did not show any significant reactivity at
all, these were M4S1100, M4S1200 and N6M1300. The reason for this is most likely
associated with the formation of irreversible compounds through solid state reactions that
occurred between metal oxide and inert material during heat treatment. This was also
confirmed through analysis with x-ray powder diffraction, see Table A.1.2.2. For this reason
these three particles are not considered to be suitable for chemical-looping combustion.
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Figure A.1.2.5a-c. Rate index as a function of crushing strength for a) Iron-, b) Manganeseand c) Nickel based oxygen carriers. Numbers are taken from Table A.1.2.1. Circle around
number indicates de-fluidization during reactivity investigation.
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In Figure A.1.2.5 a-c the rate index vs. crushing strength is shown for iron, manganese and
nickel based oxygen carriers. Note that the scales are logarithmic and differs significantly
between the three figures. Also included in the figures are the particles which de-fluidized at
some point during reaction, represented by circles. De-fluidization here means that a small
force was necessary to separate the particle from each other after an experiment. The
phenomenon of de-fluidization of oxygen carriers is not easy to define or understand, it was
however clear that no severe agglomeration occurred at any of the investigated particles.
Furthermore, experiments on the same particles in other reactors indicate that the problem of
de-fluidization can be avoided by using larger height/width ratio of the bed, or by simply
avoiding the reduction of the particles to too low degrees of conversion. Cho et al. found that
iron oxide particles on alumina de-fluidized only when there was significant FeO formation.
(Cho et al., 2005) Further Cho et al. investigated the 40% Mn3O4 on Mg stabilized ZrO2
sintered at 1150°C, i.e. oxygen carrier #29, in more detail in the same paper, and found no
signs of agglomeration independent of the time under reducing conditions.Thus, defluidization may not necessarily have to be a problem at scale-up. The tendency that hard
particles are less reactive is clearly seen for the iron- and manganese particles. Since hard
particles normally are less porous, it is not surprising that their reactivity is lower. For iron,
F6A1300, F4AM1100 and F6AM1100 (#4, #8 and #11), seem to best suited for chemicallooping combustion, if the properties of reactivity, strength and good fluidization-behavior are
all taken into consideration. Based on the same criteria, M4CeZ950 and M4CZ1100 (#32 and
#24) would be the best option for the manganese oxides. However, more particles could be
considered as suitable if de-fluidization is not a problem in scale-up. For nickel, N6AM1400
and N6AM1500 (#39 and #40) are the most promising particles; although both N4AN
particles (#35 and 36) showed relatively high strength and reactivity. N4AB1300 (#38) is also
very reactive but may be too soft to be suitable in a real application.
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Figure A.1.2.6 Rate index as a function of crushing strength for all the investigated particles.
Numbers are taken from Table A.1.2.1. Circle around number indicates de-fluidization.

When comparing all oxygen carriers it becomes clear that the nickel oxides are by far the
most reactive ones. This can be seen in Figure A.1.2.6 where all investigated particles are
displayed in one graph as rate index vs. crushing strength. Furthermore, the reactivities of the
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most reactive nickel oxides are limited by the supply of incoming methane in the experiments,
as can be seen in Figure A.1.2.4c. This means that the rate indexes presented for some nickel
oxides are underestimated. The iron oxides are in general the hardest but not very reactive,
whereas the manganese based carriers seem to be somewhere in-between nickel and iron in
strength and reactivity. In general, de-fluidization mainly seems to concern manganese based
oxygen carriers.
A.1.2.3 Conclusion

In this phase of the more than fifty oxygen carriers based on iron-, manganese- and nickel
oxides on different inert materials were prepared. The carriers were tested with respect to
parameters which are important for use in a chemical-looping combustor, i.e. reactivity,
crushing strength´as well as physical and chemical characterization. Reactivity tests under
alternating oxidizing and reducing conditions were performed in a laboratory fluidized bedreactor of quartz. Reduction was performed in 50% CH4/50% H2O while the oxidation was
carried out in 5% O2 in nitrogen. In general nickel particles are the most reactive, followed by
manganese. Iron particles are harder but have a lower reactivity. An increase in sintering
temperatures normally leads to an increase in strength and decrease in reactivity. Several
particles investigated display a combination of high reactivity and strength as well as good
fluidization behavior, and are feasible for use as oxygen carriers in chemical-looping
combustion.
A.1.3 Selected particles for further testing

A vast number of oxygen carriers were tested at CSIC and Chalmers using three different type
of preparation methods. Particles of all investgated transition state metals Fe, Cu, Ni and Mn
were found which could feasible be used as oxygen carriers. More specifically the following
particles were selected and tested further:
1. 10 wt% CuO on Al2O3 prepared by impregnation (C1A-I)
2. 60% Fe2O3 with Al2O3 prepared by freeze granulation (F6A-FG)
3. 40% NiO with Al2O3 prepared by freeze granulation (N4A-FG)
4. 60% NiO with MgAl2O4 prepared by freexe granulation (N6AM-FG)
5. 40% Mn3O4 with ZrO2 (doped with Mg) (M4MZ-FG)
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A.2 Task 2. Comprehensive testing of oxygen carrier particles
A.2.1. Work perfomed at CSIC

After the selection of the most feasible oxygen carriers to be used in a CLC, a detailed reactivity
of the materials was carried out to determine their behaviour during the reduction with CO and
H2, and oxidation reactions at different operating conditions, and to determine the kinetic
parameters. The oxygen carriers selected for this study were C1A-I, F6A- FG, and N4A-FG,
which properties are showed in Table A.2.1.1.
Table A.2.1.1. Properties of the oxygen carriers.

C1A-I

F6A-FG

N4A-FG

Active MeO content (wt %)

10

45

40

Particle size (mm)

0.17

0.15

0.2

Porosity

0.57

0.30

0.36

Specific surface area BET (m2 g-1)

41.3

2.5

0.8

Apparent density (kg m-3)

1800

3257

3446

Oxygen transport capacity, R0

2.0

1.3

8.4

A.2.1.1. Task 2.1. Detailed reactivity analysis

The kinetic of the reduction and oxidation reactions has been carried out in a CI
thermobalance (see section A1.1). The composition of the gas used for the reduction reaction
was varied to cover the great majority of the gas concentrations present in the fuel reactor of a
CLC system (Fuel (CO, H2): 5-70 vol. %; H2O: 0-48 vol. %; CO2: 0-40 vol. %). For the
oxidation reaction, oxygen concentrations from 5 to 21 vol. % were used. Moreover, several
temperatures from 773 to 1223 K were used to determine the kinetic parameters of the
different oxygen carriers.
Kinetic model. There are several resistances that can affect the reduction reaction rate of the
oxygen carrier with the fuel gas or the oxidation with air. Previous calculations showed that
both external and internal mass transfer resistances were not important in the reactions
involved in CLC systems. Moreover, the reaction heat did not affect the particle temperature,
and isothermal particles were considered (García-Labiano et al., 2005). For the oxygen
carriers produced by freeze-granulation or mechanical mixing, it was assumed that the grains
of the reactive material are homogeneously distributed inside the particle together with the
grains of the inert material. In this case, the changing grain size model (CGSM) used to
determine the kinetic parameters considered that the oxygen carrier was composed by
independent grains of metal oxide and inert. However, when the oxygen carriers were
prepared by impregnation, it seems more feasible to think that the metal oxide was
homogeneously distributed all over the particle covering the surface of the pores (GarcíaLabiano et al., 2004b). In this case, the shrinking core model for plate-like geometry in the
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porous surface of the particle was used for the kinetic determination. Table A.2.1.2 shows the
CGSM equations used for the kinetic determination. These equations also consider the
thermodynamic limitations existing in the gas concentration when the Ni-based oxygen
carriers are used, and the effect of the gas product in the diffusion resistance. Table A.2.1.3
shows the kinetic parameters determined for the different oxygen carriers and reactions
including the reduction with CO and H2, and the oxidation with air.
Cu-based oxygen carrier. (C1A-I). In the fuel and air reactors of a CLC system, the oxygen
carrier will react with the fuel gas (CO or H2) or the oxygen under different gas
concentrations at different locations of the reactor. To determine the effect of the fuel gas
concentration on the reduction reaction rate, several experiments were carried out at 1073 K
Table A.2.1.2. Equations used for the kinetic determination

Chemical reaction
Spherical grains
t
= 1 − (1 − X )1 / 3
τr

τr =

ρ m r0
n1
b k (C n1 − Ceq
)

k = k 0 e − E / RT
Plate-like geometry (for oxygen carriers prepared by impregnation: Cu-based oxygen carriers)
t
=X
τr

τr =

ρm L
b k C n1

Product layer diffusion

[

]

ρ m r02

t 
1 − Z + (1 − Z)(1 − X ) 2 / 3 
= 1 − (1 − X ) 2 / 3 +

τd 
Z −1


τd =

D e = D e , 0e − k x X

k x = k x ,0e − E / RT

De,0 = De,00e − E / RT

2 b De C n 2 (1 + k H 2 OC nH32 O )

with CO and H2. Figure A.2.1.1 shows the results obtained with the oxygen carrier as a
function of the fuel gas concentration. The experimental data are represented by symbols and
the model predictions with the kinetic parameters finally obtained are plotted in all the figures
as continuous lines. Similar experiments were carried out to know the effect of the oxygen
concentration. These experiments were used to determine the reaction order of the different
reactions, which are showed in Table A.2.1.2.
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Figure A.2.1.1. Effect of gas concentration on the reduction reaction of the C1A-I oxygen
carrier. P=1 atm.

Table A.2.1.3. Kinetic parameters of the oxygen carriers.
C1A-I

F6A-FG

N4A-FG

H2

CO

O2

H2

CO

O2

H2

CO

O2

ρm (mol/m3)

80402

80402

140251

32811

32811

22472

89290

89290

151520

r or L (m)

4.0 10-10

4.0 10-10

2.3 10-10

2.6 10-7

2.6 10-7

2.6 10-7

6.9 10-7

6.9 10-7

5.8 10-7

b

1

1

2

3

3

4

1

1

2

k0 (mol1-n m3n-2 s-1)

1.0 10-4

5.9 10-6

4.7 10-6

2.3 10-3

6.2 10-4

3.1 10-4

9.3 10-3

5.2 10-3

1.8 10-3

E (kJ/mol)

33

14

15
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The effect of the temperature on the reaction rate of the oxygen carrier was later investigated.
Figure A.2.1.2 shows an example of the conversion versus time data obtained at temperatures
from 773 to 1073 K for the different gases. It is remarkable the high initial reaction rates of
the oxygen carrier even at low temperatures. The reduction reaction was normally composed
by two different steps at temperatures below 973 K. The initial stage was characterized by a
high reaction rate, which was followed by a sharply decrease in the reactivity. These steps
would be associated to different resistances to the global reaction, that is, the chemical
reaction and the product layer diffusion, respectively. However, the decrease in the reaction
rate did not take place at typical temperatures used in CLC systems (> 1023 K), and the full
conversion was reached at a nearly constant reaction rate. In these cases, it can be considered
that the chemical reaction controls the reduction of the oxygen carrier. Therefore, only the
parameters corresponding to this resistance were determined in this study.
On the other hand, the oxidation reaction was very quick even at the lowest temperature
tested, 773 K. Oppositely to the reduction reaction, no decrease in the reaction rate was
observed during the oxidation reaction, and the oxygen carrier was completely oxidized in a
very short period of time.
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Figure A.2.1.2. Effect of temperature on the reduction reaction of the oxygen carrier with
different fuel gases; temperature (K): 723, 773, 823, 873, 923, 973, 1023, 1073;
model predictions.

In the fuel reactor of a CLC system, the oxygen carrier is also in contact with the H2O and/or
CO2 produced during the reaction. Several experiments carried out with different gas product
concentrations showed that these gases did not affect the reaction rate of the CuO
impregnated on alumina with CO or H2.
Fe-based oxygen carrier. (F6A-FG). This oxygen carrier was prepared by freeze-granulation
at Chalmers. The particles were prepared using 60% Fe2O3 and 40% Al2O3. Experiments in
the TGA showed that not all of the oxygen in the Fe2O3 was active, but rather that it contained
45% of active Fe2O3 under these reaction conditions. This is likely due to that the reduced
state is FeO. Iron compounds needs special attention due to their different oxidation states
(Fe2O3-Fe3O4-FeO-Fe). Depending on gas composition, the reduction of Fe2O3 can finish in
one of the above products, and consequently, the value of R0 will be very different depending
on the reaction considered. However, only the transformation from hematite to magnetite
(Fe2O3 - Fe3O4) may be applicable for industrial CLC systems. Further reduction to FeO
would produce a high decrease in the CO2 purity obtained in the fuel reactor because of the
increase in the equilibrium concentrations of CO and H2 (Copeland, 2001). Because in the
TGA system it was not possible to stop the reaction in the Fe3O4 product, the first part of the
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experimental curves was used to determine the kinetic of the reaction from Fe2O3 to Fe3O4.
On the other hand, the oxidation curves depended on the final products obtained during the
reduction step. In this work, only the oxidations corresponding to the transformation FeOFe2O3 were considered.
Figure A.2.1.3 shows the results obtained with the Fe-based oxygen carrier as a function of the
fuel gas concentration. The oxygen carrier exhibited a high reactivity both for reduction and
oxidation with full conversion to Fe3O4 in times lower than 0.5 minute in the majority of the
conditions. Figure A.2.1.4 shows the conversion versus time data obtained at temperatures
from 1073 to 1223 K for the different fuel gases (CO, H2) and air. This oxygen carrier
exhibited very low dependence on temperature in all cases, which gave very low activation
energies, as can be observed in Table A.2.1.3.
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Figure A.2.1.3. Effect of gas concentration on the reduction and oxidation reactions of the Febased oxygen carrier. Transformation Fe2O3-Fe3O4.
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Figure A.2.1.4. Effect of temperature on the reduction and oxidation reactions of the Fe-based
oxygen carrier. Transformation Fe2O3-Fe3O4.
Ni-based oxygen carrier. (N4A-FG). This oxygen carrier was prepared by freeze-granulation
at Chalmers, and contained a 40% of active NiO. When a Ni-based oxygen carrier is used in a
CLC system, it is not possible to achieve the complete fuel gas conversion because of
thermodynamic limitations. The equilibrium constants for the reduction reactions are the
following:

NiO + H2 → Ni + H2O Keq, 950 ºC = 137.2

(A.2.1.1)
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NiO + CO → Ni + CO2 Keq, 950 ºC = 92.6

(A.2.1.2)

In this case, it is necessary to consider the gas concentration at the equilibrium in the kinetic
study, as can be observed in the equations showed in Table A1.2.1. To determine the effect of
the fuel gas concentration on the reduction reaction rate, several experiments were carried out at
1223 K with CO and H2. Figure A.2.1.5 shows the results obtained with the Ni-based oxygen
carrier as a function of the fuel gas concentration. Similar experiments were carried out to know
the effect of the oxygen concentration. The reaction order for the different reactions obtained
from these experiments is showed in Table A.2.1.3.
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Figure A.2.1.5. Effect of gas concentration on the reduction reaction of the Ni-based oxygen
carrier.

The effect of the temperature on the reaction rate of the Ni-based oxygen carrier was later
investigated. Figure A.2.1.6 shows the conversion versus time data obtained at temperatures
from 1073 to 1223 K for the different fuel gases (CO, H2) and air. As was the case with the
Cu-based oxygen carrier, this carrier also exhibited high initial reaction rates even at low
temperatures, reaching a conversion of 50% at times lower than 30 seconds. However, the
reaction rate decrease a lot for the last part of the curve. These two steps were associated
again with the different resistances affecting to the global reaction, that is, the chemical
reaction and the product layer diffusion, respectively. The mixed effect of both resistances
made that the curves corresponding to the reduction with H2 at different temperatures were
crossed. The initial part of the curves (up to conversions above 60%) was well predicted with
chemical reaction control but for the prediction of the whole reduction curve it was necessary
to add the parameters corresponding to the product layer diffusion resistance.
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Figure A.2.1.6. Effect of temperature on the reduction and oxidation reactions of the Ni-based
oxygen carrier.
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On the other hand, the oxidation reaction was very quick at all temperatures in the initial stages.
However, the decrease in the reaction rate started at different conversions depending on the
temperature tested. In this case, it was necessary to use a product layer diffusivity depending on
the conversion, increasing the number of parameters necessary for the prediction of the
experimental curves in the whole range of time.
Effect of pressure. The present trend in the syngas production in power plants is towards the
pressurized operation, as it is normal in the integrated gasification combined cycle (IGCC)
systems because, allows the increase of the thermal efficiencies (Takematsu, 1991). The use
of a pressurized CLC system would have also several advantages. First, the efficiency of the
cycle in the CLC power plant will be increased (Wolf et al., 2001); second, recovering of the
CO2 as a high-pressure gas requires only a very small amount of additional power for further
compressing the CO2 to pipeline (35 atm) or sequestration pressure (100 atm), (Copeland et
al., 2001). However, very little work can be found in the literature about the pressure
operation of CLC (Copeland et al., 2001; Jin and Ishida, 2002, 2004; Ryu et al., 2002; Wolf et
al., 2005).

To analyse the effect of total pressure on the behaviour of the oxygen carriers, several
experiments were carried out in a pressurised Cahn TG-2151 thermobalance (Figure A.2.1.7).
The thermobalance consists of a quartz tube (31 mm i.d.) placed in an oven that can be
operated at pressurized conditions. To reduce mass transfer resistance around the sorbent
sample, the sample holder was a wire mesh platinum basket (11 mm diameter and 4 mm
height). Temperature, pressure, and sample weight were continuously measured and recorded
on a computer. The reacting gas mixture (83 cm3 s-1 STP) containing H2/N2, or CO/CO2/N2,
or O2/N2 were controlled by electronic mass flow controllers. Condensation problems in the
lower part of the PTGA prevent the H2O feeding in the system. On the other hand, CO2 was
introduced together with CO to avoid carbon formation by the Boudouard reaction.
Microbalance

Computer

1
5
0.8 10

Gas out

20
30 atm

Pressure
regulator

0.6
C / Ci

Nitrogen
purge

1.0

Furnace

0.4

0.2

H2
CO

Nitrogen purge
Thermocouple

CO2

0.0
0.00

N2

0.25

0.50

0.75

1.00

Time (min)

Air

Figure A.2.1.7. Scheme
of the pressurised
thermogravimetric
analyzer (PTGA).

Figure A.2.1.8. Real gas
concentration around the
sample particles in the
PTGA.
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Gas dispersion in the PTGA. A common problem in the use of PTGA is that the inlet gas flow
is limited by the disturbances produced in the weight signal when high pressures are used. For
the maximum gas flow used in the PTGA system at high pressures, the assumption of gas
plug flow is not correct and the gas concentration around the particles is not constant during
the initial stages of reaction. To determine the gas dispersion in the PTGA system, a gas
analyzer was located at the outlet of the system, after the pressure control valve. A step gas
tracer input allowed us to determine the F curve at different total pressures, and the gas
dispersion in the sample location was calculated with the equations for non-ideal flows in
practical reactors (Danckwerts, 1958; Levenspiel, 1981). Figure A.2.1.8 shows the gas
concentration around the sample particles as a function of time for different pressures,
working at the maximum stable flowrate (4 l/m STP). The times necessary to reach the
desired concentration varied from ≈1 s at atmospheric pressure up to ≈40 s at 30 atm.
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To analyze the effect of total pressure on the behaviour of the oxygen carriers, two kinds of
experiments were carried out in the PTGA. First, experiments with a constant molar fraction
(10 vol %) of reducing gas, CO or H2, and different total pressures up to 30 atm were
performed at 1073 K. Figure A.2.1.9 shows, as an example, the results obtained during the
reduction of the Cu-based oxygen carrier. Since an increase in the operating pressure
represents also an increase in the reacting gas partial pressure, an increase in the reaction rate
of the oxygen carriers would be expected. However, a small decrease in the reaction rate with
increasing pressure was detected for all the oxygen carriers and reactions analyzed in this
work. It must be considered, however, that the experimental data is the result of several
effects acting together as total pressure, partial pressure, and gas dispersion.
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Figure A.2.1.9. Effect of total pressure on the reduction reactions with CO and H2 of the Cubased oxygen carrier for a constant molar fraction of reacting gas. Experimental data: 1
atm, 5 atm, 10 atm, 20 atm, 30 atm.

To deeply analyze the effect of total pressure, other experiments were performed with a
constant gas partial pressure of 1 atm. Figure A.2.1.10 shows the results obtained at 1073 K
for the different oxygen carriers and reaction gases. A sharp decrease of the reaction rate with
increasing total pressure was observed in all cases. This negative effect of pressure has been
also observed by other authors in several gas-solid reactions (Agnihotri et al, 1999; Qiu et al.,
2001; Adánez et al., 2004a; García-Labiano et al., 2004b).
Because of the gas dispersion existing in the PTGA system at high pressures, the reactivity
data was obtained with a non-constant concentration, and equations of Table A.2.1.2 could
not be directly used to determine the kinetic parameters. However, it was possible to know the
instantaneous reaction rates, dX/dt, obtained with the real gas concentrations around the
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sample particles showed in Figure A.2.1.8. The theoretical conversions versus time curves
were obtained by integration of the instantaneous reaction rate values.
The use of CGSM and the kinetic parameters obtained at atmospheric pressure together with
the real gas concentrations around the particles, which were obtained considering the gas
dispersion in the system, were unable to predict the experimental results obtained at higher
pressures. Changes in the diffusivity values, within normal ranges, by the effect of pressure
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Figure A.2.1.10. Effect of total pressure on the reduction and oxidation reactions of the
oxygen carrier for a constant partial pressure of reacting gas. Experimental data: 1 atm, 5
atm, 10 atm, 20 atm, 30 atm. Continuous lines = model predictions considering the effect
of pressure and gas dispersion.
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were not valid to predict the experimental results at pressurised conditions. The most probable
reason of the pressure effect was the changes suffered by the oxygen carriers in their internal
structure during pressure operation (Chauk et al., 2000) although this aspect was not be
corroborated in this work. To know the magnitude of the effect of total pressure on the
decrease of the reaction rates, an empirical fit was done. The value of the preexponential
factor at pressurized conditions, k0,p, which best fit the experimental data considering the gas
dispersion was obtained for each oxygen carrier and reaction. Figure A.2.1.11 shows the
k0,p/k0 values obtained for all reactions as a function of total pressure. In the majority of the
cases, a sharp decrease in the value of k0,p was observed when the pressure changed from 1
to5 atm, with a smoother decrease for increasing pressures. For some reactions the decrease
was softer, although in any case the values of k0,p at 30 atm were between 5 and 95 times
lower than at atmospheric pressure. Finally, an apparent preexponential factor was determined
as a function of total pressure and the preexponential factor obtained at atmospheric pressure

k 0, p =

k0
Pd

(A.2.1.3)

Table A.2.1.3 shows the values of the parameter "d" obtained for the different oxygen carriers
and reacting gas. In this way it was possible to predict the experimental results, showed as
continuous lines in Figure A.2.1.10, within the range of total pressures used and when the
molar fraction or the partial pressure of the reacting gas was maintained constant.
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Figure A.2.1.11. Effect of total pressure on the decrease of the preexponential factor for the
different oxygen carriers and reactions.
Application of reactivity to design criteria. The kinetic data above obtained at atmospheric
pressure were used to calculate some design parameters of a CLC system, as the recirculation
rate and the total solid inventory. More information about the detailed mathematical equations
can be found in García-Labiano et al. (2004b). The oxygen carrier used for this study was the
C1A-I.

Recirculation rate. The CLC concept is based in the transport of oxygen from the air to the
fuel reactor by means of a carrier. The recirculation rate of oxygen carrier can be calculated
from a mass balance in the fuel reactor, and it mainly depends on the conversion variation
obtained by the oxygen carrier in the fuel and air reactors. Figure A.2.1.12 shows the
recirculation rate as a function of the solid conversion variation to obtain complete conversion
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of fuel gas (∆Xf=1), and taking as reference a power plant of 1 MWf. To obtain 1 MWf , a
flow of 1.25 mol CH4 s-1, 3.53 mol CO s-1, or 4.14 mol H2 s-1 are necessary, as a consequence
of their different combustion heat (∆Hc,CH4= -802 kJ mol-1, ∆Hc,CO= -283 kJ mol-1, ∆Hc,H2= 242 kJ mol-1). It must be also considered that to obtain 1 MWf from the use of CH4, H2, or CO
it is necessary to transport 5, 4.14, or 3.53 mol O s-1, respectively. Obviously, the solid flow
was higher as the transport of oxygen needed for the reaction became higher, although the
differences between the three fuel gases were small. The lowest solids flow per MWf of fuel
gas corresponded to the N4A-FG oxygen carrier due to the high oxygen transport capacity of
the NiO and to the high active metal oxide content (40 wt%). The other oxygen carriers
showed similar recirculation rates. The values found for the C1A-I oxygen carrier is a
combination of the high oxygen transport capacity of the CuO and the low active metal oxide
content (10 wt%), while the Fe45Al-FG oxygen carrier has a high active metal content (45
wt%) and low oxygen transport capacity.
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Figure A.2.1.12. Recirculation rate as a function of the oxygen carrier conversion (oxygen
carrier C1A-I; 1 MWf of fuel gas).

It must be considered however that for the Cu-based oxygen carriers the recirculation rate is
not limited by the heat balance, as it happens with the Fe and Ni- based oxygen carriers,
because both the reduction and the oxidation reactions are exothermic. The heat transport
from the air reactor to the fuel reactor necessary to fulfill the heat balance in the system when
using Fe- and Ni-based oxygen carriers forces in these cases to the use of high recirculation
rates.

Solids inventory. The solids inventory in the CLC system for any fuel conversion can be
obtained from a mass balance to the solid and gas in the fuel and air reactors. Therefore, the
solid inventory for a given oxygen carrier depends on the recirculation rate and on the solid
conversion at the inlet to each reactor, as well as on their metal oxide content and reactivity.
For preliminary estimations, it has been considered that the reactions between the gas fuel and
air with the oxygen carrier take place in a bubbling fluidized beds (fuel reactor) or in the
dense zone at the bottom of the riser (air reactor). Therefore, it was assumed perfect mixing of
the solids, gas plug flow in the beds, no resistance to the gas exchange between the bubble
and emulsion phases, and complete conversion of the gas fuel.
Figure A.2.1.13 shows the total inventory of oxygen carrier per MWf of CO and H2 in the
CLC system as a function of the oxidation conversion in the air reactor, X o,AR , and the
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variation of solid conversion between the two reactors, ∆Xs. Obviously, X o,AR is the same to
the solid conversion at the inlet of the fuel reactor, X o,inFR . The solid conversion at the inlet of
the air reactor, X o,inAR , can be calculated directly from X o,inFR and ∆Xs. The level curves
indicate conditions with a same total solid inventory of oxygen carrier in the CLC system.
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Figure A.2.1.13. Total solids inventory of oxygen carrier (fuel and air reactors) for the
combustion of 1 MWf of CO and H2.
Zone with the same solid inventory;
minimum
solid inventory at a fixed ∆Xs.

It can be observed that, for a given ∆Xs, the total solid inventory presents a minimum with
X o,AR . On the other hand, for a given X o,AR , the solid inventory in each reactor, and therefore
in the whole CLC system, increases as ∆Xs increases. At values of ∆Xs lower than 0.1, there
are different pairs of values ( X o,AR , ∆Xs) that fulfill the minimum solids inventory in the
Table A.2.1.4. Minimum solid inventories for different fuel gases at atmospheric pressure.
Cu10Al-I
Fuel gas

CH4

H2

F6A-FG
CO

N4Al-FG

CH4

H2

CO

CH4

H2

CO

Solid inventories (Kg of oxygen carrier)
Minimum

112

73

88

130

38

52

32

25

30

Minimum at
∆Xs=0.3

133

86

104

175

52

71

44

35

40

Solid inventories (Kg of MeO used)
Minimum

14.5

9.5

11.5

78

22.8

31.2

19.2

15

18

Minimum at
∆Xs=0.3

17.3

11.2

13.5

105

31.2

42.6

26.4

21

10.8
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system. Table A.2.1.4 shows the minimum solids inventory per MWf of CH4, H2 and CO.
Although the oxidation rate is the same independently of the gas used for the reduction, the
differences observed among gas fuels are due to the different oxygen flow necessary to fulfill
the mass balance in the system. However, low values of ∆Xs gave high recirculation rates.
Oppositely, high values of ∆Xs gave high solid inventories. The optimum values of ∆Xs to get
low recirculation rates and low solid inventories should be about 0.2-0.4. Table A.2.1.4 shows
the minimum solid inventories in the CLC system at ∆Xs equal to 0.3 for different fuel gases.
This value has been expressed as amount of oxygen carrier and as amount of metal oxide used
in the preparation of the oxygen carrier. The lowest solid inventories of oxygen carrier
corresponded to the N4A-FG because the NiO presents a high oxygen transport capacity and
the oxygen carrier has a high NiO content (40 wt%). The F6A-FG presents higher values due
to the lower oxygen transport capacity of the Fe2O3 (to Fe3O4). The higher inventories
corresponds to the C1A-I because, although the CuO can transport a lot of oxygen, the oxygen
carrier present a low active metal oxide content (10 wt%). However, if we consider the
amount of metal oxide used in the oxygen carrier manufacture we observed that the lowest
values correspond to the Cu-based oxygen carrier. This is because in the preparation of the
Fe- and Ni-based oxygen carriers, a part of the metal oxide reacts with the support during the
preparation and it is not useful for oxygen transport. In any case, the values of solids
inventories are not high and the three oxygen carriers could be used in a CLC system. It must
be remembered however that these values correspond to preliminary data, where the
resistance to the gas exchange between the bubble and emulsion phases, which can be
important in a fluidized bed, has been ignored.
The results obtained in this work can also very useful for the design of pressurized CLC
systems considering that the reactivity of the carrier material must allow sufficient reduction
and oxidation rates to fulfill the mass and energy balances. These balances are not affected by
the pressure, and are only dependent on the type and content of metal oxide existing in the
oxygen carrier.
Taking as reference the same thermal power and using the same gas velocity, the diameter of
the reactors in a pressurized CLC plant are smaller than in an atmospheric CLC plant.
Oppositely to the expected, we have found that an increase in the operating pressure produced
a small decrease in the reaction rates of the oxygen carriers. The solids would need higher
residence times to fulfill the mass balance and taller beds would be necessary in a pressurized
CLC plant. The solids inventory in the system should be also higher although the exact values
will depend on the oxygen carrier used. To better know these values it is not satisfactory to
use the kinetic parameters obtained at atmospheric pressure. Although an initial approach has
been made in this work to consider the effect of the total pressure on the kinetic parameters, it
is advisable to determine them at the operating pressure of the CLC plant.
A.2.1.2 Investigation of M4MZ-FG and N6AM-FG

The reactivity of the two additional samples which showed good behavior at Chalmers was
performed. These corresponds to the samples N6AM-FG, i.e. 60 wt% NiO and MgAl2O4
(sintered at 1300, 1400, and 1500 ºC), and M4MZ-FG, i.e. 40 wt% Mn3O4 and Mg-ZrO2
(sintered at 1100, 1150, and 1200 ºC), and for several particle sizes (0.09-0.125, 0.125-0.18,
0.18-0.25 mm). Figures A.2.1.14 and A.2.1.15 shows the conversion versus time curves
obtained during the reduction and oxidation in the TG. The reduction was carried out with H2
(40 vol%) or CO/CO2 (40/10 vol%), and the oxidation was carried out with air.
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Figure A.2.1.14. Conversion curves obtained for the oxygen carrier NiO/MgAl2O4 sintered at
different temperatures. Thin lines = H2, gross lines=CO/CO2. dp=0.125-0.18 mm.

The reactivity of the oxygen carrier NiO/MgAl2O4 depended on the sintering temperature and
on the gas used for the reduction. A higher sintering temperature produced a lower reduction
and oxidation reaction rate, decreasing a lot for the highest sintering temperature (1500 ºC). On
the other hand, the reaction rate of the reduction with H2 was higher than the reduction with CO.
The particle size did not affect the reactions.
The reaction rate of the Mn-based oxygen carrier was very high and it was not affected by the
particle size or by the sintering temperature.
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Figure A.2.1.15. Conversion curves obtained for the oxygen carrier Mn3O4/Mg-ZrO2 sintered
at 1150 ºC. Thin lines = H2, gross lines=CO/CO2. dp=0.125-0.18 mm
A.2.2. Work performed at Chalmers
A.2.2.1. Introduction

Of the extensive amount of tested oxygen carriers within the screening phase of the project,
three particles were selected for further testing in the batch fluidized bed at Chalmers as well
as the continuous working prototype of CLC, see section A.4.1.
1. 40% Mn3O4/60% Mg-ZrO2 , M4MZ-FG, sintered at 1100°C; particle number 27 in
Table A.1.2.1.
2. 60% NiO/40% MgAl2O4 , N6AM-FG, sinterd at 1400°C; particle number 38 in Table
A.1.2.1.
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3. 60% Fe2O3 and 40% Al2O3 , F6A-FG, sintered at 1100°C. Note that the particle tested
in the screening phase, i.e. number 4 in Table A.1.2.1, was sintered at a higher
temperature. A somewhat lower sintering temperature was choosen to increase
porosity of the particle.
These three particles showed the combination of high reactivity under many oxidation and
reduction cycles, relatively high strength and limited or no particle breakage during the
fluidized bed tests. Below follows a discussion of the investigation in the batch fluidized
bed reactor of these oxygen carriers using both syngas and methane.

A.2.2.2. Experimental

The selected three types of particles were tested in the laboratory fluidized bed with a syngas
composed of 50% H2 and 50% CO at different temperatures. For comparison, fluidized bed
tests were also conducted with 100% CH4. The reactivity experiments in the fluidized bed
were performed in a similar way as with methane/steam explained in section A.2.1 and the
details of the data evaluation is also given there. The amount of bed material as well as the
fuel flow was the same for both methane and syngas, i.e. 15g and 450 ml/min respectivley,
and this would correspond to 57 kg/MWf for methane and 173 kg/MWf for syngas.
Two gas yields were defined as the ratio of the H2 and CO added which reacted to H2O and
CO2 respectively and were calculated from

γ CO =

x CO 2

(A.2.2.1)

x CO + x CO 2

and

γH =
2

x H 2O
x H 2O + x H 2

= 1−

x H2

(A.2.2.2)

x CO 2 + x CO

For the experiments conducted with 100% CH4, the gas yield was defined as

γ CH 4 =

x CH4

x CO2
+ x CO + xCO 2

(A.2.2.3)

A gas yield was defined for the oxidation period as,

γ ox =

pO2 ,in − pO2 , out

(A.2.2.4)

pO2 ,in

where pO2,in and pO2,out are the inlet and outlet partial pressures of O2 respectively. Thus a gas
yield of unity would mean that there is no measurable concentration of O2 from the exit of the
reactor, i.e. a high rate of reaction with the reduced metal oxide.
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A.2.2.3. Results

Reduction. Figure A.2.2.1-A.2.2.3 shows the outlet gas concentrations from the second
reduction period and third oxidation period for the experiment with the three selected oxygen
carriers at 950°C. In addition to being estimated by equilibrium, the hydrogen concentration
was measured using a gas chromatograph. For the manganese based oxygen carrier, there
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Figure A.2.2.1. Outlet gas concentrations for the iron based oxygen carrier at 950C using
syngas a) the second reduction period and b) the third oxidation period. The H2 concentration
as measured with a gas chromatograf is indicated by (,).
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Figure A.2.2.3. Outlet gas concentrations for the nickel based oxygen carrier at 950C using
syngas a) the second reduction period and b) the third oxidation period. The H2 concentration
as measured with a gas chromatograph is indicated by (,).
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Figure A.2.2.4. The gas yield for a) CO, γCO, and b) H2, γH2, as a function of ω for the
second reduction period using Ni ( ), Mn (&) and Fe (,).

was complete conversion of the fuel gas. Similarly, the iron based oxygen carrier had an
almost complete conversion of the fuel gas to carbon dioxide, although there was some CO
out from the reactor. This was the case even at very high degrees of oxidation of the oxygen
carrier, when the thermodynamic gas yield is complete. However, as seen from figure A.2.2.1
and A.2.2.2 no hydrogen was measured at these high degrees of gas yield for both iron and
manganese. As for the Ni-carrier there is also a high gas yield, albeit there is some CO and
H2 from the outlet even at these high yields, see Figure A.2.2.3. This is due to the
thermodynamic limitation for NiO to fully convert syngas to CO2 and H2O, see reactions
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(A.2.1.1) and (A.2.1.2). Figure A.2.2.4 shows the gas yield of H2 and CO as a function of the
mass-based degree of conversion, ω, for the second reduction period for the three investigated
oxygen carriers at 950°C. For iron it is clear that the hydrogen reacts at a fast rate in
comparison to the carbon monoxide. This confirms the findings in the TGA at CSIC for the
iron based oxygen carrier, where a somewhat faster reaction rate was measured using
hydrogen, see Figure A.2.2.4. Full gas yield was seen for manganese for both CO and H2,
while Ni had a gas yield less than unity for both CO and H2, most likely due to the
thermodynamic limitations. For comparison the gas yield is shown for experiments conducted
with methane at 950°C in Figure A.2.2.5. Clearly, there is considerable difference with respect
to the gas reactivity, and only Ni has a nearly full yield to carbon dioxide. As metallic Ni is a
good catalyst for both methane decomposition and steam reforming of methane, the methane is
most likely easily reformed to CO and H2 on the external and internal pore structure of the
particle where Ni sites are present. The CO and H2 then react at a high rate with the NiO. On
the other hand, Fe and Mn do not catalyze pyrolysis and reforming reactions at such a high rate,
which means that the overall reaction will proceed at a slower rate.
Figure A.2.2.6 shows the mass-based rate of reaction, dω/dt, as a function of the conversion
for the Mn, Fe and Ni based carriers using syngas and methane. At full yield of the syngas to
CO2 and H2O, the particles in the bed have the highest reactivity, corresponding to a rate of
0.00037/s in Figure 2.2.2.6a. The rate is here limited by the access to gaseous reactant. A
comparison between the two figures A.2.2.6a and b shows that the reaction rates are higher
for the oxygen carrier when using methane, which can be explained by the stoichiometry of
the reactions; whereas four moles of metal oxide reacts with one mole of methane only one
mole of metal oxide reacts per mole syngas (CO/H2). If the reaction rates were normalized
per mole of solid reactant, the rates in Figure 2.2.2.6a would increase by a factor 4 and thus be
comparable to that of Ni in Fig. 2.2.2.6b. However, because the solids inventory is inversely
proportional to dω/dt this will have implications for a real system. (Garcia-Labiano et al.,
2004).
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The reactivity with syngas was investigated for different temperatures in the range 650950°C. Fig. 2.2.2.7 shows the gas yield of CO to CO2, γCO, for the three investigated oxygen
carriers. Manganese showed no difference in reactivity as a function of temperature, for iron
small differences were found, but still a high gas yield was achieved independent of the
temperature. For Ni however, there was a clear decrease in reactivity at lower degrees of
conversion, see Figure. A.2.2.2.7c.
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A.3 Task 3. Fluidisation conditions.
A.3.1 Work performed at VUT

The objective of task 3, carried out by the Institute of Chemical Engineering, Vienna
University of Technology, was the determination of the effects of reactor design, solid
properties and fluidisation conditions on the fluid dynamics (solids circulation rate, gas
leakage) of CLC reactor designs. To this end, three reactor concepts, differing in scale and
operating conditions, were designed and tested experimentally by means of scale models
operated at ambient temperatures. The relationships of the operating parameters obtained
from experimental work were integrated into mathematical models. Such, the reactor system
characteristics could be made independent on size and reliable scale-up tools for future
chemical-looping combustion plants are available. From the results of the cold-model testing
a hot prototype CLC reactor was constructed and operated at Chalmers. Further, a number of
small mathematical models facilitating the design procedure were developed.
A.3.1.1 Laboratory scale CLC unit

From previous research arose a need to study smaller amounts of different oxygen carrier
particles in a continuous mode and to demonstrate the CLC process for the coal syngas
application. The purpose of the first CLC reactor design at laboratory scale was therefore to
develop a small CLC laboratory reactor to be used for i) the study of the process, and ii)
testing of different oxygen carriers. The unit is characterised by a simple design and a small
bed inventory. The design (Figure A.3.1.1b) chosen for this CLC system is a twocompartment fluidised bed having a thermal power range of 100 – 300Wth for the original
reactor.
Four different reactor layouts were designed, constructed, and tested in respect of the solids
flow and the gas leakage (Table A.3.1.1). A final design, optimised in terms of solids flow
and gas mixing, was constructed and put into operation.
Table A.3.1.1. Design variations and main dimensions
design

A
B
C
D

FR
dimension
[mm]
19 x 19
19 x 19
19 x 19
19 x 19

AR dimension
(bottom)
[mm]
19 x 27
19 x 27
19 x 27
19 x 27

downcomer
width
[mm]
9
9
11
11

slot
height
[mm]
8
4.5
1.5
1.2

slot
profile

I
I
I
T

Results of pressure drop measurements
Pressure drop measurements were carried out at up to nine positions at the cold flow model.
Figure A.3.1.1 shows some results. It can be observed that as a consequence of the different
gas velocities in the reactors (uAR= 1.6·ut, and uFR = 18·umf) large differences in the bed
porosity follow, causing a lower pressure gradient in the “slow-fluidised” bed. The “fastfluidised” bed, on the other hand, shows a pressure profile which is similar to typical CFB
risers, having a higher pressure drop in the bottom zone followed by a dilute zone. The
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pressure and the solids flow loops are closed by the downcomer. A particle column balances
the pressure differences between the air reactor and the fuel reactor at the height of the
particle return orifice. The solids column also minimises gas leakage through the downcomer
in both directions. At the height of the bottom return slot the pressure is higher in the fuel
reactor and the pressure difference causes particles to flow from the fuel reactor to the air
reactor

Height above gas distributor [mm]

180

fuel reactor (FR)

160

PS

air reactor (AR)

140
downcomer top

120
100

downcomer

80

D

solids return
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60
40

bottom return
slot (RS)

20

FR

AR

0
0

100

200

300

400

500

Pressure [Pa]

a)
b)
Figure A.3.1.1. Pressure loop of the two-compartment fluidised bed.

Solids circulation rate measurements
Solids circulation rate measurements were carried out at different total solid inventories
(TSI=40 to 70g, material FCC powder and glass beads), several design variations and
velocities in the reactors.
Figure A.3.1.2. shows the solids circulation rate against the velocity in the air reactor, for the
four different designs and FCC as bed material. The velocity in the air reactor (uAR) refers to
the velocity in the upper, narrow part, along the downcomer. Since two of the designs, C and
D, have a more narrow section, they will have higher velocities for the three volume flows
used. The velocity in the fuel reactor (uFR) is held constant at 18 times umf, which corresponds
to 100 W in the hot laboratory unit. In general, it can be seen that the solids circulation rate
increases with increasing velocity in the air reactor. The trend for the geometry influence is
that the smaller the slot height, the lower the solids flow between the reactors. However, the
design with the largest slot, A, did not have the highest recirculation. Similar tests with glass
beads gave solids flow rates higher by almost an order of magnitude and an indirect
proportionality between the solids flow and the slot height was found.
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Figure A.3.1.2. Solids circulation rate for all designs (slot height in mm in bracket), and FCC
powder. uFR = 18·umf (=0.05m·s-1), TSI = 53 g.

Gas leakage measurements
For large-scale units very low values on gas leakage between the reactors are required, but in
the laboratory model, higher leakages can be accepted. The main purpose of the unit is not to
demonstrate a very highly effective CO2 separation but rather to test particles in a
continuously operating unit.
In general it was found that gas leakage is directly related to the cross section area of the slot
opening. It is likely that the main mechanism of leakage is the exchange of gas bubbles
reaching the other reactor accidentally through the opening. This is also supported by the
observation that there is simultaneous leakage in both directions. Design D gives a lower gas
leakage. The horizontal plate reduces this gas exchange and also visual observation supports
the assumption that fewer gas bubbles cross the orifice and move into the other reactor.
Comparing the designs one can see that an increased solids circulation rate is correlated with a
higher gas leakage. Specific values can be found in Table A.3.1.2..
Table A.3.1.2. Comparison of leakage flows for design C and D, uFR = 0.05 m.s-1, uAR = 0.35
m.s-1

design C
design D

leakage into FR
leakage into AR
leakage into FR
leakage into AR

leakage flow
[l.min-1]
0.21
0.13
0.037
0.069

80

fraction of
air flow [-]
3.6%
2.1%
0.6%
1.2%

fraction of
fuel flow [-]
19.5%
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A final design, optimised in terms of solids flow and gas mixing, was constructed and put into
operation, see A.4.1 for details of these experiments.

A.3.1.2. Atmospheric CLC demonstration unit - mathematical modelling and experimental results

CFB system description. The CFB experimental rig used in this sub task is a flow model of
a demonstration scale CLC plant. It consists of a 1.18 m high rectangular riser with inner
dimensions of 0.105 m by 0.160 m. Experiments were conducted at ambient temperature and
pressure. The fluidisation gas used in all experiments was air, and bronze powder with 54 µm
mean particle diameter and 8750 kg·m-3 density was used as bed material. This gas/bed
material combination was the result of the downscaling of a pre-demonstration scale CLC
power plant (2 MWth), applying scaling criteria of Glicksman (1993). In general the design in
Figure A.3.1.3 follows a “close to real system” approach. It includes features specific for the
large-scale CFB unit like air staging (secondary air injection) for better control of the solids
circulation rate and advanced loop seal designs for the prevention of gas mixing between the
two reactors. A summary of property data and dimensions of the cold flow model is given
in.table A.3.1.3.
Table A.3.1.3. Data of cold flow model and pilot scale plant

riser dimension (L x W x H)
FR dimension ((L x W x H)
AR dimension (L x W x H)
bed-material
dp
ρp
ρg

flow model
0.105 x 0.16 x 1.18
0.09 x 0.11 x 0.15
0.09 x 0.08 x 0.15
bronze powder
54
8750
1.28

pilot scale plant
0.7 x 0.45 x 5
0.43 x 0.5 x 0.65
0.43 x 0.4 x 0.4
oxygen carrier
119
2250
0.3

unit
m
m
m
µm
kg⋅m-3
kg⋅m-3

The operating superficial gas velocity of the riser, uRIS, and mean solids flux, Gs, are 1.6 3 m·s-1 and up to 100 kg·m-2·s-1, respectively. The fuel reactor operating regime for the predemonstration at 2MWth scale was selected to follow a turbulent regime with uFR around 1m·s1
. For simplicity reasons, however, this was not directly scaled to the flow model but a lower
velocity was chosen. Omission of particle separator at the fuel reactor exit was compensated
by installation of a valve for simulation of the gas-solid separator pressure drop and its effect
on the system behavior. The loop seal fluidisations were all set to 1.5 times umf but variations
were carried out for optimisation of the gas leakage. For the gas distribution in the riser a
perforated plate with 30 holes (6 mm in diameter) was used. The loop seals, air reactor, fuel
reactor, and loop seals were fluidised through porous glass plates.
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Figure A.3.1.3 Schematic diagram and photo of flow model.

Experimental results of solids circulation rate. In the current CFB system adjustment of
the solids flux for part load behaviour can be achieved by variations of the air staging, i.e. the
ratio of bottom air to secondary air flows. Since the superficial velocity in the riser section
above the secondary air injection is significantly higher than the terminal velocity of particles
in all test series, conditions in the riser are assessed as being fast fluidised. Therefore, a strong
influence of the riser superficial fluidisation gas velocity on the solids circulation rate can be
expected.
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Figure A.3.1.4. Specific solids circulation rate vs. fluidisation gas velocity in the riser for
different total solid inventories (TSI)

The graph in Figure A.3.1.4 shows that the solids circulation rate is influenced by both the gas
velocity in the riser and the total solids inventory. However, the increase with respect to the
TSI riser velocity was lower than expected. This can be explained by the fact that due to
higher solids flux, bed material is accumulated in other components of the CFB-system. In the
downcomer of the cyclone it is caused by higher flow resistance of the loop seal at higher
solids flow rates. Therefore, the material inventory and the return flow at the bottom of the
riser are reduced and the solids circulation rate is limited.
Mathematical description. The CFB fluid dynamics of the large-scale concept studied
experimentally in the previous reporting period were transformed into a mathematical model.
The intended application is to form an instrument that supports design and scale-up of the
CLC reactor. Input parameters for the model are fluidisation conditions (volume flows,
temperature, total mass load, secondary air injection etc.), physical material properties and
geometry data of the system. After calculation of the riser solids flow and pressure drop these
values are used to calculate pressure drop and solids inventory sequentially for each CFB loop
component. Mass and pressure balances are used to connect the components of the system to
each other and therefore adjust the values in an iterative procedure. This loop calculation
(Figure A.3.1.5) is stopped when mass and pressure balances for the loop are converged and
deviation is within a given increment.
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Figure A.3.1.5. Structure of the program

CFB-components models. Component models were developed for the riser, the fuel reactor,
the loop seals and the cyclone. A detailed description is given here only for the riser model.

The riser model
The riser is split into a transport zone, an exit zone, a bottom zone. Characteristic model
details for each zone are presented in the following section

Transport zone
The model for the riser transport zone was developed based on the assumption of a coreannulus flow structure as e.g. proposed by Pugsley and Berruti (1995). The solids flow
structure of the transport zone is formed by a dilute core zone, an upward solids flow, and a
dense annulus (a downward solids flow at the riser walls). The gas is assumed to flow upward
only in the core region. The axial mean voidage profile in the transport zone is calculated
according to the exponential voidage profile correlation as proposed by Zenz and Weil
(1958).

ε (hi ) − ε ∞
= exp[− a ⋅ (hi − h0 )]
ε0 − ε∞

(A.3.1.1 )

Kunii and Levenspiel (1991) suggest that the decay constant “a” in equation (A.3.1.1 ) is a
product of “a” times “u“, depended only on the particle size. (equation (A.3.1.1 )
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−1
for d p < 70µm
2 ~ 5s
−1
4 ~ 12 s for d p > 88µm

( A.3.1.2 )

This assumption was found to cover well the experimental results of this study and the value
of 4 s-1 for a mean particle diameter of 54 µm.
The second parameter for determining the axial voidage profile according to equation (A.3.1.1
) is the voidage above TDH, . The evaluation of the experimental results of this study
showed that the correlation of Geldart et al. (1985) best fits this model.
The momentum balance for gas and solids in the transport zone. equation ( A.3.1.3 ), was
used to determine the pressure at each riser height. The terms on the right side of the equation
are covering the solids acceleration, the hydrostatic head of solids and the wall friction of the
two-phase flow.

−

dp
dp  d (m s ,up ⋅ u c ,s d (ms ,down ⋅ u a ,s 
 + (1 − ε ) ⋅ (ρ p − ρ g ) ⋅ g + fric
= 
+
dh 
dh
dh
dh


( A.3.1.3 )

The wall friction, covered by the term dpfric/dh, was considered following the
recommendation of Capes and Nakamura (1973) for the friction coefficient.
Exit zone

The T-shaped exit of the riser severely influences the solids hold-up. As the riser of the demo
unit is very short this is even more important. The separation effect of the riser was
implemented by using the approach of Gupta and Berruti (2000). The concept is based on the
definition of a reflection coefficient for the correction of the slip factor. The corrected slip
factor then allows the calculation of a corrected particle velocity at the exit zone, giving the
net solids flux.
Bottom bed

The momentum balance as given in equation A.3.1.3 causes a situation where the entire
upwards solids mass flux is accelerated at the height of the solids return, which results in a
drastic overestimation of the dynamic gas pressure drop. Because of this and following the
geometric situation of the riser, a bottom zone was included. This allows a gradual increase of
the mass flow to be accelerated at the bottom area of the riser. The model is based on work by
Schlichthaerle et al. (1999).
Most industrial CFB risers are designed to have a bottom section with an increase of the cross
section. It has been observed during flow modelling that a solids accumulation occurs in this
region. Visual observations of this study confirm that the region behind a certain angle
consists of the downward solids flow of the annulus. In the present configuration the
geometric angle of the inclined walls is 20° and the maximum angle where particles can
follow the gas flow is determined by fitting the model to experimental data as 10°.
Results of riser model

In Figure A.3.1.6 detailed results of the solids concentrations and the total pressure drop for
the standard case of 35% secondary air fraction and a superficial riser velocity of 2.74 m·s-1
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are shown and compared to experimental results. In Figure A.3.1.6b) it can be seen that the
pressure profile can be well reproduced, which results also in agreement of the apparent solids
concentration values in Figure A.3.1.6a). The pressure profiles shown in this study are
levelled to the measured pressure of the top experimental value, which is located at the height
of the riser exit. In Figure A.3.1.6 the solids concentration of overall mean, core and annulus
are depicted. It is remarkable that the apparent solids concentration and the mean solids
concentration are equal already at a height of about 0.2 m. An analysis of the particle
acceleration showed that the small cross section at the bottom zone gives very high gas
velocities, resulting in a very high particle drag. The core concentration is lower than the
mean solids concentration, which is a consequence of the exit effect. The annulus at the riser
exit is not zero but equivalent to a flow predicted from the exit coefficient. Because the model
is intended to be used as scale-up tool it should be mentioned here that scale-up of the exit
effects needs to be done carefully as some authors (Lackermeier et al., 2002, Pugsley et al.
1994) conclude that the increase of the solids concentration near the exit is a scale effect.
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Figure A.3.1.6b)

Solids hold-up (a) and static pressure (b) vs. height for reference case (uRIS = 2.74 m·s-1,
35% sec. air fraction, TSI = 18kg)

Riser parameter mapping

The most important output of riser models is the correct prediction of the solids circulation
flow rate. This can be seen in Figure A.3.1.7 for the standard case conditions over a wide
range of riser pressure drop and riser velocity values. A strong dependency of the solids flux
on the riser pressure drop and the superficial gas riser velocity was found. Although
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experimental result show the same tendency a direct comparison is not possible as for the
simulations for the graph below only single parameters (∆pRIS and uRIS) were varied, whereas
the experimental results were obtained for the riser when integrated into the overall CFB loop.
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Figure A.3.1.7. Parameter mapping for the riser model. (35% sec. air fraction)

Simulation results and discussion

Static pressure distribution - pressure loop

The component models were integrated into the global model and a large number of
simulation runs were carried out. Input values are the geometries and the parameters as
described above as well as the gas pressures at the cyclone and fuel reactor outlet. The
pressure drop for the riser is determined from the pressure balance along the pressure loop.
This, written for the loop including the riser is:
p CYC,Outlet − p FR ,Outlet = ∆p CYC,inlet + ∆p RIS* − ∆p LS1,Dow − ∆p LS1,Hor + ∆p FR

( A.3.1.4 )

It was already found during experimental work that the pressure situation is stable at all tested
operating conditions, which could also be confirmed during simulation work. All component
models gave the expected results. The relationship between the static pressure (measurement
values and model prediction) and the CFB system height is presented for a defined standard
case. The total loop is at elevated pressure because of the filter equipment installed for dedusting of the gas flows of the flow model.
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In the diagram the pressure loss of each component is presented. It can be seen that the loop
seals between oxygen carrier oxidation zone and “combustion” zone are operating at a higher
pressure level, which avoids gas mixing between these zones.
The diagram also allows the description of the riser pressure drop ∆pRIS* used in equation
(A.3.1.4).. The situation at the riser solids return line at the height of the air reactor bed
surface is such, that the pressure at this location is equal to the pressure of the riser at the
same height. The riser pressure drop ∆pRIS* therefore is the pressure drop between the riser
exit and the riser height equal to the air reactor bed surface.
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Figure A.3.1.8. Pressure profile of the CFB loop (experimental and modelling data for TSI =
18kg, sec. air fraction = 35%, u=1,74m⋅s-1, Gs=62.5m-1s-2).

Solids circulation rate

In Figure A.3.1.9 the solids circulation rate is shown for different operating conditions versus
the riser pressure drop ∆pRIS**. The riser pressure drop ∆pRIS** is the pressure value taken
immediatley above the gas distribution plate because no experimental data exist for the total
riser. The air staging in the presented case is 35% secondary air of the total air flow in the
riser. The riser fluidisation velocity was altered between 1.66 and 2.74 m·s-1 and the total
solids inventory for the CFB system was varied between 14 and 20 kg.
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Figure A.3.1.9. CFB loop parameter plot.

Bold lines show results from simulation runs. However, as presented in equation (A.3.1.4) the
pressure loop includes the modified riser pressure drop ∆pRIS*. As the absolute value is small
in comparison to the measurement inaccuracies of the outlet pressures this is a significant
source and gives a high sensitivity of the model to the pressure values at the outlets.
The simulation results in Figure A.3.1.9 include deviation indicators. The maximum deviation
between the measured and predicted values of ∆pRIS* is determined from comparison of model
predictions and experimental results as 6%. As shown in figure A.3.1.4 the solids circulation
rate is highly dependent on the riser pressure drop, which gives a deviation of maximum 15%
for the model. With equal accuracy the model allows determination of mass inventories from
the reactor volumes, operating conditions and the solids flux.
A.3.1.3. Design of pressurized CLC demonstration plant

The third CLC reactor design forms the basis for future employment of CLC for coal
combustion power plants featuring combined cycle power processes. This shall allow a
significant increase of the energy efficiency but numerous aspects need to be studied before
this can be realised. The present study focused on the fluid dynamics and the basic design of a
pressurized CLC demonstration plant.
To this end, a flow model, based on a pressurized CLC of interconnected fluidised beds was
designed and tested. The unit represents a 60kWth bench scale reactor and experimental tests
correspond to three different pressure levels, i.e. 1bar, 4.1bar, and 10 bar. In addition the
experimental work allowed a mathematical description of the effects of pressurised conditions
on the fluid dynamics of CFB CLC systems. It was shown that the proposed design (Figure
A.3.1.10) is suitable for PCLC, which can be realised in a future CLC development project.
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Figure A.3.1.10. PCLC combustor

Scaling of results for bench scale unit (“hot unit”)
The results of the intensive experimental programme were scaled to the operating conditions
of the pressurized bench scale unit by application of common scaling relationships. A main
difficulty thereby was missing data for high riser fluidisation velocities for the case of 10 bar
pressure.
This problem was overcome by the use of approximation functions for the relation of the
solids circulation rate vs. TSI and the riser fluidisation velocity, which also facilitate the
handling of the experimental results. The characteristic velocity chosen for this approach is
the particle velocity up, which is equal to the superficial gas velocity minus the slip velocity,
in this case assumed as the particle terminal velocity.
Although other authors (e.g. Kehlenbeck, 2000) have tried to establish general correlations,
the validity of them is still limited to the specific system. For this reason an empirical
approximation was made for this system taking into account the variation of the total solids
inventory (TSI) and the influence of the gas density. Whereas for the TSI relation a linear
approach showed satisfactory results (( A.3.1.5 )-( A.3.1.7 )), the evaluation of the pressure
dependency was not possible. The values derived from the min square root fit are presented in
Table A.3.1.4 and the obtained curves given in (A.3.1.11).
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Gs = C1 ⋅ u ap + C 2 ⋅ u p

( A.3.1.5 )

C1 = c1 ⋅ TSI + d 1

(A.3.1 6 )

C2 = c 2 ⋅ TSI + d 2

( A.3.1.7 )

Table A.3.1.4. Approximation functions constants
C
2,28E-03
-5,01E-03
air
3,27E-03
-7,74E-03
SF6/air 1,02E-02
-1,50E-02

He/air

16.3kg/10bar
12.7kg/10bar
10.3kg/10bar
16.3kg/4.1bar
12.7kg/4.1bar
10.3kg/4.1bar
16.3kg/1bar
12.7kg/1bar
10.3kg/1bar

-2

-1

specific solids circulation rate [kg.m .s ]

140

d
1,46E+00
1,31E+01
1,46E+00
2,09E+01
-5,56E+00
3,44E+01
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Figure A.3.1.11. Approximation functions of solids circulation rate vs. uRIS for different TSI
and pressures.

Figure A.3.1.111 shows a comparison for the three different pressure levels for equal bed
material. The bed mass is calculated with a standard fuel reactor mass of 5.7kg. However, it
will be shown later that this mass is too low for pressurized conditions and an increased fuel
reactor with additional bed material must be provided.
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Effect of gas density on CFB fluid dynamics

In Figure A.3.1.12 and Figure A.3.1.13 the effect of the gas density on the vertical pressure
profiles is shown. Thereby the height z´ is made dimensionless with the total riser height and
the dimensionless static pressure is given according to equation (A.3.1.8).
p' =

(p − p 0 )

(A.3.1.8)

ρp ⋅ g ⋅ D

Each figure shows the dimensionless pressure profiles vs. height for different gas densities for
constant Froude number (=constant riser velocity, because of constant ds), constant volumetric
flow rates M/R.
In contrary to the results of Louge et al (1999), the graphs do not show very clearly that the
pressure gradient in the upper riser is generally smaller for denser gases. In both figures this
seems to be true for atmospheric conditions (He/air) and the pressurized conditions at 4.1 bar
(air), but the pressurized case of PCFB-SF6 only qualitatively fits into this assumption. A
later analysis will show if their assumption was correct if the significantly different Fr and
M/R numbers are reason for this deviation.
The dense acceleration zone at the base of the riser is found smaller for gases with higher
density. An explanation for this is the higher drag caused by denser gases, which leads to a

dimensionless height z' [-].
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Figure A.3.1.12. Vertical gas pressure profile comparison for FR = 3895 and M/R = 0.00195
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dimensionless height z' [-].
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Figure A.3.1.13. Vertical gas pressure profile comparison for FR = 2202 and M/R = 0.00187

smaller height of this zone for the fluidisation gases SF6-mixture and air in comparison to the
Helium mixture.
A mathematical model for parameter studies on CLC thermodynamics

The choice of the oxygen carrier type depends on a number of aspects. A crucial parameter is
the thermodynamic behaviour of the oxygen carrier in reaction with a fuel gas. For a
systematic analysis of this issue a mathematical model of a CLC system with an integrated
solution of the mass and energy balances was developed. Evaluation of the effect of numerous
design and operating parameters, such as fuel gas composition and reactor cooling
arrangement, were carried out for different oxygen carrier types (Figure A.3.1.14). From this
analysis it appears that the conversion and the fraction of active material determine the
necessary solids circulation rate. In Figure A.3.1.14 the temperature difference between the
two reactors is shown versus the specific solids circulation rate for the syngas model fuel.
Additionally, the purity of CO2 in the FR exit gas flow (dry basis) is plotted in separate charts.
At the given conditions (cooling of 60% in the AR) Cu and Ni cause a larger temperature
difference than Fe and Mn. For the latter two a specific solids flow of about 0.002kg.s-1.kW-1
is sufficient to maintain a temperature difference lower than 50°C, whereas for Cu and Ni
about 0.008kg.s-1.kW-1 is required for the same limitation. The CO2-purity as the second
characteristic determining the choice of an appropriate solids mass flow shows that for Cu full
gas conversion is always achieved and for Mn for mass flows above 0.002kg.s-1.kW-1. Ni has a
constant CO2-purity of about 98%. For Fe, however, circulation rates lower than 0.005kg.s1
.kW-1 cause a dilution of the CO2 - H2O mixture to about 90% purity.

93

ECSC-7220-PR125

Capture of CO2 in Coal Combustion
CO2, H2O
ηCO2

N 2, O 2

MeO
R0

∆Hox
AIR
REACTOR
TAR

REACTOR
COOLING,
HEAT LOSS

∆Hred
FUEL
REACTOR
TFR

mcirc

REACTOR
COOLING,
HEAT LOSS

Me

Air
air/fuel ratio

Fuel gas
CnH2m

1

200

0.95

150
100

0.9
0.85

Fe

50

CO2 purity [-].

Temperature difference AR - FR [°C].

Figure A.3.1.14. Principle of chemical-looping combustion. MeO and Me denote oxidised
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Figure A.3.1.15. Comparison of temperature difference (a) and CO2 purity (b) between AR
and FR and fuel gas conversion for base cases for CO/H2

From the analysis, it follows that for oxides of the metals Fe, Cu, Ni, and Mn, and for
reasonable small temperature differences between the two reactors, an oxygen carrier mass
flow of about 0.005kg.s-1.kW-1 is sufficient for combustion of synthesis gas from coal
gasification.
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A.4 Task 4. Construction and operation of a laboratory chemical-looping combustor.
A.4.1 Work performed at Chalmers

A laboratory size continuously operated chemical-looping combustion reactor has been
designed, built and operated. This system was designed for an input power between 100 and
250 W using syngas as the fuel. Also, the unit was suitable for natural gas as fuel, which is a
gas with volume expansion. The relatively low inventory of oxygen carrier needed in this unit
make it feasible for testing of different types of oxygen-carriers.

A.4.1.1 Criteria for design

Firstly the fundamental criteria that have to be met in the construction of a chemical-looping
combustor are discussed. These criteria are:
i) Sufficient particle bed mass
ii) Sufficient particle recirculation
iii) Proper temperature
iv) Particle retention
v) Little gas mixing
Bed mass. The first criterion is that each of the two reactors has to have a sufficient amount
of bed material to be able to convert the gas sufficiently.
Particle recirculation. In order to transport enough of oxygen between the two reactors and
to attain proper temperature in the fuel reactor, a sufficient flow of particles is needed. The
method for particle recirculation is to use a high velocity in the air reactor to carry off
particles and then separate them from the gas. The rest of the circulation through the system is
accomplished by means of gravity.
Proper temperature. Both reactors need to have a sufficient temperature for the reactions,
e.g. 800-900 °C or more. Furthermore the temperature should not be so high that the reactor
material or the particles are adversely affected.
Particle retention. The loss of particles from the system has to be minimized.
Little gas mixing. The leakage between the two reactors has to be minimized. This is
fundamental to achieve the CO2 in pure form. However, larger leakages would be acceptable
in this testing unit, than in a real unit. It is preferred that leakage goes from the fuel reactor to
the air reactor in order to facilitate evaluation of the combustion tests.

In order to maximize the usefulness of the unit it should be designed to give a maximum
freedom in choosing running conditions. The following conditions are important:
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Particle size. It is important to have some flexibility in the choice of particle size. The range
possible to use should be 100 - 200 m.
Temperature flexibility. This is desired in order to be able to study the effect of temperature.
It should also be noted that the various metal oxides differ when it comes to possible
temperature ranges for reasons like melting, thermodynamic stability, kinetics etc.
Pressure. Although this may not be possible within this limited project it would be an
advantage if the unit can be modified to be run at increased pressure.
Low bed inventory. The cost of making larger particle batches in small scale presently used
in the project, e.g. freeze granulation, is very significant. It would be an important advantage
if tests can be made with batches of hundreds, instead of thousands, of grams.

A.4.1.2 Description of the unit

Several possible designs for a hot laboratory reactor of Chemical-Looping Combustion were
thoroughly investigated, and the design chosen is shown in Figure A.4.1.1. The idea in this
design was to reduce the amount of particles, and also to reduce the complexity of the
process. This design is similar to the one proposed by Chong et. al., 1986, and further
investigated by Fang et. al., 2003.

Figure A.4.1.1. The principal sketch of the chemical-looping reactor. 1) air reactor, 2)
downcomer, 3) fuel reactor, 4) slot, 5) gas distributor plate, 6) wind box, 7) reactor part, 8)
particle separator, 9) leaning wall. Fluidization in the downcomer (x) and slot (o) is also
indicated. The dashed lines indicate the bed heights during combustion.

The reactor system was designed for a fuel flow corresponding to a thermal power between
100 and 250 W using syngas as fuel. The prototype is a two-compartment fluidized bed. One
compartment is the air reactor (1), with a cross section area of 4x2.5 cm at the bottom and
2.5x2.5 cm at the upper part; the other compartment is the fuel reactor (3), with a cross
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section area of 2.5x2.5 cm. The height of the reactor part (see 7 in Figure A.4.1.1) is 20 cm.
On top of this section, both reactors increase in width in order to decrease the gas velocities
and allow particles to fall back into the reactors. The total height is 44 cm. Due to the size of
the reactor, the required solids inventory will be small, which is preferable since the cost of
particle production in laboratory scale is high. In order to maintain the temperature in both
reactor chambers the whole reactor will be placed in an oven. The gases enter in two separate
wind boxes (6), and two porous quartz plates (5) act as distributors for the gases entering the
reactors. The air reactor has a high enough velocity for particles to be thrown upwards, with a
certain fraction of them falling into a downcomer (2), leading to the fuel reactor. The feeding
of particles into the fuel reactor will increase the bed height, which will provide a driving
force for returning particles to the air reactor through a slot (4) in the wall between the two
reactors. The needed recirculation is determined by the oxygen transfer capacity of the
oxygen-carrier. To improve particle circulation argon can be injected through two pipes in the
downcomer and in the slot (see symbols x and o in Figure A.4.1.1).
The gas flows leaving the reactors are each connected to gas analysers. The on-line analysers
measure carbon monoxide, carbon dioxide and methane with IR technique, and oxygen with
paramagnetic technique. The hydrogen content of the exiting gas from the fuel reactor was
also analyzed using a gas chromatograph (Varian Micro-GC 4900 equipped with a Molsieve
5A and PoraPLOT Q column). In addition, CO and CO2 were measured by GC to corroborate
the results obtained with the IR analyzer.

A.4.1.3 Leakage tests

In order to understand and evaluate combustion experiments, the gas leakage between air and
fuel reactors was first investigated. The leakage was minimized by controlling the pressure in
the fuel reactor by a water trap connected to the exit stream from fuel reactor, i.e. the total
pressure in the fuel reactor is controlled by the height of the water column. However, there is
some gas flow between both reactors. The gas flow from the fuel reactor to the air reactor
produces a loss in the CO2 capture efficiency, and it is named leakage. The gas flow from the
air reactor to the fuel reactor dilutes the CO2 flow at the exit of the fuel reactor, and it is
named dilution.
Leakage tests with non-combustible gases were performed in the reactor using the oxygen
carrier composed of 60wt% NiO with 40wt% MgAl2O4, see particle 39 in Table A.1.2.1, as
bed material. Particles of 90-212 m were used and the solid inventory was 340 g, giving an
overall bed height of about 12 cm. Five different test series were made, and in each one or
two of the gas flows were varied. A summary of the test conditions and the corresponding
power is shown in Table A.4.1.1. In all the leakage tests the temperature of the fuel reactor was
850 °C.
The values of the flows were set to match the flows used in real combustion tests as closely as
possible. A first series of tests to measure leakage was made with carbon dioxide as
fluidization gas in the fuel reactor, air in the air reactor and argon in the downcomer and slot.
A second series was made with carbon dioxide instead of argon in the downcomer and slot,
nitrogen in the fuel reactor and air in the air reactor. These tests were made primarily to
investigate how the gas in the downcomer and slot are divided between the reactors. In both
outgoing gas streams the concentration of carbon dioxide and oxygen was measured. From a
mass balance over the system the dilution and the leakage between the reactors can be
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Table A.4.1.1. Leakage test series.
Test number

UFR

UAR

UDC

USL

TFR

Corresponding power
CO/H2

CH4

L/min

L/min

L/min

L/min

°C

W

W

L1

0.15-0.9

6

0.01

0.02

850

30-170

100-530

L2

0.35

4-6.5

0.01

0.02

850

70

200

L3

0.15-0.55

1.7-6.3

0.01

0.02

850

30-110

100-300

L4

0.35

4

0-0.04

0.02

850

70

200

L5

0.35

4

0.01

0.01-0.04

850

70

200

determined. The leakage is related to the incoming flow in the fuel reactor, thus indicating
the percentage of carbon which is lost to the air reactor and the leakage in the other direction,
i.e. dilution, is also related to the incoming fuel flow.
The leakage and dilution are shown in Figures A.4.1.2 as a function of the flow rate to the fuel
reactor or the air reactor respectively (tests L1 and L2). Both the leakage and dilution are
highly dependent on the fuel flow as seen in test series L1, Figures A.4.1.2a, where the
leakage varies from 35 to 15% while the dilution varies from 25 to 10%. A higher velocity in
the fuel reactor significantly decreases both the leakage and dilution. However, the absolute
leakage flow in both directions increases. A higher gas flow leads to larger pressure
fluctuations, which may result in higher flows of leakage. All the same, the leakage and
dilution, which are related to the fuel flow, may decrease. The leakage from the fuel reactor
increases as the velocity in the air reactor increases as seen in test series L2, Figures A.4.1.2b,
and varies in the range 13-22% for leakage and 5-10% for dilution. Several mechanisms could
explain this behaviour. Firstly, a higher particle circulation causes a higher pressure in the fuel
reactor. Secondly, a higher air flow gives higher particle circulation, and could cause an
increase in the leakage because some gas is expected to follow the particles. Thirdly, an
increase of pressure fluctuations should favour the gas exchange through the slot. In these
tests, the leakage from the fuel reactor is roughly twice as large as the dilution of the fuel
reactor. A reason for this is believed to be the higher pressure in the fuel reactor than the air
reactor.
In the leakage experiments where the air to fuel ratio was held constant (tests L3), the leakage
in both directions goes through a minimum. This fact involves the combined effects of
increased air and fuel flow. A change in gas flow in the downcomer or in the slot (tests L4
and L5) does not affect the gas leakage between the reactors significantly, except for the
leakage from the fuel reactor that goes through a minimum when the fuel flow in the
downcomer is varied. It was preferable to keep the gas flow in the downcomer low, but not
zero. Higher gas flow in the downcomer increases the voidage in the particle column, and this
might facilitate a leakage from the fuel reactor to the air reactor. The tests with carbon dioxide
in the downcomer and slot showed that about 50% of this flow enters the fuel reactor.
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Figure A.4.1.2. The leakage and dilution as a function of the volume flow in a) the fuel
reactor, UFR, or b) the air reactor, UAR.

The dilution and leakage has to be considered when the combustion results are interpreted.
According to the data shown above, about 1-4% of the oxygen supplied comes from air
leaking into the fuel reactor when syngas or natural gas is used as fuel. The analysis of the
cold model (Kronberger et al., 2004) showed that the dilution was mainly through the slot. It
is likely that most of the oxygen will react with the fuel and the particles in the lower part of
the reactor, and thus, the air dilution is expected to have a rather small effect on the final
conversion.

A.4.1.4 Combustion tests

Combustion test series were performed with two fuels, simulated syngas consisting of a
mixture of 50% CO and 50% H2, and for comparison, natural gas. The natural gas consists of
88% methane, and has a H/C ratio of 3.7. The fuel flow, the air flow and the temperature in
the reactors were varied one at a time. Four tests series were made with syngas (S series) and
three tests series were made with natural gas (N series). The test conditions are described in
detail in Table A.4.1.2.
From the screening tests performed in section A.2.1, three different oxygen carriers were
choosen to be studied in the continuous reactor. Approximately 400 g of these new particles
were prepared by freeze granulation for use in the reactor. First, a Ni-based oxygen carrier
composed of 60% NiO and 40% MgAl2O4, particle number 39 in Table A.1.2.1.1. Second, a
Mn-based oxygen carrier, composed of 40% Mn3O4 and 60% Mg-ZrO2, number 29 in the
same table. The third oxygen carrier tested was a Fe-based oxygen carrier, composed of 60%
Fe2O3 and 40% Al2O3 and sintered at 1100°C. Because the Mn- and Fe- based oxygen carrier
particles have a smaller density in comparison to the Ni-based carrier, the air reactor was
operated with a lower gas flow when using Mn and Fe. This was done in order to prevent
oxygen carriers from leaving the reactor with the exit gas streams. The solid inventory was
340 g for NiO/MgAl2O4 particles, 295 g for Mn3O4/Mg-ZrO2 particles and 300 g for the
Fe2O3/Al2O3 particles, and thus the bed height was the same in all tests, about 12 cm.
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Table A.4.1.2. Combustion test series.
Test number

UFR

UAR

UDC

USL

TFR

Power

L/min

L/min

L/min

L/min

°C

W

S1

0.5-1.3

6(1)-5(2)

0.01

0.02(1)-0.01(2)

850

100-250

1.6-5.0

S2

0.9

3.5-6

0.01

0.02(1)-0.01(2)

850

175

1.6-2.8

S3

0.5-1.3

2.5-6.5

0.01

0.02(1)-0.01(2)

850

100-250

2.1

S4

0.9

3.5

0.01

0.02(1)-0.01(2)

800-950

175

1.6

N1

0.15-0.55

6(1)-5(2)

0.01

0.02(1)-0.01(2)

850

100-360

1.1-3.8

N2

0.35

4-6.5

0.01

0.02(1)-0.01(2)

850

230

1.1-1.8

N4

0.35

4

0.01

0.02(1)-0.01(2)

800-950

230

1.1

(1)

Air ratio

using NiO/MgAl2O4; (2) using Mn3O4/Mg-ZrO2 and Fe2O3/ Al2O3

The investigated particles have been fluidized with recirculation in hot conditions for
approximately 150 h for Ni particles, 130 h for Mn particles, and 60 h for Fe particles. During
the operation of the reactor no signs of agglomeration of the particles were observed. For
NiO/MgAl2O4 oxygen carrier there was a loss in the bed mass of 13 g. This corresponds to a
loss of 0.027% per hour. However, no measurable amounts of particles were found in the
filters. Minor losses could be associated with deposits in the ducts leading to the filters. For
Mn3O4/Mg-ZrO2 particles a mass loss in the system of 15 g was observed at the end of the
experimental series. This corresponds to a loss of 0.039% per hour. The main quantity of the
mass loss was collected in the filter at the air reactor exit during the first hour of operation at
hot conditions. This mass loss could be related to elutriation of small particles, either present
in the original sample or from primary fragmentation, from the air reactor where the
fluidization was vigorous. No loss of material was observed after the experimental series
when Fe carrier was used as bed material. These results suggest that attrition was low and the
Ni-, Mn- or Fe-based oxygen particles used in this work have a high durability.

A.4.1.5. Combustion with syngas

Combustion test series S1-4 were carried out with syngas using NiO/MgAl2O4, Mn3O4/MgZrO2, and Fe2O3/Al2O3 oxygen carriers. For these experiments, the CO is presented below as
the fraction of carbon products leaving the fuel reactor:
f CO =

x CO
x CO 2 + x CO

(A.4.1.1)

and H2 is presented in a similar way, i.e. as the fraction of total hydrogen leaving the reactor.
Since the fuel consists of 50% CO and 50% H2, the total molar flow of H2+H2O leaving the
reactor is equal to CO+CO2.
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x H2

(A.4.1.2)

x CO 2 + x CO

Figures A.4.1.3a-d show the CO and H2 fractions as a function of the flow in the fuel reactor,
the flow in the air reactor or the temperature. For Ni-based particles, the fraction of CO and
H2 was in the range 0-2.3%. Using the Mn-carrier the conversion of fuel was complete, with
no CO and H2 in the flue gas for all tested cases. In this case, the values for the
thermodynamic equilibrium were only represented. For Fe-based particles, the fraction of CO
was considerably higher than the fraction of H2.
Figure A.4.1.3a shows that an increase in the fuel flow increased the amount of CO and H2.
This is expected, firstly because the amount of oxygen-carrier in the fuel reactor, and the
oxygen supply into the fuel reactor were constant, but the flow of fuel increased. The
circulation of the particles, and thereby oxygen supply, is determined by the velocity in the air
reactor, which was constant. Secondly, there is also a less efficient contact between the
particles and the gas at higher velocities when a larger fraction of the gas will be in the
bubble-phase. In tests using Ni-based particles, at the two lowest velocities of the fuel, both
the fraction of CO and H2 was lower than the corresponding equilibrium values of 0.71 and
0.64%. One possible explanation for these low fractions are that all of the oxygen leaking
from the air reactor does not react on the way up through the bed, but reacts with CO and H2
above the bed. As seen in Fig A.4.1.2a the dilution increases at low fuel flows.
An increase of the gas flow in the air reactor decreases the concentration of CO and H2 in the
flue gas from the fuel reactor slightly (Figure A.4.1.3b). This might be explained by a higher
recirculation flow of particles, and thereby more oxygen is carrying from the air reactor to the
fuel reactor. When the air ratio is held constant, and both fuel flow and air flow increases, the
amount of unburnt increases, see Figure A.4.1.3c. This indicates that the effect of the increase
in the fuel flow is higher than the effect of the increase of the air flow.
Figure A.4.1.3d shows the effect of the temperature of reaction on the fraction of CO and H2
at the gas flue exit and for equilibrium conditions. For Ni, the fractions of CO and H2 was
higher than the equilibrium at 800 °C, and at temperatures from 850 °C the fraction of CO and
H2 reaches equilibrium. However, even at a low temperature of 800 °C the conversion of
syngas was high. Tests with this carrier and syngas in the batch fluidized bed also found high
reactivity initially at these temperatures, although there was a clear decrease in reactivity at
low degrees of conversion, see section A.2.2. The Mn-carrier has complete gas yield at all
temperatures. For the Fe, the fraction of CO decreases from 2.2 at 800 °C to 0.5 at 950 °C.
The fraction of H2 was below the fraction of CO. This tendency was also observed with Ni
particles. This indicates that H2 reacts faster with the oxygen carrier than CO.
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Figure A.4.1.3. The fraction of CH4, CO, H2 and CO2 in the combustion products of syngas
as a function of a) the flow in the fuel reactor (S1), b) the flow in the air reactor (S2), c) the
flow in the fuel reactor at constant air ratio (S3), and d) the reactor temperature (S4).
Symbols:
CO;
H2;
CO2;
CO at equilibrium;
H2 at equilibrium.
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Figure A.4.1.3 (cont.). The fraction of CH4, CO, H2 and CO2 in the combustion products of
syngas as a function of a) the flow in the fuel reactor (S1), b) the flow in the air reactor (S2),
c) the flow in the fuel reactor at constant air ratio (S3), and d) the reactor temperature (S4).
Symbols:
CO;
H2;
CO2;
CO at equilibrium;
H2 at equilibrium.

Figure A.4.1.4 shows the combustion efficiency as a function of the reactor temperature for
Ni-, Mn- and Fe-based oxygen carriers. Because of thermodynamic limitations the
combustion efficiency for Ni particles was limited at 0.994 at 800 °C or 0.991 at 950 °C. In
contrast to Ni-based oxygen carriers, there is no thermodynamic limitation for the system
Mn3O4-MnO or Fe2O3-Fe3O4. The Mn carrier showed efficiencies near to unity at all
temperatures. However, combustion efficiency with Fe particles was higher than 0.98, but
efficiencies near to 1 could be possible at equilibrium conditions. In comparison to the batch
tests done with these oxygen carriers, manganese and iron showed high reactivity at
temperatures as low as 650°C while a clear decrease in reactivity at high degrees of
conversion was seen for Ni at temperatures of 850°C and below.
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Figure A.4.1.4. The combustion efficiency for natural gas as a function of the reactor
temperature (N4). Symbols:
Ni;
Mn;
Fe.

When syngas is used as fuel, particles tested are well suited as oxygen carriers. They give a
high conversion of the fuel with small amounts of unburnt from the fuel reactor. For many of
the tests with NiO/MgAl2O4 equilibrium is reached and combustion efficiency was 0.994 at
850 °C. For Mn3O4/Mg-ZrO2 the CO and H2 concentrations were below the detection level of
the gas analyzer or GC. At 850 °C, combustion efficiency at equilibrium conditions is 0.9996.
Fe-based oxygen carrier showed high conversion of the fuel with a combustion efficiency of
0.988 at 850 °C.

A.4.1.5 Combustion with natural gas

In general, the combustion tests with natural gas showed the presence of CO and H2 in the
exit gas stream from the fuel reactor. Higher amounts of methane were detected using Mnand Fe-based oxygen carriers, but no methane was detected in tests carried out with Ni-based
oxygen carrier.
The fraction of carbon monoxide in the gas from the fuel reactor is presented below as the
fraction of total carbon leaving the fuel reactor:
f CO =

x CO 2

x CO
+ x CO + x CH 4

(A.4.1.3)

where xi is the molar fraction of i in dry exit gas. The methane, hydrogen and carbon dioxide
fractions are calculated in a similar way.
The fraction of CH4, CO and H2 in the flue gas as a function of the fuel flow is shown in
Figure A.4.1.5a for the oxygen carriers used in this work. In all cases, these fractions
increased with the fuel load. This is the same trend as with combustion with syngas, and can
be explained in the same way, see discussion above.
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Figure A.4.1.5. The fraction of CH4, CO, H2 and CO2 in the combustion products of natural
gas as a function of a) the flow in the fuel reactor (N1), b) the flow in the air reactor (N2), and
c) the reactor temperature (N4). Symbols:
CH4;
CO;
H2;
CO2;
CO at
equilibrium;
H2 at equilibrium.
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Figure A.4.1.5b shows that an increase in the air flow gives a slight decrease in the fraction of
CH4, CO and H2. This fact could be caused by increased circulation of the particles, which
increases the oxygen transfer to the fuel reactor as well as the bed height.
The fraction of CH4, CO and H2 as a function of the temperature is shown in Figure A.4.1.5c.
The equilibrium lines for the fraction of CO and H2 are also shown in the figure. Methane
concentration for the equilibrium conditions was very close to zero in all cases. For Ni-based
oxygen carrier, there was no methane found in the gas from the fuel reactor. At the lowest
temperature, 800 °C, the fraction of CO and H2 is approximately 3%. At the higher
temperatures, it is rather stable at 1.5% in the range 850-950 °C. At the highest temperature
equilibrium is approached. For Mn3O4/Mg-ZrO2 particles the fraction of CH4 was about 12%
at 800 °C, but this fell to 0.9% at 950 °C. On the contrary, the fractions of CO and H2 were
maintained at low values (below 0.1%), although higher than equilibrium concentrations.
A similar behaviour for the outlet CH4, CO and H2 fractions was obtained with the Fe-based
oxygen carrier, although the actual fractions were higher than those obtained with the Mnbased particles. The fraction of methane was higher than 10%, meanwhile the fractions of CO
and H2 were in the range 2-7%. In Figures A.4.1.5a-c the fraction of CO2 is shown, which is
the degree of methane yield to carbon dioxide. It can be seen that high CO2 fractions were
obtained with Ni and Mn, but lower values, from 65 to 95%, was seen with Fe.
For comparison purposes Figure A.4.1.6 shows the combustion efficiency, based on the
heating value, for the different oxygen carriers as a function of the reactor temperature. The
combustion efficiency increases as the temperature increases, but the behaviour depends on
the oxygen carrier. Ni oxygen carrier shows combustion efficiencies about 0.99 in the range
850-950 °C. These particles are acting as a catalyser for the methane reforming. Thus, the
fraction of fuel non-converted is the fraction of CO and H2. The efficiency was limited at
0.992 at 950 °C because of the concentration of CO and H2 at equilibrium conditions.
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Figure A.4.1.6. The combustion efficiency for natural gas as a function of the reactor
temperature (N4). Symbols:
Ni;
Mn;
Fe.

For the Mn-based oxygen carrier a strong effect of the temperature on the combustion
efficiency was observed. For these particles there is a decrease in the methane concentration
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as the temperature increases, meanwhile the CO concentration was low. Unconverted CH4 can
be due to the slow reforming reaction of CH4. It is likely that CO and H2 are intermediates in
the reaction between the metal oxide and methane. An increase in the reaction temperature
increases the CH4 reforming rate. Consequently, the CH4 concentration decreases, and the
combustion efficiency increases. In the present tests, an increase in the reactor temperature
increased the combustion efficiency from 0.88 at 800 °C to 0.99 at 950 °C.
The combustion efficiency obtained with the iron based particles was rather low. Similar to
Mn particles, there is a strong increase in the combustion efficiency as the temperature
increases from 800 to 950 °C. However, a maximum efficiency of 0.85 was obtained at 950
°C. The low oxygen ratio for this carrier, besides the slow CH4 reforming rate, could be the
reasons for the poor efficiency obtained for Fe-based particles. The oxygen ratio, R0, is the
mass fraction of oxygen that can be used in the oxygen transfer, and is defined as:
R0 =

m ox − m red
m ox

(A.4.1.4)

For the oxygen carriers used in this work, the oxygen ratio was 0.13 for Ni particles, 0.028 for
Mn particles, and 0.018 for Fe particles. For the Fe based particles the oxygen ratio is based
on the system Fe2O3/Fe3O4. The formation of lower forms of iron oxide, such as FeO, is not
desired since the thermodynamic conversion of methane is low.
When natural gas is used as fuel, Ni particles are better suited for the use in a chemical
looping combustion system. To increase the combustion conversions for methane with Mnand Fe-based oxygen carriers a higher amount of oxygen carrier could be used in addition to a
high temperature.
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A.5 Task 5. Characterisation of sorbent (CaO) performance in the LCCC

This task was a fundamental part of the project as it had to supply the key information to
define the different process operating conditions in quantitative form (solid circulation flow
between units, fresh sorbent requirements and purge rates all depend on sorbent capture
capacity along cycling). The main activity in this task has been carried out by CSIC, with
relevant input from Cranfield (for the “in duct” carbonation option, as described in A6.1) and
VTT (section A.5.2 below).
Before detailing the experimental and modelling work under this task, and in order to put a
frame to the work conducted in this project, we describe in the next paragraphs the
fundamentals of the carbonation-calcination chemical loop and the state of the art when the
project started.
Equilibrium data for the calcination of CaCO3 is represented in Figure A.5.1 using the
correlation of Baker, (1962) in the temperature intervals of interest for this project. Attending to
the equilibrium, and for coal combustion gases with partial pressures of CO2 around 0.12 atm,
there is a suitable temperature window for carbonation (between 600 and 750 º C) that can
achieve substantial reduction in CO2 emissions. At pressures higher than the atmospheric, this
temperature range increases to 800-850ºC. Also, calcination at temperatures higher than 900 are
needed to deliver a pure stream of CO2 in the calciner at atmospheric pressure (the use of
vacuum/steam in the calciner to lower the partial pressure of CO2 and will be considered later).
The conditions expected in the reactors considered in this project are beyond the regions where
liquid phases may appear in the calciner or carbonator (Curran, 1967; Paterson et al.,2001), that
where a problem of melts appeared under the high pressure and reducing conditions in the the
Acceptor Gasification Process (Gorin, 1980), that used a similar carbonation-calcination cycle
to increase the H2 yield in a coal gasifier (Curran et al, 1967).
In addition to a favourable equilibrium, it is also essential that sufficiently high reaction rates
occur in the carbonator and calciner for theses reactors to have meaningful dimensions. The
calcination of CaCO3 is perhaps the most intensively studied solid decomposition reaction in the
scientific literature. Well validated experimental methodologies and data are available to derive
rate expressions suitable for a wide range of conditions depending on the particular application,
including those to be used in a LCCC system. Also, there is a wide range of industrial
applications where calcination is taking place under similar conditions. Two close examples
within the coal-energy sector are the in-duct sorbent injection to PF boilers and the limestone
addition to FBCs to capture SO2. Large number experimental and theoretical studies on
calcination for these conditions have been reported in the literature, many of which have been
reviewed and compared recently by Garcia Labiano et al. (2001). In view of this experience and
these studies, we have assume that calcination can be completed and achieved in very short
times in a LCCC system, designed to allow enough solid residence time in a calciner operating
at temperatures over 50ºC (at least) higher than the equilibrium temperature given in Figure
A.5.1.
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Figure A.5.1. The equilibrium
pressure of CO2 on CaO.

Figure A.5.2. Example of carbonation conversions curves
(T=650C, 10%v CO2, limestone “la blanca” calcined at
900C, 0.4-0.6 mm)

The recarbonation reaction of CaO to form CaCO3 has received far less attention than the
reverse calcination reaction and is obviously the critical “capture step” in any LCCC system. An
example of the recarbonation results form this project, using samples of CaO particles with
increasing number of carbonation calcinations cycles is presented in Figure A.5.2. The
investigation of the recarbonation reaction has been the key subject of all sorbent performance
studies in this project as will be shown below, with thousands of experiments in TG and fixed
bed reactors like the few presented in Figure A.5.2.
Bathia and Perlmutter (1983) reviewed the scarce data on recarbonation kinetics previously
published and carried out an extensive experimental and modelling work of direct relevance for
this project. They showed, in agreement with several previous findings, that the kinetics of the
recarbonation follows an initial fast stage reaction followed by a much slower stage controlled
by diffusion through a product layer of CaCO3. Their experimental results with limes of
different origin, pore structure, particle sizes and at different temperatures and concentration of
CO2 are modelled reasonably well with a reaction mechanism based on their random pore
model (Bathia and Perlmutter, 1980). They also showed that the reaction rates in this fast stage
part of the conversion curve are independent of particle size, but dependent on textural
properties of the sorbent (initial surface area and porosity). They found a very good agreement
between this maximum conversion attained during fast carbonation (onset of the slow reaction
regime) with the fraction of porosity that corresponds to pore sizes lower than 100 A.
For the purposes of this project, the most interesting part in the carbonation conversion curves
will be the fraction of the curves that correspond to the rapid reaction stage. This is because this
will be the only relevant to achieve sufficiently high reactor intensities in the carbonator
(understood as units of CO2 captured per unit volume of the reactor). Mess and Sarofim (1999)
have studied the slow stage of the carbonation curve under very high pressures of CO2, and
concluded that the diffusion mechanism of CO2 through the product layer becomes even slower
with increasing conversion, which puts recarbonation after the first fast stage, well beyond any
practical interest, even as a sorbent regeneration option. It will be shown below that reaction
rates to achieve maximum conversion in the order of 10 seconds are essential for the options
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using entrained mode gas-solid contact, while reaction rates in the order of several minutes are
sufficient for those using fluidised bed gas-solid contact. However, the fast reaction rate clearly
finisheses in a value of conversion that decays with the number of cycles (as can be already
seen in Figure A.5.2). Thus, the key phenomena in the carbonation/calcination reaction for the
purpose of this project is the decay in activity of the sorbent in the subsequent cycles
carbonation/calcinations which is an area where the information is particularly scarce and this
project has made the largest contribution to date. Therefore, the target for task 5 was to supply
information on how fast, but specially in what extent, goes the conversion in the carbonation
reaction of the sorbent, as a function of operating conditions (calcination temperatures, partial
pressure of CO2 and other gases during carbonation, particle size, etc) at different cycle
numbers and for different type of materials.
A.5.1 Work carried out at CSIC

The experimental studies have been carried out in two different types of equipment: a thermo
gravimetric analyser (CSIC-ICB) and a fixed bed reactor suspended in a tube furnace (CSICINCAR). The latter provided sufficient amount of sample to allow the collection of small
intermediate sub-samples for their characterisation under the SEM. A review of existing
literature on this subject was completed by compiling all the published results on sorbent
performance and putting them in a consistent base to allow comparison (see below and also
Abanades and Alvarez, 2003).
The TGA used to investigate the cyclic carbonation and calcination reactions consist of a quartz
tube placed in an oven, which can be operated at temperatures up to 1000 °C. The sampleholder was a platinum basket (8 mm diameter and 2 mm height). The temperature and the
sample weight were continuously recorded in a computer. The reacting gas mixture contained
CO2, O2 and N2 in different proportions set by mass flow controllers. For each run in the TGA
experiments, around 10 mg of limestone were loaded in the basket. After complete calcination,
the temperature to the carbonation temperature (650ºC in all the experiments) and the calcines
were exposed for at least 20 min to the simulated carbonation gas mixture, consisting of the
desired CO2 concentration in air. The system was changed to allow more rapid and automatic
operation in multicycle test (see Figure A.5.1.1).
The fixed bed reactor is a 1m high vertical furnace surrounding an alumina tube where a basket
containing the sample is suspended along its vertical axis. The reacting gases are axially
injected at the base of the tube, are forced to pass through the basket and leave the furnace by
the upper end of the tube. The depth of the particulate bed was limited to about 5 mm (~5 g of
parent limestone). Solids were allowed to react 10 min for calcination and 30 min for
carbonation. A fast change of the experimental conditions between calcination (900 ºC, air) and
recarbonation (650 ºC, 20% CO2) was achieved by taking advantage of the temperature profiles
along the furnace. Thus, when the furnace was operated at 930 ºC (temperature at the surface of
the heating elements), the temperature of the sample was 900 ºC at the vertical centre of the
tube, but only 650 ºC when the sample was placed 5 cm below the top of the tube. The sample
was therefore alternated between these two positions along the cycling experiment. Selected
sub-samples were taken from the basket while in its upper position, either before (calcined
samples) or after recarbonation (carbonated samples). The actual temperature of the sample was
measured with a thermocouple placed in the centre of the particulate bed.
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Figure A.5.1.1. Experimental installations used for sorbent performance testing at CSIC. Left:
multicycle sorbent testing (two ovens moving with a pneumatic system to different cyclic
positions-temperatures). Right: small fixed bed apparatus with a movable sample system
between two different positions (and temperatures)

A scanning electron microscopy (SEM, Zeiss DSM-942) was the technique used for the
examination and imaging of the calcines and recarbonated samples. Small sub-samples (~50
particles) were mildly crushed by pressing them between two pieces of glass, in order to expose
their inner parts to the electron beam. The fragmented particles were dispersed on a graphite
adhesive tab placed on an aluminium stub, and coated with a thin film (~20nm thick) of gold in
order to get a better electronic signal and, besides, prevent the hydration of the calcines. In
addition, a Hg porosimetry was used to follow the textural evolution (pore size distribution
change) along cycling of selected samples as well as a determinations of sorbent surface area
with the BET.
Table A.5.1.1 compiles the range of experimental conditions used during sorbent
characterisation tests, including the main variables studied. The experimental work has
generated a database of several thousand thermograms (each cycle point in subsequent figures is
a full thermogram), several hundred fixed bed cycles of carbonation-calcination and associated
samples for SEM observation and quantitative texture determination by Hg porosimetry.
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Table A.5.1.1. Summary of reaction conditions during different experimental series. Grey
shadows show the referece conditinos, fixed when the others are varied.
Type of limestone

dp (mm)

t calcination (min)

Blanca
0.1-0.25
Havelock
0.25-0.4
Cadomin
0.4-0.6
Wolica
0.6-0.8
Gotland
0.8-1
Dolomite (Sierra de Arcos)

3
5
10
20
30
60

% CO2 vol.
% sulfation of Number of
T calcination (ºC) (carbonation and
calcination)
limestone
cycles, N
800
3
0
up to 500
850
6
0.048
900
10
0.063
950
12
0.12
1000
24
0.25
50
100

The key results of this experimental work are described in the following paragraphs. Also, the
discussion to interpret the data and put them in suitable form for the design of the units and
systems carried out in subsequent sections. Most of the experiments were carried out with a
Spanish limestone (“la Blanca”/Omyacarb) because it was clear by reviewing literature data and
with the first series of experiments (see Figure A.5.1.2 and Abanades and Alvarez, 2003 for
details) that the effect of limestone type, although detectable in some cases, was a second order
effect respect to the key mechanism of deactivation along cycling. Limestone la Blanca is
almost pure CaCO3, yielding 56.2 % of calcined material. Also, particle size and carbonation
temperature, where investigated only at the beginning of the test programme because it was
clearly seen that (for the purpose of the maximum conversion achieved at the end of the fast
reaction period) they did not affect much the results.
Figure A.5.1.2 presents some representative series of experiments referred in Table A.5.1.2, as a
function of the number of cycles. Table A.5.1.2 compiles the range of conditions employed in
these experiments and in those conducted by other authors. The results in these figures show a
striking similarity in several of the series of experimental points. This is despite the large
differences in sorbent characteristics, particle sizes, reactor characteristics, reaction conditions
and calcination and carbonation times in the original experiments (see Table A.5.1.2).
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Figure A.5.1.2. The decay in maximum carbonation conversion with the number of cycles.
Left, several authors sources reviewed in Abanades and Alvarez (2003). Right: this project at
calcinations temperatures and partial pressure of CO2 (atm) as indicated in the key.
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Table A.5.1.2. Outline of Reaction Conditions during the Series of Experiments of Figure
A.5.1.2.

In order to get a visual indication supporting the calcinations/recarbonation pattern, we shall
now describe the textural changes undergone by the limestone along the subsequent
calcination/carbonation cycles carried out in our fixed bed experiment (FB900/0.2d2 in Table
A.5.1.2). The microscopic examination of the parent material under the transmitted light
microscope revealed (Figure A.5.1.3a) that the limestone particles are composed of
microcrystals displaying a wide range of sizes, typically 10-20 µm diameter, although much
bigger grain sizes were also detected, some even forming monocrystal particles (~0.5 mm
diameter). When moving to a higher magnification within one of these fragmented grains, it
can be seen (Figure A5.1.3d) that the CaO is arranged in small (~100 nm breadth, variable
length) parallel rods, which leave in between a network of quasi-cylindrical pores. When this
material is submitted to recarbonation conditions, the microgranular structure of the grains is
lost, and only some pores typically 100 nm diameter are observed in an apparently dense
groundmass (see Figure A.5.1.3e). The grain surfaces show the stone-paved appearance
illustrated in Figure A.5.1.3f. This image alone suggests that the recarbonation might have
ceased due to the sealing of the outer surfaces of the grains, but the equally dense appearance
of the material in the inner of the grains suggests that the reacting gas must have penetrated
before the full closing of the external layer of micrograins or proceeded through smaller pores
than the resolving power of the microscope. In summary, the reaction does not stop as a
consequence of the sealing of an outer layer in the grain, but due to the lack of useful porosity
where the CaCO3 might grow, as a consequence of the different molar volumes of CaCO3 and
CaO (36.9 and 16.9 cc/g, respectively). The observations support the concept of a limiting
microporosity for all the carbonation cycles at a grain level, similarly to how Bathia and
Perlmutter (1983) interpreted the carbonation conversion after a single calcination. The
volume fraction associated with these small pores seems to decrease as the number of
calcination/carbonation cycles increases, due to micrograin sintering and/or grain shrinkage as
will be discussed below. In the large voids, the limiting factor for further reaction is not the
lack of space but the rapid increase in the resistance to gas diffusion through the product
layer, as measured by Mess et al (1999). Figure A.5.1.4 summarizes the mechanism of
recarbonation discussed in the previous paragraphs.
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Figure A.5.1.3. Images from the transmitted light (a) and SEM (b-h) microscopes. a)
observation of grain crystals in the parent limestone, b) crystalline domains after the
carbonation in cycle 40, c) grain structure after the first calcinations, d) micro grains of CaO
inside the grains, e) interior of the grains after the first carbonation, f) exterior surface of the
grains after carbonation, g) larger voids formed in the interior of the grains after first
calcination and (h) after calcinations in cycle 40.
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2
Figure A.5.1.4. Scheme of the complete filling up by CaCO3 of the small inter-micrograin
voids (1) and the formation of a product layer of CaCO3 in the wall of large voids (2). The
dotted line in 2 (left) indicates the maximum growth of the product layer. The dashed lines in
1 and 2 (right) indicate the boundary of the CaO zones before carbonation.

A simple mathematical model has been developed to account for the decay in carbonation
conversion with the number of cycles, based in the changes in texture described above
(Abanades and Alvarez, 2003):
X N = f mN (1 − f w ) + f w

(A.5.1.1)

with fm=0.77 and fw=0.17 for the solid lines of Figure A.5.1.2
The model is able to fit also the data from other authors compiled in A.5.1.2 (see solid line in
Figure A.5.1.2) and can be easily incorporated into the simulation tools being developed in
Task8 to predict system performance in terms of CO2 capture efficiencies.
Fundamental sorbent characterization work included detailed studies of the Hg intrusion
curves of selected samples. In Figure A.5.1.5 calcined (left) and recarbonated (right) samples
from two series of experiments carried out using 5 minutes carbonation time, without (top)
and with initial pre-sintering (bottom) times of 10 and 90 minutes are presented as an
example. In this figure, it can be readily noticed that the extended residence time of the CaO
during the first calcination indeed provoked important changes in its pore network, with a
pore size distribution peaking at 189 nm, more than twice the size of the pores (85 nm) in the
fresh CaO, calcined for 10 minutes. However, in spite of this initial difference, the behavior of
both systems rapidly converges to become virtually indistinguishable from each other after
the 30th cycle. This is due to the fact that the calcium carbonate formed during carbonation
does not keep a memory of its previous calcinations and recarbonations, as regards its texture
development. Thus, when the sintered CaO is recarbonated and then calcined (but not
sintered) again, the texture development of this newly formed CaO is essentially the same as
in the fresh calcine of the non-sintered series. As the recarbonation progresses from the free
surfaces inwards, the unreacted CaO after completion of the first cycle will presumably be
situated in the skeleton of the former CaO arrangement. When this recarbonated sample is
calcined again, a network of small pores (~85 nm) is formed on the surface of the larger pores
formed during the first calcination+sintering. And the large pores will continuously increase
in size with the number of cycles as a consequence of the internal sintering that takes place
during calcination. This mechanism explains why the initial pore size distribution splits into
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Figure A.5.1.5. Intrusion curves of selected samples from the fresh CaO series (top) and the
pre-sintered series (bottom). Curves on the left correspond to calcine samples and those on the
right wereobtained from their recarbonated counterparts.

two different populations of pores: a decreasing one, always peaking at about 90 nm and
attributable to the calcination of the newly formed calcium carbonate, and the other
continuously shifting to bigger sizes and due to the sintering of the unreacted CaO.
Fundamental sorbent characterization work also explored other barriers for the carbonation
conversion that appeared in some sorbents and conditions: the early pore closure of the
external surface of the grains of the calcines when particles have experienced several cycles
with extensive carbonation times. The results of these studies have been recently published in
Alvarez and Abanades (2005). We observed (Figure A.5.1.6a ) that the pore size distributions
of the data series with extended carbonation times (30 min) peaked at remarkably lower pore
diameters than their 5 min recarbonation counterparts. These calcines, even after 100 cycles,
had a single population of pore sizes peaking at about 80-105 nm, in the same range as the
pore sizes in the fresh CaO. The Hg intrusion curves of the corresponding recarbonated
samples are not shown because they are just straight horizontal lines, indicating virtually no
pore volume, and this is clear proof that these recarbonated samples had undergone extensive
pore mouth blockage. The Hg porosimetry technique sees a highly microporous material
116

ECSC-7220-PR125

Capture of CO2 in Coal Combustion

when conversion data only shows modest conversions (around 12%) typical of highly
degraded samples. Figure A.5.1.7a is a medium magnification image of the outer surface of a
calcined particle (pre-sintering: 90 minutes, recarbonation time: 30 min., 30 cycles), where it
can be seen that the fine-grained surface reveals behind a regular pattern of dark spots ~1
micron diameter corresponding to the internal pore network. The observation of this surface at
a higher magnification (Figure A.5.1.7b) shows the presence of smaller pores connecting the
internal macropores to the exterior of the grain. These bottle neck pore structure conciliates
the conversion data with the porosimetry and SEM observations.
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Figure A.5.1.6. Intrusion curves of calcined samples. Left, “la blanca” (recarbonation 30 min)
no pre-sintering. Central: Pre-sintered samples. Right: Calcined Cadomin samples from tests
in a pilot fluidised bed carbonator (see section A8).
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Figure A.5.1.7. View of the external surface of a large grain of calcined sample (30 cycles,
non pre-sintered, recarbonation time: 30 min.). The dark spots in the top left image (a)
indicate that a network of larger inner pores exists, very close to the outer of the particle. A
zoom of this image (b) shows the micrograins responsible for pore blocking on extended
carbonation times.
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Support work of sorbent characterisation was also required to interpret data coming from a
fluidised bed carbonator (see section A8 and Abanades et al 2004). As an example, the right
hand side of the Figure A.5.1.6 presents Hg porosimetries of the calcines of several
Cadomin(limestone) samples taken from the fluidized bed after experiencing several
calcinations-carbonation cycles in the bed. They are compared against a calcine obtained in
mild conditions (N2 at 800ºC) from fresh Cadomin limestone. The huge textural differences
between the calcines of samples from the bed and from the laboratory can only be explained
accepting that, despite the nominally mild calcination conditions during the Cadomin
calcination tests (850ºC in air, see Abanades et al 2004 for details), sufficiently strong
sintering mechanisms were present during the first calcination cycle, that yielded much poorer
texture (and sorbent performance) during the subsequent cycles. In contrast, other limestones
not presented here (Havelock) was more insensitive to bed calcination conditions. It is
interesting to note that Curran et al. (1967) observed that the large differences in deactivation
rates of different acceptors measured in a batch unit were not confirmed in the continuous
unit, where calcination rates at the particle level were much higher. It seems important (at
least for some limestones) to conduct carbonation-calcination tests in the laboratory at high
heating rates (as it is the case in the experimental rigs built for this project with a fast moving
oven zones around the sample).
The work measuring the decay in sorbent capacity along cycling was completed later with long
duration testing of some sorbents (hundreds of cycles, lasting for more than two weeks in
continuous for one test) and in the effect of sulphur (as CaSO4 in the sorbent) in the decay
curves of the sorbent. As will be seen below in sections A8 and A9, an overall objective in the
system may be to minimise the need of make up flow (although high make up flows are feasible
because the low cost of limestone as shown in A10). Low make up flows of limestone imposes
a higher number of cycles for the sorbent particles carbonating and calcining in the system.
Figure A.5.1.8 shows the results of the multicycle tests, showing that the sorbent performance
is poorer than expected in the range of number of cycles>50 from previous studies; with a
second, very slow decay in capture capacity in the materials studied towards conversions of
around 5%. Results confirm that dolomites (“S Arcos”) perform better in terms of CO2 capture
capacity than limestone. However, sufficiently long number of cycles bring dolomites
conversions to similarly low values than those obtained by limestone. The effect of an inert part
(main fraction) of inert solids (not carbonated CaO and or MgO) in the heat requirements in the
calcienr is studied in section A9 but it can be anticipated from Figure A.5.1.8 that the better
performance of dolomites is not sufficient to justify their use.
The effect of sulphur was studied in the TGA on sorbents with different level of CaSO4
obtained by reaction of SO2 with the calcined sorbent in air. The sorbent sample was first
calcined and then sulphated to different levels (Ca conversion to CaSO4 is the keyword of
Figure A.5.1.9). The partially sulphated samples were then submitted to repetitive carbonation
calcination cycles. As expected, the carbonation conversion suffered in the first cycle from a
large drop in carbonation conversion to below 30% for highly sulphated sample. This
limestone (La Blanca) is known to develop during sulfation a strong core-shell structure at
particle level that must be preventing the CO2 from accessing large portions of the particle
with free CaO. The effect of sulphur is however substantially less important in subsequent
cycles. This may be an indication that only a certain volume fraction of the sorbent is actually
affected by the sulphur uptake (in the exterior shell of the particles). When the shell is not
completely sealed with CaSO4 (for instance when large pores have developed after a few
cycles), the CO2 can penetrate to the interior of the sorbent and carbonate as in normal
carbonation/calcinations conditions the free surfaces of CaO.
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Figure A.5.1.8. Multicycle testing of three different
sorbents including a comparison with data from
Curran et al (1967) for dolomites. The experimental
data noted as “Curran” are from a large pilot
(Acceptor Process) while the remaining data are
from the TG studies in this project. Limestone la
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Figure A.5.1.9. Effect of partial sulfation of a
calcine on the multi cycle performance in
carbonation-calcination tests. Limestone la Blanca,
0.4-0.6 mm, Tcarb 650 ºC, Tcal=900 ºC, 10% vol
CO2 during carbonation and calcination.

For samples with low sulfation level (conversion to sulphate below 0.1) pore blockage by
CaSO4 may not be present/complete and the access to the sorbent allows sorbent performance
comparable to the fresh sorbent without sulphur (see Figure A.5.1.9). It is important to bear
in mind that since the target in the LCCC system is to capture the CO2 generated in
combustion, and the molar flow of CO2 is typically two orders of magnitude higher than SO2
in flue gases, particles with low sulfation conversion are most likely in a real system. This
means that, for the high make up flows of sorbent required to maintain the activity in the CO2
capture-regeneration loop, the sorbent will be an effective SO2 sorbent without a large
detrimental effect on performance respect to CO2 capture.
Finally, and in support of activities to develop the “in duct” carbonation options, where
especially high reactions rates are required, a closer examination on the carbonation reaction
rates under kinetic controlling conditions was carried out. In particular the effect of CO2 partial
pressure and effect of the number of carbonation-calcination cycles on the rate of carbonation
was investigated. Figure A.5.1.9 are examples of reaction rates measured in conditions where
no external resistance exists to the progress of reaction (about 10mg of sample with around 15
l/min of gas in the TGA of 20mm id) in the exterior of the particles. As discussed in previous
reports, the reaction rates are always sufficiently high (full conversions achieved between one
to five minutes) to effectively capture CO2 from in a fluidized bed (see section A.8.2).
However, the entrained bed carbonator envisaged for “in duct” carbonation options (see
A.6.1) is far more sensitive to reaction rates, because the limited gas solid contact times. In
these conditions, the results above cannot supply good enough information, as the particle
sizes are much smaller and the rates of reaction are much higher than those that can be
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measured in a TG apparatus (but not the maximum coversions achieved after, say, several
minutes that remain governed by equation A.5.1.1) . Efforts to model the carbonation reaction
at particle level in these conditions have been the subject of intense investigation by CSIC and
Cranfield (in entrained bed tests as described in A.6.1) and also by VTT incorporating pore
diffusion effects on the recarbontaion reaction of large particles.
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Figure A.5.1.10. Reaction rates measured in TGA for limestone “la Blanca” (left) and
dolomite (right) “Sierra de Arcos” at different vol% of CO2. dp=0.4-0.6 mm, T=650ºC.

The model by Bathia and Perlmuter (1983) was adopted as a first approximation to the
problem and adapted to the sorbent after several cycles. To calculate the reaction rate in this
model, we assumed that after achieving the carbonation conversion limit, Xb,N, the
carbonation reaction completely ceases (Abanades and Alvarez, 2003). It is also assumed that
in the active part of the conversion curves (below Xb,N), the carbonation reaction follows a
shrinking core model at grain level, consistent with our observations by SEM. As the number
of carbonation-calcination cycles increases, the decreasing value of Xb,N changes the value of
effective surface of reaction (S0Xb,N) of the calcines. This can be interpreted either as an
increase in the grain size or as a decrease of the total amount of reactive CaO micrograins.
However, the decay in activity for a given limestone, as the number of carbonationcalcination cycles increases, seems to be more linked with a reduction in the fraction of CaO
in the particle in the form of micrograins. This will require more detailed textural
investigations in the future and more elaborate model predictions. The simple approach
described above was consider sufficient to supply the key information needed for
interpretation of pilot test results from entrained and fluidised bed carbonation experiments
described in section A.6.
A.5.2 Work performed at VTT

Activities in this task have been progressing at VTT as planned, by using “Sorbent
performance” (SOPE) test rig and TGA for characterisation of sorbent nature and properties on
CO2 separation activity. The focus was to determine optimum circumstances for CO2
separation, like temperature, reaction time, gas velocity, sorbent volume and particle size.
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A.5.2.1 CO2 reduction tests at SOPE

The SOPE test rig consists of quartz tubes as sample line placed in heat casing (Figure A.5.2.1).
The sample line and sorbent bed are electrically heated, and gas streams (mixture of nitrogen
and CO2) are controlled by mass flow meters. Homogeneous gas mixture is achieved in mixing
chamber. Temperatures are measured with thermocouples, placed along the sample line.
Temperatures are recorded continuously by computer and exhaust gas concentrations can be
measured if needed. A schematic operation diagram of the sorbent performance test rig is
presented in figure A.5.2.2.

Gas

Sorbent bed

Figure A.5.2.1. VTT’s sorbent performance test rig.
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Figure A.5.2.2. VTT’s sorbent performance test rig operating principle.

Sorbent used in experiments were Finnish limestone from Partek Nordkalk Oyj Abp. The
composition of limestone according to the manufacturer, announced as oxides, were MgO
1−2 %, Fe2O3 0.2−0.4 %, SiO2 1−3 %, Al2O3 0.3−0.6 % and CaCO3 content of limestone
were 95−96 %. Investigated particle sizes were 0.5−1.0 mm, 1.0−2.0 mm and 2.0−4.0 mm.
All limestone fractions were calcinated at laboratory oven at temperature 900 °C for about 16
hours before CO2 capture tests.
The all carbonation experiments were carried out with SOPE test rig so that 10 grams of
calcinated limestone was loaded as bed material. After that the reactor was electrically heated to
temperature of 420–760 °C. When sorbent achieved adjusted temperature, CO2 and N2 in
different proportions were lead to the sample line and through the sorbent bed. CO2concentrations of 10−15 % were allowed to react with solids about 5−30 minutes. During the
experiments the average gas feed through the sorbent bed was 0.3–0.79 m/s. CO2 inlet and
exhaust concentrations was measured with FTIR-spectrometer, however change of CO2concentrations was low due to small amount of sorbent compared to inlet CO2.
The carbonation rates of limestone were determined after carbonation by TGA,
thermogravimetric analysis. TGA technique measures the change in the weight of a sample as
it is heated at a known rate. At these experiments temperature were raised at 5 °C/min from
105 °C up to 900 °C. It is known that calcium carbonates released approximately at 550−750
°C temperature, at that time CaCO3 convert to CaO. Magnesium carbonates released at
temperature 210–480 °C. Samples were mixed and powdered properly before analysis. Sample
volume used in analysis was about 4 mg and atmosphere was pure nitrogen. The variations in
sample temperature and weight losses were continuously recorded with computer (Figure
A.5.2.3
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Figure A.5.2.3. Weight losses as a function of temperature (tg-curves from the analysis of limestone fraction 1.0 – 2.0 mm).
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Figure A.5.2.4. Capture efficiency (%) from total amount (g) CO2 fed trough the sorbent.

According to fixed bed experiments, the results indicate that particle size distribution 0.5–1.0
mm has minimal effect on the CO2 separation, but instead coarser particle size fraction 1.0–
2.0 mm proved to be more effective (Figure A.5.2.4). Observation may due to more uniform
gas flow distribution with larger particles.
Experiments with fraction 1.0−2.0 mm showed by TGA-analysis as follows:

•

When temperature was 720 °C instead of 620 °C weight losses (TGA) were two times
bigger meaning higher carbonation degree and higher capture efficiency. Higher
temperature than 720 °C is not necessary.

•

Weight losses (TGA) were 15−40 % of a higher grade when CO2-concentration was 15 %
than 10 %.

•

Reaction time 5 minutes has quite low effect on the CO2 separation but when time was
raised to 30 minutes results was three times better.

As a summary of above test programme gave us detail design parameters to perform sorbent
experimentation with CFB pilot reactor at proper process conditions.
A.5.2.2 Thermogravimetric analysis of lime stones – CO2 exposure tests

Thermo gravimetric CO2 exposure tests and analysis gave information on:

•
•
•
•

Effect of particle size on reaction rate and maximum degree of conversion (pore
plugging)
Effect of temperature on reaction rate and maximum degree of conversion
Effect of CO2 concentration
Effect of type of CaO (density, porosity, internal surface area)
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Thermogravimetric experiments were started in the fifth reporting period and have been
finished by the end of the project. TGA results have been utilised in modelling work.
Test sets consisted of almost 30 tests. In the first test set, five different lime stone were
exposed to similar conditions:

•
•
•

CO2 concentration 15 %
Gas temperature 650 0C
Particle size 75-90 µm

Heating rate was 50 °C/min, as in all subsequent tests. The results are in Figure A.5.2.5.
Maximum conversion rate refers to the maximum slope value in a weigh graph. Analyser
software enables calculating and printing of the derivative curves as function of time.

Conversion efficiency and maximum conversion rate
100
Gas temperature: 650 C
CO2 content in gas: 15 %
Particle size: 75-90 um
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Figure A.5.2.5. Conversion characteristics of test materials.

First figure in the appenx of the annual report for 2004 gives an example of weigh curve for
the entire experiment, whereas the second figure shows a six-minute period when the
conversion rate attains its maximum at about 39 minutes.
The materials, in Figure A.5.2.5, are presented in decreasing order of the maximum
conversion rate. The maximum rate is almost the same for all materials excluding Uddagarden
lime with clearly lower maximum value. Conversion efficiency varies from about 40 to 80 %,
and it does not correlate with the maximum conversion rate. For practical reasons, Wolica
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lime might be the best one, since its conversion efficiency is high. Besides, its conversion rate
is high too, enabling fast and effective circulation in an industrial carbonator.
Conversion efficiency and maximum conversion rate
as functions of temperature
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Figure A.5.2.6. Effect of gas temperature on conversion.

Figure A.5.2.6. shows how the gas temperature affects conversion. Maximum conversion rate
is reached at about 600-650 0C, whereas the highest attainable efficiency is at about 700-750
0
C. However, the efficiency does not depend very strongly on the gas temperature in the
studied range.
Figure A.5.2.7 shows that the CaO particle size has a very straightforward effect on
conversion efficiency. This contradicts with the results by Ranade et al., 1979, which indicate
no significant effect of particle size. However, in those tests only two particle fractions with
average sizes 81 and 137 µm were studied. The fractions were relatively close to one another.
Similarly, Figure A.5.2.8 shows that the difference in conversion efficiency is insignificant in
such a short range. Maximum conversion rate depends on the particle size to some extent too.
The clearly higher rate for 75-90 µm fraction is somewhat surprising. It may be due to an
error of some sort and the test should be repeated.
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Conversion efficiency and maximum conversion rate
as functions of particle size
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Figure A.5.2.7. Effect of CaO particle size on conversion.
Conversion efficiency and maximum conversion rate
as functions of gas CO2 content
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Figure A.5.2.8. Effect of CO2 concentration on conversion.
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Figure A.5.2.8 shows clearly that CO2 content in gas has no effect on the conversion
efficiency under the conditions used, but has almost linear effect on the maximum rate.
Especially if taking into account that the data point at 15 % is the same deviating one as in
Figure 5.2.2.VTT7..

A.5.2.3. Capture by CaO - Modelling

General

In the following modelling of CO2 capture is discussed. The diffusion and reaction of CO2
inside the particle can be described by

∂ρ CO 2 1  ∂
∂ρ 
= 2  Dr 2 CO 2  − ρ& CO 2
∂t
r  ∂r
∂r 

(A.5.2.1)

The term on the left describes the storage. t is time and ρCO2 is concentration of CO2 (kg m-3)
or its difference to the equilibrium concentration. The first term on the right hand side
describes diffusion inside the particle. D is diffusivity of CO2 inside the particle and r is radial
co-ordinate. The second term describes the local disappearance of CO2 due to reaction with
CaO by the carbonisation reaction
CaO+CO2 → CaCO3

(A.5.2.2)

The molar weights are MCaO=56.08, MCO2=44.01 and MCaCO3=100.09. Then theoretically 1 kg
can absorb 0.785 kg CO2 producing 1.785 kg CaCO3. The energy release in the process is
4.16 MJ/kgCO2. The optimum temperature is about 650oC. The optimum temperature is
affected by the competing of the rate of reactions and diffusion. At high temperatures CO2 is
again released due to competing reactions. Shimizu et al., 2003 gives the value 2700 kg m-3
for the true density of typical Japanese limestone. The measured loose density for Volica
limestone particles (<75µm) was 722 kg m-3, which increased to 1003 kg m-3 by applying
vibration. If we assume the shape of the particles as spheres having the minimum with
porosity 36 % in the packing then 1567 kg m-3 is obtained. Then the density of CaO particles
will be 888 kg m-3. This is just a rough estimate, since the smaller particles may fill the voids
between large ones. The density of the reacted solid ρp will increase due to CO2 capture in the
reaction, Eq. (A.5.2.2),

∂ρ p
∂t

= − ρ& CO 2 = ( ρ CaCO3 ,0 − ρ CaO ,0 )

∂X
∂t

(A.5.2.3)

X is local conversion. Both CaCO3 and CaO can be locally present. The index 0 refers to pure
substance. If the rate of reaction is fast, pore plugging or significant increase in the diffusion
resistance may take place before much capture has taken place. The increase in density of the
outer layer may cause pore plugging preventing diffusion of CO2 inside the particle before the
interior of the particle has been reacted and further capture of CO2. The CaO particle can be
considered to consist of smaller grains. There may be also a limit of conversion of an
individual grain inside the particle, if the pores of this grain are plugged or parts of the grains
are unachievable.
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The boundary condition at the surface of the particle with radius Rp is
 ∂ρ 
hm ( ρ CO 2, g − ρ CO 2, s ) = D CO 2 
 ∂r  s

(A.5.2.4)

where hm is the mass transfer coefficient between the gas and the surface of the particle. Index
s denotes particle surface and g gas far from the particle. The symmetry condition in the
centre of the particle is
 ∂ρ CO 2 

 =0
 ∂r  r =0

(A.5.2.5)

In practical cases the effect of storage is small and the term on the left side of Equation
(A.5.2.1) can be neglected. Then the rate of process is determined by interplay of diffusion
and chemical kinetics.
Equation (A.5.2.1) with its boundary condition can be solved numerically, if the diffusivity D
and the local chemical reaction rate are known. The local chemical reaction rate could be
described for example by first order reaction with respect to concentration of solid CaO and
gaseous CO2

ρ& CO 2 = k1 ρCaO ρCO 2

(A.5.2.6)

where the reaction rate coefficient k1 depends on temperature and may also depend on local
conversion. Then reactions rate coefficient includes the effect of internal surface area, which
is changing. Two different ways to describe the reduction of the coefficient k1 of a
corresponding coefficient in the progress of the conversion has been presented. On way is to
use exponential decay. (Dogu, 1981)

k1 = k1,0 exp(−bt )

(A.5.2.7)

due to deactivation or sintering and decrease of reaction surface. The form of Eq.( A.5.2.7)
would predict different reaction rates for different particle sizes, since diffusion in a large
particle takes more time. If the rate is decreased due to formation of a product layer, then a
relation k1=k1(X) would be better. The form of Equation (A.5.2.7) would be better suited to
describe the decrease of reactivity (and reactive surface area) due to sintering. (Rande and
Harrison, 1979) The grain model is another way to describe the reduction of the local reaction
rate with conversion. The particle is considered to be consisted of small grains, in which the
conversion takes place by the shrinking core concept.
If D is constant and we assume that k1ρCaO = kρp ≈ constant (in the initial stage when not
much CaO has been converted to CaCO3), Equation (A.5.2.1) can be solved analytically

ρCO 2 / ρ CO 2, s =

R p sinh[3Φ (r / R p )]
r

(A.5.2.8)

sinh(3Φ )
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where Rp is particle radius and

Φ=

Rp

ρ pk

3

D

(A.5.2.9)

is Thiele modulus. The surface concentration, in Equation (A.5.2.8), is obtained from the
boundary condition (A.5.2.4),

ρCO 2, s =

ρ CO 2,∞

(A.5.2.10)

1 + (1 / Bim )[3Φ coth(3Φ ) − 1]

where Bim = hmRp/D. The reaction rate of CO2 per mass of CaO is

r=

′′ 2, s S
m& CO

ρCaOV

=

3D  ∂ρ CO 2 

 = ηkρ CO 2, s
R p ρ p  ∂r  s

(A.5.2.11)

where the effectiveness factor (actual rate for the whole particle/rate evaluated at outer surface
conditions) is

η=

1
1
1 
−

Φ  tanh(3Φ ) 3Φ 

(A.5.2.12)

Rate limited by diffusion

An unreactive CaO can be good with respect to conversion (but not with respect to rate of
conversion), since the internal parts will be reacted before pore plugging on the surface of the
particle. There is interplay between reaction rate, pore size and reaction surface area.
Physically the process is analogous to sulfation. Three sulfation patterns were observed in
different limestones are unreacted core, uniformly sulfated and network. (Laursen et al., 2001)
The same patters may also be present in carbonisation depending on the nature and porosity of
CaO particles.
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If the rate of diffusion is slow compared to the rate of reaction, the process can be described
by the shrinking unreacted core model. A layer of reacted solid will be formed on the
unreacted core of CaO having radius Rc. Then the concentration of carbon dioxide inside the
surface layer of the particle is obtained as the solution of Equation (A.5.2.1) with boundary
condition (A.5.2.4)

ρ CO 2 / ρ CO 2,s = (1 / r − 1 / Rc ) /(1 / R p − 1 / Rc )

(A.5.2.13)

where the surface concentration of CO2 is

ρCO 2, s = ρ CO 2,∞ /[1 + (1 / Bim ) /( R p / Rc − 1)]

(A.5.2.14)

The rate of the reduction of the radius of the shrinking core is related to the mass flux of
carbon dioxide to the reaction front

′′ 2,c = D
m& CO

ρ CO 2, s
D
∂ρ CO 2
dR
=− 2
= − fρ CaO c
Rc 1 / R p − 1 / Rc
∂r
dt

(A.5.2.15)

where f = MCO2/MCaO=44.01/56.08=0.785. Equation (14) can be integrated to give the
relationship between time t and conversion X

6 Dρ CO 2,∞ t

fρCaO R p2

= 3 − 2(1 − 1 / Bim ) X − 3(1 − X ) 2 / 3

(A.5.2.16)

where X = 1 − ( Rc / R p ) 3 is the conversion. Usually the Biot number for mass transfer is large
(1/Bim → 0) and Equation (A.5.2.15) becomes

6 Dρ CO 2t
= 1 + 2(1 − X ) − 3(1 − X ) 2 / 3
2
fρ CaO R p

(A.5.2.17)

In the other extreme case the chemical reaction rate is low compared to the rate of diffusion.
Then the CO2 concentration inside the particle is the same as in the gas and the whole particle
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is reacting uniformly. Eq. (A.5.2.17) might also be used to the case where the rate is
controlled by the diffusion into separate grains of then particle, if the diffusion rate in the
voids between grains is high. Then the radius Rp should be replaced by the grain radius. In the
work of Mess et al., 1999 measurements were carried out for 15-20 µm CaO powder. The
diffusivity of the product layer was D=Aexp(-B/T), where A=0.65×10-4 m2s-1 and B=28654 K.

Rate limited by chemical kinetics

When rate diffusion is fast compared to the rate of chemical reactions, the conversion takes
place uniformly in side the particle. A simple way to describe it is
dX
= k (1 − X ) n
dt

(A.5.2.18)

where k is function of temperature and concentration of CO2. Equation (A.5.2.17) can easily
be integrated to give resulting to the expression between time t and conversion X

X = 1 − [1 − (1 − n)kt ]1/(1− n ) when n ≠ 1

(A.5.2.19)

X = 1 − exp(−kt ) when n = 1

(A.5.2.20)

In principle Eqs. (A.5.2.18), (A.5.2.19) or (A.5.2.20) can be used as global models even if the
reaction does not take place uniformly inside the particle. Then, however, reaction rate
constant k depends on the particle size.

The simple relation between time and conversion

t = tc ( X ) + td ( X )

(A.5.2.21)

where the times are summed up, might be a reasonable approximation accounting both for
kinetics and diffusion.

Discussion

A fluidised bed batch experiment could be used to study the CO2 capture. Then mixture of
nitrogen and CO2 flows through the batch and the change in CO2 concentration in the outlet is
monitored. The bed can also be quenched and the particles analysed. Thermobalance tests
with a single large particle or a thin bed of pulverised particles could also be applied.
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Thermobalance tests with very fine material, for which the process is controlled by the
chemical kinetics diffusion being fast, can be used to find the parameters for the chemical
kinetics.
The capability of the CaO particles to capture CO2 depends on the structure of the particles
(porosity, internal area) and the particle size. The fragmentation of the CaO particles due to
thermal shock may affect the particle size. Particle size is important, since it affects on
the rate of CO2 capture
the degree of conversion (if pore plugging takes place)
Attrition is not much affecting in a single conversion step, but in the long run it will reduce
the particle size. The two extreme hypotheses, controls by diffusion and by chemical kinetics,
can be tested using different sizes of particles in a thermobalance. There should no effect of
particle size in the control by chemical kinetics. This is also the case, if the rate is controlled
by the diffusion in individual grains inside the particle. On the other hand, in product layer
diffusion control, Equation (A.5.2.16) indicates, that the conversion time is proportional to
particle radius power two ( ~ R p2 ).
Particle size may also affect the degree of conversion reached with very long residence time,
if pore plugging takes place. Then the dense product layer formed on the particle prevents
further diffusion of CO2 inside the particle and conversion is ceased. This behaviour depends
on the structure of the particle. An interesting point is also how high degree of conversion can
be reached compared to the theoretical maximum, which is 0.785 kg CO2/1kg CaO.
According to Abanades et al., 2004 there are two limits in terms of CO2 capture efficiency
from the gas phase in the carbonator. The first limit arises from the equilibrium in the
carbonation-calcium reaction. The equilibrium allows for CO2 capture efficiencies higher than
90% for typical conditions (12-15 vol % of CO2) at atmospheric temperatures and
temperatures around 650oC . The second limit is the very rapid drop in the reaction rate after a
given value of conversion reported by Bhatia and Perlmutter, 1983 and others. The slow
reaction regime, Ness et al., 1999, has no practical interest from the perspective of a CO2
capture device.
The shapes of all the CO2 capture curves measured at VTT using CaO particles produced
from different limestones by calcination show first a rapid reaction and then a slow rate and
total ending of the process before complete conversion.
One way to correlate the time dependent behaviour is to apply a diffusivity (in Equation
(A.5.2.1)) that decreases with the increase of local conversion such as

D / D0 = f ( X ) = (1 − X / X max ) n
(A.5.2.22)
This predicts local pore plugging at local conversion X = Xmax. The chemical reactivity seems
to be high shown by the rapid initial reaction. However, it is not well-known which type of
diffusion and product layer is influential here. Is it the product layer on the surface of the
particle or the product layers on an individual grains inside the particle.
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The shape of the curves for CO2 can be obtained by using the simplified model Éq. (A.5.2.17)
with the conversion dependent diffusivity, Eq. (A.5.2.22) giving

t / τ = [1 + 2(1 − X ) − 3(1 − X ) 2 / 3 ] / f ( X )
(A.5.2.23)

where τ = fρ CaO R p2 /(6 D0 ρ CO 2 ) . As an example the case Xcr = 1, n = 2 and τ = 360 s is shown
in Figure A.5.2.9.
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Figure A.5.2.9. Simulated conversion of CaO to CaCO3 as function of time with conversiondependent diffusivity.

However, experiments show that the conversion was independent on particle size from 81 to
137 µm meaning that the process was under the control of chemical kinetics. (Abanades et al.,
2004) In this case, the diffusion control may take place in the individual grains and not on the
surface of the particle. VTT’s experiments with different particle sizes in a thermobalance
show particle size dependency of the rate of conversion and of the extent of conversion. Then
both diffusion from the surface inwards the particle and inside in the grains are affecting.
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The control by chemical kinetics, Eq. (A.5.2.18) with n=0 seem well predict the fast initial
stage. For example for Gotland limestone (75-90 µm) at 15 % CO2 at 650oC, k ≈ 0.0027 s-1.
The reaction rate coefficient seems to be almost proportional to CO2 concentration (Louhi,
75-90 µm). First order reaction is also suggested by Shimizu et al., 1999. It is seen that the
initial reaction rate coefficient k rate is highest at 600oC (Louhi 20 µm, 15 % CO2), lower at
700oC and lowest at 750 oC, but the degree of conversion is highest at 700 oC. The reaction
rate is almost the same for particle sizes <20 µm and 75-90 µm (Louhi, 15 % CO2, 700 oC)
indicating kinetic control, but then the reaction rate starts to cease with increasing particle size
indicating transition into partial diffusion control (in the whole particle level).
Figure A.5.2.10 shows the mass increase of small CaO particles. The mass scale is that of the
thermobalance applied in the measurements. The increase of the rate is high at the beginning,
but the rate does not reach the high value instantaneously. The lag may be due to lags and
mixing in the experimental device. Then CO2 does not enter to the reactor in a plug flow
manner as it is assumed in later simulation. Corresponding curves for large particles are
shown in Figure A.5.2.11. The comparison of these cases is shown in Figure A.5.2.12.
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Figure A.5.2.10. Mass and rate of mass change for CaO particles <20 µm (Louhi) at 15 %
CO2 and 650oC.
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Figure A.5.2.11 Mass and rate of mass change for CaO particles 280-315 µm (Louhi) at 15
% CO2 and 650oC.
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Figure A.5.2.12. Comparison of mass increase of CaO particles with different sizes (Louhi) at
15 % CO2 and 650oC.

Shimizu et al., 1999 used fixed bed reactor to measure the rate of carbonization of CaO. The
particles (0.42-0.59 mm) were diluted using quartz sand in 1 g CaO in 5 g of sand . The global
reaction rate coefficient was described by
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dX
= kC ( X max − X ) = kCX max exp(−kCt )
dt
(A.5.2.24)

where C is concentration of CO2, Xmax is the maximum conversion at which the rate
approached zero, and k is a reaction rate coefficient. CO2 concentration affected neither k nor
Xmax. Xmax decreased with increasing number of cycles, but the degree became less with
increasing number of cycle. k was not affected by the number of cycle. In their reactor design
k was fixed at 25 m3kmol-1s-1 and Xmax was treated as a parameter less than 0.3, which was
observed in the 4th cycle. This model equation, Eq. (A.5.2.24), could describe the reaction rate
of the particles of certain size range (0.42-0.59 mm).
Using a similar approach but extending it to account the high initial rate and for the local
conversion rate instead of whole particles, we get
dX
= kρ CO 2 ρ CaO when X<Xc
dt
(A.5.2.25)

X −X
dX
= kρ CO 2 ρ CaO max
when X>Xc
dt
X max − X c
(A.5.2.26)

where the local CaO concentration (mass/volume) is ρ CaO = ρCaO ,0 (1 − X ) . The first of these
equations can describe the fast initial reaction rate before critical conversion Xc. The latter one
can describe the decrease of the reaction rate and the final extinction of the reactions at
X=Xmax. However, a model, where the local reaction rate is function of the local conversion
dX/dt ~ g(X) cannot explain why the final conversion is smaller for larger particles. This
particle size dependency indicates that diffusion (in the particle level) and pore plugging on
the external surface of the particle may play some role. The local diffusivity here is described
by equation

D = D0 f ( X )
(A.5.2.27)
where f ( X ) = 1 , when X<Xc and f ( X ) = ( X max − X ) /( X max − X c ) , when Xc < X < Xmax. This
model can produce the measured trend.
The local reaction rate is described by the grain model, where CO2 diffuses trough the surface
layer of grains and reacts on a shrinking cores in grains inside particles. The mass flow rate of
CO2 between trough two concentric spheres (grain surface and reaction surface) is
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4πDgr ( ρ CO 2 − ρ v )
= 4πrv2 kfρ v
1 1
−
rv rgr

(A.5.2.28)

where r is radius, k is the reaction rate coefficient, f is the stoichiometric coefficient, gr
denotes the grain surface and v the core surface. The concentration on the core surface can be
solved

ρ CO 2

ρv =
1 + Da

rv
rgr


1 − rv
 r
gr






(A.5.2.29)

where the grain Damköhler number is defined as Da = kfrgr/Dgr. It describes the ratio of
chemical and diffusion rates. The mass flow rate of CO2 through the product layer is
m& = 4πDgr rrg Daρ CO 2 g ( X )
(A.5.2.30)
where
(1 − X ) 2 / 3
g( X ) =
1 + Da(1 − X )1/ 3 [1 − (1 − X )1/ 3 ]

(A.5.2.31)

We get the mass flow rate of recovered CO2 in Eq. (A.5.2.1) becomes

ρ& CO 2 = − g ( X ) ρ CO 2 / τ k
(A.5.2.32)
where the time constant for chemical reactions is τ k = rgr /[3kf (1 − ε 0 )] , where ε0 is initial
porosity. Thus Eq. (1) becomes
∂ρ CO 2 1 / τ d ∂ 
2 ∂ρ CO 2 
= 2
 f ( X )x
 − g ( X ) ρ CO 2 / τ k
∂t
x ∂x 
∂x 

(A.5.2.33)

where time constant for diffusion is τ d = R 2 / D0 . Boundary conditions are
 ∂ρ

Bim ( ρ CO 2, g − ρ CO 2, s ) =  CO 2 
 ∂x  s
(A.5.2.34)
and
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 ∂ρ CO 2 

 =0
 ∂x  x =0
(A.5.2.35)

Equation (A.5.2.33) can be expressed as
∂ρ CO 2 1  df 2 f  ∂ρ CO 2
∂ 2 ρ CO 2 
=  +
+f

 − g ( X ) ρ CO 2 / τ k
τ d  dx x  ∂x
∂t
∂x 2 

(A.5.2.36)

At x = 0, df/dx = 0 and we get using L’Hospital’s rule
∂ 2 ρ CO 2 
1 
 ∂ρ CO 2 
 − g ( X ) ρ CO 2 / τ k

 =  3 f ( X )
∂x 2  x =0
 ∂t  x =0 τ d 

(A.5.2.37)
which is more suitable in the numerical discretization than Eq. (A.5.2.35). The local
conversion is
dX
ρ CO 2 / τ k
= g(X )
dt
ρ CaCO 3,0 − ρ CaO ,0

(A.5.2.38)

Figure A.5.2.13 shows the reaction rate function g as function of conversion. For large grain
diffusion control (small Dgr, large Da) the rate would decrease rapidly with increasing
1
0.8
g (X )

Da=0
0.6
1

0.4
10
0.2
100
0
0

0.2

0.4

0.6

0.8

1

X

Figure A.5.2.13 . Reaction rate function g(X) for a grain.
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product layer on the grains. Note that here the diffusivity of the product layer, Dgr, is assumed
constant. For Da = 0 the decrease is only due to decrease in the reaction surface area.
For a small particle the reaction is controlled by chemical kinetics and the concentration of
CO2 on the grain surface is the same as in the gas. Then equation for conversion can be
integrated

ρCO 2t
3
1
= −3(1 − X )1/ 3 − Da(1 − X ) 2 / 3 + Da(1 − X ) + Da + 3
( ρ CaCO 3,0 − ρ CaO , 0 )τ k
2
2

(A.5.2.39)

The value for the time constant for the reaction kinetics τk was estimated from Figure
A.5.2.14. At the initial stage (X = 0) the rate is about 9%/min, which gives

100%
 dX 
≈ (0.09 / 60)
=0.00346 s-1


d
t
100
%
−
56
.
657
%

 X =0

(A.5.2.40)

The CO2 concentration corresponding to volume fraction 0.15 is

ρ CO 2 = xCO 2 M CO 2 p /( RT ) =0.15×44.01×101300/(8314×923.15)=0.0871 kg m-3

where p is pressure, T is temperature, xCO2 mole fraction of CO2 in gas and R is the universal
gas constant. Then τk can be solved

τk =

ρCO 2
ρ CaCO 3,0 − ρ CaO ,0

0.0871
 dX 
/
s = 0.0371 s
 =
 dt  x =0 (1567 − 888) × 0.00346

(A.5.2.41)

for CaO produced from Louhi limestone. The reaction rate of the small 20 µm particle is
dominated by chemical kinetics and the spatial conversion profile is smooth. However, even
for that eventually pore plugging takes place. The critical conversion can be estimated from
the long run thermobalance test for a small particle. After 426 min, the reading of the
thermobalance was 90.554 % and the reactions were close to total extinction. This gives the
maximum value Xmax=(90.554-56.657)/(100-56.657)=0.782 for the conversion. The case Da =
0 calculated with Eq. (A.5.2.39), is presented in Figure A.5.2.14.
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Figure A.5.2.14. Conversion of particle as function of time calculated by the grain model in
regime of kinetic control.

The solution of Eqs. (A.5.2.36), (A.5.2.37) and (A.5.2.34) can be done numerically using
2
equations ( p = ∆t /(τ D ∆x )

ρ ks +1 = p{[ f k (1 − 1 / k ) − ( f k +1 − f k −1 ) / 4]ρ ks−1 + [ f k (1 + 1 / k ) + ( f k +1 − f k −1 ) / 4]ρ ks+1}
+ (1 − 2 p ) f k ρ ks + ρ& k ∆t

(A.5.2.42)

for internal points (k = 1, 2, 3…). For centre (k = 0) using Eq. (A.5.2.37)

ρ 0s +1 = (1 − 6 p) ρ 0s + 6 pρ1s + ρ& 0 ∆t
(A.5.2.43)

For particle surface (k=K) the parabolic estimation of the derivate is used. Then

ρK =

2∆xBim ρ CO 2, g + 4 ρ K −1 − ρ K −2
3 + 2∆xBim
(A.5.2.44)
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For a larger particle the overall critical conversion is lower than Xmaxc, since the reactions
inside the particle are ceased, when the conversion at the surface reaches Xmax preventing
further diffusion of CO2 inside the particle.

Eq. (A.5.2.33) with boundary conditions was solved numerically with Bim0 = 4, Xc= 0.553,
and Xmax = 0.782. The value D0= 3.75 × 10-7 m2 s-1 gave a reasonable agreement. The
calculations for 20 µm particle showed a very rapid evolution of an even concentration profile
of CO2 inside the particle. Simulations results for CO2 concentrations inside a larger particle
are shown in Figure A.5.2.15. Here also the concentration profiles are quite even. At about 4
minutes the concentration of CO2 decreases due to increase in the diffusion resistance in the
particle surface. Simulation of the time dependent conversion curves with conversion
dependent diffusivity is presented in Figure A.5.2.16. The conversion profiles are also quite
even. Figure A.5.2.17 shows calculated conversion and rate of conversion for a 300 µm
particle as function of time. After about 4 minutes, the rate is decreased. Particle size
dependent conversion could also be obtained with constant diffusivity D, if the reaction rate
would depend on time t (see Eq. (A.5.2.7)), but not if it depends on the conversion X.
The calculations were carried out with a sparse grid, where the spherical particle was
divided into ten layers. The small number is due to the great calculation time required, since
the time step is proportional to (∆x)2. The accuracy is good, when time is less that 240 s.
After that a denser grid would be needed on the surface, where the effective diffusivity
decreased. The same calculations were carried out later using pseudo-steady model neglecting
storage term as small, which is good approximation, and using 100 layers. This was carried
out in another project concerning SO2 capture to test the numerical model. The trends were
the same, but change took place little later than 240 s. In the end the concentration on the
particle surface increased and a steep concentration gradient was formed on the surface until
total stop of reactions. In reality, the particles are not of the same shape and may have cracks
so that the tail for somewhat non-homogeneous particle populations used in experiments will
be longer. The form of the diffusivity may suggest that the size of the grains inside the
particle remain constant for some time. Then they swell hindering the diffusion until total
plugging or pores.
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Figure A.5.2.15. Calculated concentration of CO2 (divided by concentration in gas) inside a
300 µm particle at some time instants.
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Figure A.5.2.16. Calculated local conversion inside a 300 µm particle at some time instants.
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Figure A.5.2.17. Calculated conversion and rate of conversion for a 300 µm particle.

It should be noted that if the pore plugging (in the particle level) takes place on the particle
surface, the diffusion will eventually affect also the conversion rate of small particles, since
the diffusion starts to limit the conversion rate. Equations (A.5.2.37) and (A.5.2.38) show that


3D0
∂ 2 ρ CO 2 
 dX 


=
f
(
X
)


2

∂x 2  x =0
 dt  x =0 R p ( ρ CaCO 3, 0 − ρ CaO , 0 ) 

(A.5.2.44)

showing that the reaction rate at the centre of the particle will cease, when f(X)→0.
The decrease of the mass when CaCO3 particles are heated can be calculated by an analogous
pyrolysis model. (Alvarez and Abanades, 2005) During a single cycle attrition does not have
much effect due to the relatively short cycle time, but in long term with several cycles attrition
will decrease the particle size of the sorbents.

Conclusions of Modelling

A model accounting for radial diffusion and reaction inside lime particle was developed.
By using the grain model and diffusivity depending on conversion, the trends with decreasing
rate and extent of carbonisation with increase in the particle size could be predicted. The
measurements at VTT were for the first carbonation cycle.
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The decay of the of the CO2 capture capacity of CaO particles after several cycles has been
discussed.(Alvares and Abanades, 2005a,b; Wang and Anthony, 2005) There will be textural
changes in the limestone after several cycles. (Alvares and Abanades, 2005a,b) Photographs
show that a fresh calcined limestone seems to consist of grains, but the same limestone after
100 cycles seems to consist more like a concrete structure with large pores [10]. Then instead
of a spherical grain, a grain of the shape of a hollow cylinder with an impermeable outer
surface would be better. Then the reaction rate function g(X) is

g( X ) =

[1 + (1 / ε − 1) X ]1/ 2
1 + Da[1 + (1 / ε − 1) X ]1/ 2 ln[1 + (1 / ε − 1) X ]1/ 2

(A.5.2.45)

where Da = kfrp / D gr , τ k = rp /(2kfε 0 ) and rp is the pore radius. CO2 in the pore diffuses
through the inner surface and product layer. Also the physical behaviour may change after
several cycles, since the small pores will be filled and pores become larger. The tests were
carried with one particle size interval (Alvares and Abanades, 2005a,b) so that no particle size
effect could be noticed and the model considers no radial effects. This might be true after
several cycles, since probably CO2 can easily diffuse through large pores formed and the rate
will be controlled by the product layer. However, the thermobalance experiments with fresh
limestone for the first cycle showed particle size effect, which can be accounted for by
considering radial diffusion inside the particle and pore closure at the surface of the particle.
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A.6 Task 6. Pilot plant evaluation of the CO2 separation concept.
A.6.1 Work performed at VTT

VTT’s contribution to the project includes CO2 capture efficiency studies employing a
laboratory CFB reactor. To this topic included:
preliminary CO2 removal tests
design of the additional modifications for test procedure
planning of the final CFB test programme
CO2 reduction tests by using gas feed (CO2, N and air)
VTT has a CFB reactor that consists of an air/water-cooled ceramic chamber enclosing a
fluidised bed (Figure A.6.1.1). Reactor is used to study combustion behaviour of different
fuels, deposit formation, formation of pollutants and ash behaviour under CFB conditions.

S e c o n d a ry
cy c lo n e
T o s ta ck

P rim a ry
cy c lo n e

F u e l c o n ta in e rs
A d d itiv e
c o n ta in e r
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(p re h e a te d )
A ir

P C c o n tro l a n d d a ta
lo g g in g sy s te m

P rim a ry g as h e a tin g

Figure A.6.1.1. VTT’s CFB reactor.
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Desired temperature in the reactor can be maintained with electrical heaters, cooling system
and by staging air feed. The amount of primary- and secondary air fed from three levels is
controlled and measured by thermal mass flow meters. Riser height of the reactor is eight
meters, ensuring a sufficient residence time for combustion also at high flue gas velocities.
Sampling ports at different locations enable the determination of combustion profile as a
function of residence time. Samples of solid material can be taken for analysing their quality
and particle size. Particulate matter is separated from flue gases in the primary and secondary
cyclones and in a fabric filter. Main characteristics of the reactor are:
i) fuel input 50 kW on an energy basis, ii) riser height 8 m, diameter 167 mm, iii) option for
fuel feed with two separate feeding lines, iv) fuel additive feed through a separate feeding
line, v) gas and solids sampling at different locations along the riser and vi) fly ash sampling
after both cyclones

A.6.1.1. CO2 capture studies using bio fuel in CFB reactor

Prior to the combustion tests, lime feed was tested to ensure its proper functioning and
capacity. Lime was blended with fuel by feeding it from the secondary fuel container into the
primary fuel line. The tests showed that maximum fuel and lime feeds were 3.8 and 2.9 g/s,
respectively. In addition, calibration curves for fuel and lime feed were obtained by measuring
the mass flow rates as a function of frequency converter settings. Eventually in the tests the
fuel and lime containers were continuously weighed and mass flow rates calculated from that
data.
Preparatory calculations were made before the tests to foresee the mass flow rates of ash,
required CaO, removed CO2, and CaCO3 corresponding the maximum fuel feed 3.8 g/s (2.75
g/s on a dry basis). The results including the CO2 and O2 contents in flue
Mass flow rates and CO2/O2 content as a function of CO2 removal
Mass flow rates (g/s) and CO 2/O2 content in
flue gas (%)

16
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Figure A.6.1.2. Results of the preliminary calculations.
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gas are presented in Figure A.6.1.2. The mass flow rates and the contents of gas species are
presented as a function of CO2 removal. Required CaO mass flow rate corresponds to a
calculated theoretical rate when all CaO reacts with CO2 forming CaCO3. Mass flow rates of
CaCO3 and removed CO2 simply come from mass stoichiometry CaCO3:CO2:CaO ~
100:44:56. Mass flow rate of ash is constant and as shown in Figure A.6.1.2 is insignificant (~
0 on the applied scale) in comparison with the other mass flows. Therefore, it was
preliminarily presumed that virtually all solids removed from the secondary cyclone are
CaCO3 and CaO, at least when CaO feed corresponds to a higher theoretical CO2 removal
than about 10 %.

Test fuel was milled bark-free pine. This fuel was selected as a sulphur free fuel to produce
CO2 without SO2 formation. Calcium oxide has stronger tendency to form sulphate than
carbonate. The main characteristics of used biomass fuel are shown in Table A.6.1.1. It can be
shown by simple calculations that sulphur content in the fuel is low enough to be neglected in
CaO mass balance calculations. Similarly calcium input in fuel is insignificant beside calcium
input in lime feed.

Table A.6.1.1. Fuel characteristics.

Moisture, %

27.6

Lower heating value (dry fuel), MJ/kg

19.5

Ash content, %

0.44

Elemental analysis, %
C

51.3

H

6.2

O

42.4

N

0.07

S

0.01

Three one-hour-tests were carried out. Table A.6.1.2 shows fuel and lime feed rates in all
tests. Lime feed in test 3 could have decreased CO2 emissions by 29 % if all CaO would have
formed CaCO3.
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Table A.6.1.2. Test parameters.

Test

Fuel feed, g/s

Lime feed, g/s

Theoretical maximum CO2 removal, %

1

3.8

--

--

2

--‘’--

1.1

16

3

--‘’--

2.0

29

Gas temperature in the riser was maintained in about 750 0C along the whole length of the
riser. It was measured at three heights and varied between 740 and 770 0C during the entire
test period. Temperatures in the first and second cyclone were 670 and 640 0C, respectively.
Both temperatures varied less than ±20 0C during the tests. Excess of air was slightly higher
than indicated in FigureA.6.1.2, resulting in flue gas O2 content about 7 %.

Table A.6.1.3. Measured mass flow rates and deposited material.

Mass flow rate (kg/h)/Test

1

2

3

Fuel

13.7

13.7

13.7

Ash

0.04

0.04

0.04

CaO

--

3.9

7.2

Circulating

1st cyclone

42.5

40.3

53.3

Out

2nd cyclone

0.02

0.055

~0

Filter

0.02

0.007

1.69

In

Deposited
material after
the tests, kg

Fluidized bed

4.25

Riser tube

1.09

1st cyclone

0.25

2nd cyclone

0.63

Heat exchanger

1.90

Total

8.12
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Solid material samples were taken during all tests in order to determine CO2 capture
efficiency. Samples were taken from beneath both cyclones and from the filter that is in the
flue gas line after the heat exchanger. Samples were weighed and later analysed in
thermogravimeter. Table A.6.1.3 presents the measured mass flow rates. Supposing that all or
almost all combustible material in fuel burns in the combustor, only compounds of calcium
would be collected from the second cyclone and the filter in addition to minor amounts of ash
and fluidising sand. In the first test, when no lime was fed, the ash mass input equals the total
material removal. In the second test the total CaO and ash mass input was slightly over 3.9 kg,
but only 0.06 kg was removed from the gas cleaners. It implied that most of CaO or formed
calcium compounds are just circulating between the combustor and the first cyclone or are
deposited somewhere between the fluidised bed and the filter. Mass flow rate of the
combustor/first cyclone cycle was measured at the end of each test. It was not increased by
the end of test 2, rather it was decreased slightly, Table A.6.1.3. It indicates that calcium
compounds would have deposited almost entirely.
In the last test, almost 1.7 kg of solids was collected from the gas cleaners, whereas about 7.2
kg (CaO+ash) was fed into the fluidised bed. Recirculation from the first cyclone was now
about 53 kg/h that was somewhat higher than in the first tests. It may indicate that some of the
increased feed remained in the combustor/cyclone cycle. On the other hand, this mass flow
rate measurement is not very accurate and the mass flow rate normally fluctuates to some
extent even during a relatively stable test period. Therefore it is more probable that most of
the above-mentioned feed was deposited again.
After the tests the entire line between the fluidised bed and the filter was cleaned and solid
material collected from different sections of the line, as shown in Table A.6.1.3. Lime feed
(CaO) formed calcium hydroxide with water that originates from fuel:
CaO + H2O - Ca(OH)2
Calcium hydroxide melts in about 580 0C, which temperature the particles can reach soon
after being fed into the fluidised bed. Calcium hydroxide releases water mainly between 350
and 450 0C and later in conjunction with its melting in about 580 0C. Therefore, particles
containing melted calcium hydroxide may land on the walls of the combustor line where the
temperature range is between 640 and 770 0C, as mentioned, and form deposits there.
Probably only a small fraction of lime has to form hydroxide to enable the deposit formation,
especially since the absolute mass feed rate is high.
The primary objective of the experiments was to test if this method could be a applicable test
procedure to be employed later when a more comprehensive set of tests will be carried out.
Lime was blended with wood fuel prior to feeding it into the fluidised bed in order to separate
the reacted lime in form of calcium carbonate from the gas cleaners and remove CO2 from
flue gas in this way. It was observed that most of the solid material deposited on the walls of
the riser tube, the cyclones and other sections of the combustor. This was to be due to calcium
hydroxide formation in blending and feeding lime with the fuel. Solid material particles
carrying a fraction of calcium hydroxide and landing on the combustor walls, may deposit
there because of the low melting point of calcium hydroxide. Therefore the employed method
proved inapplicable and will not be used later. Calcium hydroxide formation can be prevented
by replacing fuel and air feed with a gas feed consisting of a blend of pressurised air or
nitrogen and carbon dioxide as showing in following section.
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A.6.1.2 CO2 capture studies using gas feed to CFB reactor

The method used first proved to be inapplicable, since mixing of fuel and lime led to calcium
hydroxide formation resulting in solid deposit problems in the entire combustion line.
Therefore the procedure was modified to remove those problems and to improve reactor’s
performance in CO2 capture. Previously employed fuel, lime, and air feed to generate a
constant suspension flow of CO2 and lime was replaced with a gas feed consisting of a blend
of pressurised air and carbon dioxide. Lime was fed as before through the line from the fuel
container. In this way, the calcium hydroxide formation that caused problems in the previous
tests could be avoided. A pre-heater was used to raise the temperature of the gas mixture onto
an appropriate level.
The effect of the following parameters on CO2 capture has been studied:
carbon dioxide content in gas
temperatures along the fluidised bed reactor
particle size of lime
lime feed rate
Solid particle samples are analysed in order to determine the extent of carbonation in different
process conditions. Gas and mass balance calculations enable the determination of the overall
CO2 separation efficiency.
Carbon dioxide feed from a set of CO2 gas bottles was used. CO2 was diluted in desired ratios
with pressurised air. The CO2 content of the gas mixture was set to 10 or 20 % and it
remained on the desired level very well during the tests, as the test results below indicate. The
CO2 content in flue gas before and after the combustor was continuously measured. This
allowed the determination of CO2 capture efficiencies. Lime was fed from one of the fuel
Table A.6.1.4. Test parameters and results.

Test

Gas feed, CO2 in
l/min

gas, %

Lime feed, Max. CO2
capture, %
g/s

1

550

10

1.1

48

1-3

~4

2

--“--

--“--

--“--

--“--

2-4

~6

3

500

20

--“--

26

3-4

~ 13

4

380

--“--

--“--

35

8-10

~ 26

5

800

--“--

1.0

15

1-3

~ 13

6

--“--

--“--

2.0

30

5-15

~ 33
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containers and introduced into the gas mixture just above the gas inlet. The lime feed can be
controlled in a range between 0 and 2.9 g/s. In all, five tests were made. Table A.6.1.4 shows
the test parameters and some tests results. The average gas temperature in the riser tube and
cyclones was in all tests 650 °C. All the measured temperatures varied less than ±20 0C during
the tests.
Solid material samples were taken during all tests in order to determine the CO2 capture
efficiency. Samples were taken from beneath both cyclones and from the filter that is in the
flue gas line after the heat exchanger. The samples were weighed and were to be analysed
later in a thermogravimeter. However, since it turned out that the CO2 capture efficiency in
these tests could be determined reliably from the gas content measurements, the samples have
not been analysed so far.
In addition to the test parameters, Table A.6.1.4 shows the calculated and measured values of
maximum and achieved CO2 capture, and the CO2 capture efficiency. Maximum CO2 capture
corresponds to a theoretical case when every single CaO molecule reacts with a CO2
molecule. The achieved captures are the results of the measurements. Finally, the CO2 capture
efficiency shows the ratio of achieved and theoretical values.

14

Test 1; CO2 - 10 %, m(CaO) - 1.1 g/s, CO2(red,max) - 48 %,
Gas flow rate - 550 l/min, T - 650 C

CO2 content and capture, %

12
I-------> CaO feed started

I-----> 1st cyclone occasionally clogged up

10

8

after
before
CO2 capture

6

4

2

0
0:00

0:20

0:40

1:00

1:20

1:40

2:00

2:20

2:40
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3:20

3:40

4:00

4:20

4:40

Time, h

Figure A.6.1.3. CO2 contents and capture as a function of time, test 1.

Figure A.6.1.3 shows the measured CO2 contents and the capture efficiency as a function of
time in the first test when no bed material was used in the reactor. Some time after starting the
lime feed the cyclones started to become occasionally clogged up (see high fluctuation in CO2
content after the reactor, Fig A.6.1.3) and the test was therefore stopped. The CO2 capture
efficiency in this test was only about 4 %, Table A.6.1.4.
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In the next test the gas conditions were exactly as in the first one, but 2.5 kg of bed material
was inserted into the reactor in the beginning of the test. The clogging was significantly
reduced when bed material was used. Consequently the capture efficiency was slightly higher,
but still not more than about 6 %.
The CO2 content of flue gas was raised up to 20 % for the following tests, Figure A6.1.4. This
resulted in about doubled capture efficiency, test 3. The capture efficiency could be still
doubled by decreasing the gas feed from 500 to 380 l/min. A decrease in gas feed should
indeed result in a higher capture efficiency because of several effects. Firstly, the lime particle
concentration in flue gas increases due to the lower gas feed. Secondly, the particle
concentration increases also because the velocity difference between the gas velocity and the
terminal settling velocity of particles becomes smaller, resulting in longer particle residence
times. Furthermore, the gas residence time in the reactor increases also.

14
Test 2; test 1 repeated (+ bed material used), CO2 - 10 %, m(CaO) - 1.1
g/s, CO2(red,max) - 48 %, Gas flow rate - 550 l/min, T - 650 C

CO2 content and capture, %

12

10

8
after
before
CO2 capture

6

4

2

0
0:00:00

0:20:00

0:40:00

1:00:00

1:20:00

1:40:00

2:00:00

2:20:00

2:40:00

Time, h

Figure A.6.1.4. Measured results, test 2.

Figure A6.1.5 shows the results of the tests 5 and 6. The conditions in the test 5 were similar
as in the test 4 excluding the gas feed rate that was higher. Consistently with what was
mentioned before, the capture efficiency decreased in comparison with respect to the test 4.
However, now it analogously should have been even lower than in the test 3, since the
conditions were otherwise the same excluding the higher gas feed rate. This behaviour can not
be reliably explained, but may be due to a different, more favourable flow pattern or simply to
uncertainty, since the measured differences in CO2 contents before and after the reactor are in
both cases small. Besides, the tests were quite short.
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The lime feed was increased from 1 to 2 g/s in the last test. It had supposedly a very clear
impact on the CO2 capture, see Figure A.6.1.6 and Table A.6.1.4, since the conditions in the
reactor were changed only with respect to the particle concentration that was doubled.
Consequently, the total particle surface in the suspension is doubled as well as the collision
rate between the particles and CO2 molecules, at least during the very first moments when the
particles are entering the reactor. Farther away, downstream in the reactor the collision rate is
not necessarily double any more, since the fraction of the most reactive CO2 molecules
decreases fastest along the gas route simply because they react faster with the lime particles. It
is supposed that the reactivity of individual CO2 molecules is a function of their velocity.
Furthermore, obviously the surface reactivity of an individual particle is not constant all
around the particle as well as the overall reactivities of single particles are not the same.
Correspondingly, the particles are less reactive downstream, since the most reactive particles
and the most reactive parts of the particles have already reacted. Before-mentioned facts are
valid qualitatively, but since we do not have any quantitative measures for these changes in
the reactivities, we can not know if the differences are great enough to cause any real,
significant change in the overall reaction rate in the suspension on its route in the reactor. This
matter will be studied during the next reporting period.
Conclusions

An improved method for lime carbonation in a laboratory-scale fluidised bed reactor was
tested, since the method tested before did not prove to be applicable. This time no fuel was
used, but the carbon dioxide was fed into the reactor in a mixture with air. This proved to be
an effective way to reduce clogging problems in the first cyclone, especially when bed
material was used in conjunction with the gas-lime suspension.

CO2 content and capture, %

25

Test 3-4; CO2 - 20 %, m(CaO) - 1.1 g/s, CO2(red,max) - 26 or 35 %
Gas flow rate - 500 or 380 l/min, T - 650 C

20

15
after
before

10

test 3; 500 l/min, CO2(red,max) - 26 %
I------------------------------------------------------------------>

test 4; 380 l/min, CO2(red,max) - 35 %
I---------------------------------------------------------------------------------------->

5

0
0:00:00

0:10:00

0:20:00

0:30:00

0:40:00

Time, h

Figure A.6.1.5. Measured results, test 3 and 4.
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30

Test 5-6; CO2 - 20 %, m(CaO) - 1 or 2 g/s, CO2(red,max) - 15 or 30 %
Gas flow rate - 800 l/min, T - 650 C
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after
m(CaO)
m(CaO)
I------------------------------------> 1 g/s I---------------------------------------------------------------------------------------------------> 2 g/s
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0
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Time, h

Figure A.6.1.6. Measured results, test 5 and 6.

Three variables were used in the tests; gas and lime feed rates, and initial CO2 content in the
gas. The highest capture efficiency 33 % was achieved when these variables were 800 l/min, 2
g/s, and 20 %, respectively. In all, the measured capture efficiencies did obey supposed trends
quite well; higher gas feed rate decreased and higher CO2 content increased efficiency.
However, when the lime feed was doubled from 1 to 2 g/s, the capture efficiency increased
from 13 to 33 %. There is no logical reason why the capture efficiency should change, since
the absolute number of captured CO2 molecules should increase roughly in proportion to the
increased lime feed resulting in almost a constant capture efficiency.

A.6.2. Work performed at Cranfield. In duct testing.

As was mentioned in previous parts of this report, one of the options considered to capture
CO2 in existing power stations is the injection of sorbent (lime) in the flue gas path. In order
to use this entrained mode, lime particle size must be small enough to maximise contact with
the flue gas. With this configuration, the residence time for gas-solid contact will be limited to
a few seconds. This implies that high carbonation rates have to be achieved.
Cranfield University activities within this task involved the development and use of a
laboratory scale entrained flow reactor and a pilot scale combustion facility to measure the
performance of finer CO2 sorbent particles.
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A.6.2.1 Laboratory scale entrained flow reactor

Rig design

The carbonation reaction in entrained mode has been simulated with in preliminary modelling
exercise to determine the specifications for the rig. Typical combustion atmospheres from
coal combustion are around 13-15% in volume of CO2. Kinetic constants have been extracted
from literature (Bathia and Perlmutter, 1983), and typical specific surfaces for calcined
material have been used (20 m2/g) as initial parameters for this model. The upper limit for the
extent of carbonation will be given by the equilibrium pressure for CO2. Figure A.6.2.1
simulates the effect of temperature on the CO2 removal efficiency for a given CO2
concentration and gas flow in the entrained flow reactor, an assumed particle conversion of
0.2, a solid specific surface of 20 m2/g (typical for calcined limestone), and a fixed ratio Ca/C.
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Figure A.6.2.1. Effect of temperature on CO2 capture in entrained flow vs. reactor length for
two different Ca/C ratio; a) Ca/C=1, b) Ca/C=3.

The carbonation reaction has two different stages; there is a first step where the carbonation
rate is fast, and then a second step where the carbonation rate decreases. From the initial
0.6

particle conversion

0.5
0.4
0.3
0.2
0.1
0
0

5

10

15

20

residence time (s)

Figure A.6.2.2. Theoretical particle residence time in the entrained flow reactor versus mean
particle conversion.
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model, based in the kinetic constants extracted from the literature, the residence time needed
to reach a given particle conversion can be calculated. This residence time is plotted against
particle conversion in Figure A.6.2.2.
The data extracted from these results have been used in the design of the carbonator entrained
flow reactor. To achieve a reasonable level of conversion, the residence time has to be in the
range of a few seconds, and this, combined with the minimum gas flow in the line needed to
avoid the effect of gas dispersion, gave the required length for the reactor. Dispersion module
in the entrained flow reactor can be observed in Figure A.6.2.3
0.025
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0.02
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0.025

dt= 0.04 m
dt= 0.035 m
dt= 0.02 m

0.015
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residence time (s)
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Figure A.6.2.3. Dispersion module in the entrained flow reactor versus residence time and
tube length.

The final scheme of the installation is given by Figure A.6.2.4 and a picture of the test rig is
shown in Figure A.6.2.5. The main features of the experimental rig and the solid injection
system and the length of the heated zone (6 m) which gives reasonable flexibility in terms of
gas/solid contact time. A powder dispersion generator has been used to create the solid-gas
dispersion. The particle disperser operates with particle sizes less than 100 µm.
After the particle injection, the air/solids gas stream joins a CO2 containing gas stream coming
from a commercial gas bottle. The combined gas/particle stream then enters a coiled pipe
(which forms the reaction tube) which is immersed in a fluidised bed (Techne, IFB 101) filled
with alumina. The good heat transfer characteristic of fluidised beds is used to obtain a
uniform heated zone in the reaction tube. The temperature in the reaction tube is controlled by
the temperature of the fluidising alumina. After the fluidised bath the reacted gas/solids
stream is cooled down, in a coiled pipe immersed in water bath, to stop the carbonation
reaction. Then the carbonated particles are captured in two filters working in parallel.
There are two sampling points in the system to measure CO2 concentration, before and after
the reaction zone in the coiled tube. The solids were be collected from the filters and stored in
a dessicator for further analysis.
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Figure A.6.2.4. Scheme of the installation for CO2 capture experiments in entrained bed.

Figure A.6.2.5. Picture of the entrained flow rig for CO2 capture.
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Solids

Natural limestone (99.95 % CaCO3) has been used to prepare lime for these experiments.
Starting material has been ground to reduce the initial particle size to obtain a distribution
with a mean particle diameter of 60 µm. Figure A.6.2.6 shows the typical solids particle size
distribution.

200 µm

Figure A.6.2.6. SEM picture showing the typical particle size distribution used in the
experiments.

Due to the amount of lime (of consistent quality) required further test programme it was not
possible to prepare it by flash calcination. In order to obtain lime, limestone has been calcined
in an oven at 850 °C for 30 minutes. Samples were spread on plates and introduced into the
oven. The calcined solids are stored in a dessicator and placed directly in the particle feeding
system ready for the carbonation experiments. Samples of these solids were stored for later
characterisation. Lime obtained using this method will be less reactive than that prepared by
flash calcination. This will be due to the different surface areas developed in both cases and
the risk of sintering when limestone is calcined in an oven.
To evaluate the efficiency and obtain the conversion of the calcination process from this fresh
limestone, a controlled calcination experiments in a thermobalance in a N2 atmosphere were
carried out. Calcined solids were placed in a platinum basket in a quartz reactor, heated up (10
K/min) and kept one hour at the peak temperature of 850 °C to ensure the complete
calcination of the material. A typical curve is shown in Figure A.6.2.7 in this graph the
fractional mass change is plotted against temperature. Two big steps can be observed, the first
mass loss represents the water absorbed by the fresh lime (a very hygroscopic material) and
the second corresponds to the CO2 still remaining in the solids calcined in the oven.
The conversion in the calcination process has been calculated from these graphs, and as can
be seen the calcined solids in the oven still retain 14% in weight (9% in moles) of CO2. This
means that the calcination of limestone is not complete. However it is expected that most of
the unconverted limestone will be found in the centre of particles, so it will not have an
important influence in carbonation process.
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Figure A.6.2.7. Mass lose versus temperature obtained in thermobalance, in calcinations
carried out over solids pre-calcined in the oven.

Carbonation experiments

Carbonation experiments have been carried out in a wide range of conditions. The
carbonation temperature has been modified between 550 °C to 670 °C, these values are
reasonable in the practical application of the capture technique, where the sorbent injection
would be located in the exhaust duct of a boiler. Residence times of the order 1-3 s were used
and total molar ratios of CaO/CO2 between 0.85-2.15. The experimental conditions for the
carbonation experiments are compiled in Table A.6.2.1 together with the reduction in CO2
concentration achieved after the sorbent injection.
As can be seen the percentage of efficiency in CO2 capture oscillates in most cases between
20 and 30 % (% of reduction in volume concentration of CO2 in the gas stream). A
surprisingly high value of CO2 capture was achieved in the experiment carried out at 670 ° C.
Although there is uncertainly about the size distribution of particles used in this test. The rest
of the experiments have been carried out with a more homogeneous particle size distribution.
Residence times in the order of 2.5-3 s give in all cases reductions in the CO2 concentration
over 20 %.
After the carbonation experiment, the gas/solid stream is cooled down when it leaves the
fluidised bath and the solids are captured in two filters in parallel. Calcination experiments
have been carried out in a thermobalance in N2 atmosphere to analyse the average particle
conversion of these carbonated solids. A known amount of solids is placed in a platinum
basket, inside the quartz tube which is heated up in a N2 stream at 10 K/min up to 850 °C and
then stays there during one hour, to ensure complete calcination of the solids. Figure
2.6.Cran8 shows one example the mass change obtained in these calcination test, against
temperature. Calcination tests were carried out for the solids captured in both filters in the
system.
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Table A.6.2.1. Experimental conditions and results obtained for the carbonation experiments
carried out in the entrained bed reactor.
T (°C)

air
(l/min)

CO2
%
%
grs
CaO/CO2
tr (s)
(l/min) CO2(init) CO2(after) CaO/min (molar)

%
reduction

671

4.00

0.60

13.60

8.18

1.62

1.08

3.07

39.9

636

4.83

0.75

13.44

10.81

2.03

1.08

2.63

19.6

626

4.53

0.75

14.22

10.35

2.43

1.30

2.81

27.2

617

3.62

0.60

14.22

10.66

2.84

1.89

3.55

25.0

617

3.76

0.60

13.75

10.81

2.84

1.89

3.43

21.4

612

4.07

0.40

8.96

6.33

1.62

1.62

3.37

29.4

607

6.04

0.95

13.60

12.05

2.03

0.85

2.17

11.4

599

6.87

0.90

11.59

8.96

2.43

1.08

1.97

22.7

599

7.25

0.95

11.59

9.88

2.43

1.02

1.87

14.7

587

4.54

0.55

10.81

7.25

2.43

1.77

3.05

32.9

587

5.77

0.60

9.42

5.71

2.84

1.89

2.43

39.4

587

5.38

0.60

10.04

7.10

3.24

2.16

2.59

29.3

586

7.36

0.95

11.43

8.96

2.03

0.85

1.87

21.7

581

4.85

0.55

10.19

7.41

2.03

1.47

2.89

27.3

541

6.83

0.95

12.21

9.58

2.03

0.85

2.11

21.6
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Figure A.6.2.8. Mass lose versus temperature, obtained from the calcination of previously
carbonated solids, carried out in the thermobalance. Carbonation conditions: Tª 587 °C; initial
CCO2 10.1 % vol; final CCO2 7.1 %; reduction achieved 29.3 %; tr 2.6 s; CaO/CO2 molar ratio
2.16; particle conversion 22.87%.

Solids conversion is obtained combining the information of these two set of calcination
experiments in thermobalance. This conversion will be obtained from the initial CO2 content
of the solids (percentage of CaCO3 in the calcined material) and then the total mass loses in
the carbonated material (percentage of CaCO3 in the carbonated solids). The calcination
curves obtained in the different experiments in thermobalance are compiled in next figures:
Mass balance calculations have been carried out in all the experiments to ensure the reliability
of the experimental conditions in terms of solid/gas contact time at the reaction temperature
and quantity of solids injected.
moles CO2 gas stream*CO2 reduction=moles CaO injected*particle conversion
This balance closes with a good agreement in all the experiments.
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Figure A.6.2.9. Carbonation experimental conditions: Tª 607 °C; initial CCO2 13.6 % vol;
final CCO2 12 %; reduction achieved 11.4 %; tr 2.5 s; CaO/CO2 molar ratio 0.85; particle
conversion 29 %. a) solids from main stream, b) solids captured in the filter before the
analyser.
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Figure A.6.2.10. Carbonation experimental conditions: Tª 599 °C; initial CCO2 11.6 % vol;
final CCO2 8.9 %; reduction achieved 22.7 %; tr 1.97 s; CaO/CO2 molar ratio 1.08; particle
conversion 23 %. a) solids from main stream, b) solids captured in the filter before the
analyser.
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Figure A.6.2.11. Carbonation experimental conditions: a) Tª 541 °C; initial CCO2 12.2 % vol;
final CCO2 9.6 %; reduction achieved 18.8 %; tr 2.11 s; CaO/CO2 molar ratio 0.85; particle
conversion 34.3 %. b) Tª 581 °C; initial CCO2 12.3 % vol; final CCO2 10.1 %; reduction
achieved 21.5 %; tr 2.03 s; CaO/CO2 molar ratio 0.85; particle conversion 37 %.
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Figure A.6.2.12. Carbonation experimental conditions: a) Tª 587 °C; initial CCO2 10.8 % vol;
final CCO2 7.25 %; reduction achieved 32.9 %; tr 3.05 s; CaO/CO2 molar ratio 1.77; particle
conversion 23 %. b) Tª 587 °C; initial CCO2 9.42 % vol; final CCO2 5.71 %; reduction achieved
39.4 %; tr 2.43 s; CaO/CO2 molar ratio 1.89; particle conversion 24 %.
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Table A.6.2.2. Experimental conditions for the carbonation experiments carried out in the
entrained bed reactor.

T (°C)

%
%
CaO/CO2
tr (s)
CO2(init) CO2(after) (molar)

%
% particle
reduction conversion

617

13.75

10.81

1.89

2.17

11.4

29.0

599

11.59

8.96

1.08

1.97

22.7

23.0

587

10.81

7.25

1.77

3.05

32.9

23.0

587

9.42

5.71

1.89

2.43

39.4

24.0

587

10.04

7.10

2.16

2.59

29.3

22.9

586

11.43

8.96

0.85

1.87

21.7

34.6

581

10.19

7.41

1.47

2.89

27.3

30.0

541

12.21

9.58

0.85

2.11

21.6

34.4

Table A.6.2.2 includes the results obtained for particle conversion measured in the calcination
tests carried out in the thermobalance, together with the CO2 reduction achieved in some of
the experiments.
Samples of the carbonated solids were prepared to be analysed by SEM to obtain more
information on the textural characteristics of the carbonated material. The samples were
prepared following the same procedure used in metallographic analysis. Figure A.6.2.13
shows some of the pictures.

100 µm

50 µm

Figure A.6.2.13. SEM pictures of carbonated solids.

These pictures correspond to the experiment carried out at 587 ° C, with an initial 10 % of
CO2 (in volume), and a molar Ca/CO2 ratio of 2.14. The residence time of the solids in the
reaction length was 2.59 s. The final CO2 concentration after the capture was 7.1 % in
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volume, giving a capture efficiency of 29.3 %. Calcination tests carried out in a
thermobalance on the carbonated solids gave a mean particle conversion of 22.87% (in mass).
As can be seen there is a darker layer around the particles in contrast with the lighter inner
core. This outer layer is the CaCO3 formed around the initial lime particle. This layer is
especially clear in the picture on the right belonging to a smaller particle (mean particle
diameter around 50 µm). This SEM analysis technique has to be improved to obtain clearer
images from the smallest particles in the particle distribution.

A.6.2.2. Pilot Scale Plant Facility

Pilot scale facility modifications and description

Within this task, Cranfield University activities involved the modification of an existing pilot
scale combustion facility to allow the in-duct injection of sorbent particles and the use of this
system to determine the CO2 capture efficiencies of a range of potential sorbents under different
operating conditions.
Figure A.6.2.14 shows the existing pilot scale combustion facility. This rig is based around two
combustion units - a bubbling fluidised bed combustor and a pulverised coal combustor – that
give a total combined thermal output of ~150kW. The combustors can be operated either
separately or in series. Both combustors operate on coal and have natural gas start-up burners.
The rig includes facilities for routine flue gas measurements and data logging of operational
parameters. Figure A.6.2.15 shows a picture of both pilot scale units
Modifications to this test facility made to:
• Enable sorbent particles to be injected at selected locations along the hot gas path duct
• Enable gas and particulate sampling to be carried out to determine the CO2 capture
performance of the sorbent (and fully characterise the exposure conditions of the particles)
• Ensure that the sorbent is removed from the gas stream before reaching the induced draft fan
(as the sorbent size distribution will probably be different to the particle distribution
currently produced by the combustors)
As a task in this project, a number of alternative schemes for these minor modifications were
considered and designs produced for the most promising schemes. Parts of the modifications
that were common to the different schemes were carried out to minimise any delays in the
project.
Alternative locations for sorbent particle injection considered have been (see Figure A.6.2.14):
1. pipe between fluidised bed combustor and pulverised coal combustor
2. pulverised coal combustor burner/FBC output gas stream instead of coal feed
3. pulverised coal combustor adjacent to burner/FBC output gas stream
4. lower down pulverised coal combustion chamber
5. first set of heat exchanger probe locations after pulverised coal combustion chamber
Starting from the information about sorbent size, sorbent reactivity and residence
times/temperatures, etc., the best location for sorbent particle injection appeared to be location
3.
Alternative particle feed systems and injection methods have been investigated during this task.
The most appropriate for the sorbent particles was a controlled screw feeding from a
165

ECSC-7220-PR125

Capture of CO2 in Coal Combustion

containment vessel, followed by gravity/pneumatic transport by a N2 flow into the test rig. This
alternative seemed to be the best option available as it could be applied with minor changes to
existing solids feed systems. A solids feeding system was connected to inject the sorbent at
location 3.

Lime injection

5

Gas monitoring

Coolant out

Particle removal
system

Cooling
water in
Coolant in
Coolant out

Temperature
monitoring
Gas analysis

Cooling
water out
Temperature
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Cooling
water out
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Figure A.6.2.14. Schematic diagram of existing combustion test facility

Gas and particulate sampling are needed downstream of these particle injection locations.
Sampling was carried out at ports that were originally designed for the exposure of heat
exchanger probes in both of the existing probe exposure test sections.

4
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Fluidized bed
combustor

Carbonator

Figure A.6.2.15. Pilot scale combustion facility in Cranfield University.
Pilot-scale carbonation experiment

The fluidized bed was used during these tests as a combustion unit and the second chamber as
a carbonator. The great advantage of this pilot plant and this configuration was that it allowed
the performance of lime to be studied in a real combustion atmosphere.
During the experiments the bed, filled with silica sand, was operated with anthracite and
fluidised with air (around 40 % excess air) to keep the temperature in the desired range. The
air flow used in these experiments was 1.2 m3/min.
The temperatures in the bed and in the gas path were monitorized along with the gas
composition. As was mentioned, there were two sampling points for the CO2 analysis, the first
one in the exit of the fluidised bed and the second one is 2 m below the sorbent injection
point.
Anthracite was used in all the experiments as fuel. The proximate analysis of the fuel used in
the experiments is shown in Table A.6.2.3.
Test in the pilot scale combustion facility required large amounts lime. For this reason it was
not possible to prepare it by calcinating limestone. The sorbent used in the tests was a
commercial lime with 96 % CaO, 75< m in size and with a specific surface between 8.5-16
m2/g (as specified by the supplier). The lime feeding rate was 3.2 kg/hr. This value was
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limited by the solids injection system. The residence time of particles inside the carbonation
chamber was about 2 seconds.
Table A.6.2.3.Proximate composition of the anthracite used in the fluidised bed.

%C

%H

%O

%N

%S

% Ash

0.91

0.03

0.02

0.01

0.01

0.02

The effect of temperature on carbonation process was the main focus in this study. In order to
obtain this information, experiments were performed at different temperatures, from 550 °C to
750 °C. Table A.6.2.4 summarises temperatures and flows used in these tests.
Table A.6.2.4. Temperatures and flows used.

Temperature
(°C)

Coal
flow(kg/hr)

CaO flow
(kg/hr)

CO2 in
(%)

CO2 fin
(%)

CaO/CO2

550

3.2

3.6

12.10

10.03

0.2

625

3.2

3.6

12.53

11.01

0.2

730

3.2

3.6

12.28

11.67

0.2

750

3.2

3.6

12.60

11.70

0.2

The reduction of CO2 emissions seems low looking at these results. However it has to be
noted that the CaO/CO2 ratio is far from an optimum value, because of the low lime feed rates
used. This fact implies that further analysis of the results has to be done in order to study the
efficiency of the process.
Table A.6.2.5. Reduction of CO2 emissions, lime particle conversion and minimum CO2
concentration that ca be achieved.

Temperature %
(°C)
Reduction
CO2
emission

Particle
Conversion
(%)

Minimum
possibleCO2
concentration

CO2
captured/maximum
CO2 capture

550

17.1

99.5

9.68

85.5

625

11.7

66.0

10.02

58.6

730

4.9

19.2

9.82

24.6

750

7.1

29.7

10.08

35.7

Table A.6.2.5 shows reduction of CO2 emissions, lime particle conversion and the minimum
possible CO2 concentration in flue gas assuming a complete conversion of particles injected.
In this study particle conversion was calculated as the ratio between the CO2 removed and the
maximum value that can be achieved.
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In Table A.6.2.5 also gives the ratio of the CO2 captured to the maximum CO2 capture
possible. This parameter quantifies the CO2 reduction that can be achieved at these
experimental conditions if the lime injection was increased so that the CaO/CO2 ratio was 1.
a)

b)
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Carbonation Temperature C
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Figure A.6.2.16. CO2 capture achieved in the pilot scale rig. CaO/CO2 ratio: 0.2.

Results in terms of CO2 capture are displayed in Figure A.6.2.16. The first graph, a),
represents the total CO2 capture. The red bars represent the CO2 concentration before
injecting the sorbent, the blue ones represent the concentration after the injection point and the
white ones the maximum capture possible if the particle conversion, for the amount of solids
injected, had been complete. Although the total capture may seem low looking at this graph,
the perspective is much better when the low CaO/CO2 ratio is taken into account. Due to this
low ratio the minimum CO2 concentration that can be achieved is between 10-11 %. The
experimental value of CO2 reduction reached when the carbonator was used at 550 °C
indicates that the competing reaction with SO2 has not significantly affected the capture of
CO2.
The second graph, b), of Fig. A.6.2.16 shows the ratio of CO2 captured to the maximum CO2
capture at different temperatures. As can be seen, temperature plays an important role in
carbonation process. High temperatures lead to lower capture efficiencies. At 550 °C, lime
particles are almost converted with a residence time of 2 seconds in the pilot scale carbonator
and 85% of the CO2 would have been captured if the stoichiometric CaO/CO2 ratio has been
used. This means that under these experimental conditions CO2 reaction with CaO particles is
fast enough to have confidence in this capture process.
Experiments made in this task show that reasonable levels of CO2 capture can take place in
real combustion environments. This fact shows that this option is worth pursuing for cycles
proposed for the capture with regenerable sorbents.
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A.7 Task 7. Pilot testing and design specification of the calciner.

There are different methods proposed to supply the heat required for the regeneration that
tend to become more difficult and challenging as the temperature of the regeneration
increases. For the CaCO3/CaO system, Shimizu et al. (1999) proposed the calcination of
CaCO3 by burning a fraction of the fuel with O2/CO2 in a fluidized bed calciner. This requires
an air separation unit that is almost 50% the size of the unit required to burn all the fuel with
oxygen (full oxyfuel combustion). The air separation unit (as in the case of oxyfuel
combustion systems) introduces a substantial energy penalty and added cost to the system.
Other less developed calcination options are under consideration to avoid the use of an air
separation unit, using heat carriers, such as CaO circulating between a high-temperature
combustion chamber and the calciner (Abanades et al 2005). Also, an indirect calcination
option has been proposed by Ziock et al. (2002) using a huge CO2 flow of recycle gas. Other
alternative routes to be explored are outlined by Levenspiel (2005).
A.7.1 Work performed at CSIC

The objective of this task was to obtain the fundamental design parameters for novel fluidised
bed systems that consider the heat transfer from the combustion chamber to the calciner to drive
the calcinations (regeneration) reaction of the sorbent. It was recognized from the start that these
options incorporate complexities in the design, require special materials and will certainly
translate into a substantial increase of the capital cost respect to a power plant without capture
(although this is common for other CO2 capture systems). However, they offer a substantial
reduction in efficiency penalties (see section A9), and avoid the need for an air separation unit
to supply O2 to the calciner (to burn part of the fuel and drive the calcinations reactions). It
should always be of interest to exploit, at least in part, the option of heat transfer between two
fluidised beds.
Figure A.7.1.1 (left) outlines one of the options for the indirect heat transfer method proposed
for case B in A9 (see also Abanades et al 2005). It includes a high temperature circulating
fluidized bed combustor (T = 1050ºC) transferring heat through metallic walls to a fluidized
bed calciner (T = 850ºC) operating at a CO2 partial pressure of 0.4 bar obtained in the calciner
by injecting steam. Solids in the calciner are fluidized with a mixture of steam and the CO2
generated during calcination. The carbonator operates at 650ºC after cooling the gases
coming from the combustor. In these proposed arrangements, the solids fluidising in the
narrow sections of the bed (fins) have to transfer the heat along the fluidised fin to the main
body of the combustor and/or regeneration unit. The mixing rate of solids (specially the lateral
mixing) in these narrow fluidised beds is the key mechanism to understand how far we can go
increasing the length and the thickness of the “fins” between beds. This work is intended to
study the mobility of the solids in the restricted geometry of the fins, as a first step to estimate
the practical feasibility of the system proposed in Figure A.7.1.1 and the limits imposed by
solid mixing to the (lateral) heat transfer in the fins.
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Figure A.7.1.1. Outline of an indirect heat transfer method for case B (left) and cold bed facility
to investigate viability of lateral heat transfer in narrow fluidized beds.

The work has been focused on estimate heat transfer between beds which can be expressed in
terms of an overall bed-to-wall heat transfer coefficient as follows:
Q = hAt ∆Tm

(A.7.1.1)

The difference of temperatures between beds, ∆Tm , will be fixed by the operation conditions
in both rigs (200K in Figure A.7.1.1). The bed-to-wall heat transfer coefficient (h) will
depend on bed temperature and fluidisation conditions but a conservative assumption could be
around 300 W/m2K . At between beds will be the key parameter to increase the heat transfer
needed to sustain the calcinations reaction. Different options can be proposed to modify this
area but a simple alternative to increase the calciner cross area consists in dividing the bed
into a certain number of fins, thus increasing the area exposed to the combustor. Heat
requirements in the calciner are estimated to be at least 30% of the energy input to the plant (for
capture efficiencies higher than 80%) and therefore between 5-10 m2 of metallic wall (per
nominal Mwth input to the plant) have to be allowed between combustor and calciner. The key
parameter in the design of a fin for heat transfer is the effective thermal conductivity of the
calciner, k (W/mK) that can be calculated from the expression:
k = Dsr C pe ρ e

(A.7.1.2)

where Cpe and ρe are the calciner effective values of specific heat and density; Dsr is the solids
lateral diffusion coefficient in the bed. There are several works studying solids mixing in
lateral direction of fluidised beds but the equations describing this phenomenon predict values
for the coefficient that can differ in more than one order of magnitude (Shi and Fan, 1984;
Westphalen and Glicksman, 1995; Bi et al., 1995) and are not necessarily valid for the
geometry of the proposed system, where more restrictions to the lateral movement of solids
would exist as a result of the increase in bed external areas (fins).
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Fluidisation experiments, with air, at room temperature have been carried out in a bidimensional fluidised bed reactor for the purpose o f measuring the lateral solid diffusion
coefficient in “finned” fluidised beds (see the right cold model in the right hand side of Figure
A.7.1.1). The bed is a two-dimensional fluidized bed with a front-facing transparent window
and a metallic back-plate (1.5 m wide, 2 m tall). A modification of an image analysis
technique (applied by Abanades and Grasa 2001) has been adapted to this project making use
of a long afterglow phosphor to coat the bed material. The experiments with these solids, that
can emit light after activation by an UV source, are recorded and the images are translated to
concentration profiles by calibration (Grasa et al. 2004). A commercial phosphor material had
suitable properties for the application required in these experiments. The coated particles are
limestone; the final mean particle diameter was 0.61 mm, particle density of 2700 kg/m3 and
the minimum fluidisation velocity 0.27 m/s. These particles can be used inactivated as normal
bed material or activated as tracer material so that there is no difference in fluidization
properties when conducting tracer experiments (adding a batch of activated particles to a
fludised bed of non activated particles). The light emitted from the phosphor becomes
undetectable after 1-2 h and the main solids can not be detected from the tracer and the solids
can be used in a new experiment avoiding the tedious separation process.
After a calibration exercise, fluidizing different mixtures of activated and non activated solids,
a linear correlation between activated tracer concentration and mean grey scale luminance in
the images has been found (Grasa et al. 2004). The tracer concentration can be measured at
any time from the following expression:
C FB =

I FB − I min
I max − I min

(A.7.1.3)

Where IFB is the luminance in the area of interest, Imax is the luminance of the fully activated
solids and Imin in the luminance of the non-activated tracer. The bed was initially divided in
two areas, non-activated solids are placed in one of them and the other one is filled with
activated solids (20% mean tracer concentration in the bed). The bed was quickly fluidised
with a pre-set air flow while it was recorded with a video camera. After the experiments a few

t=0s

t=1.4 s

t=3.52s

t=8.86 s

Figure A.7.1.2. Selection of images extracted from the fluidization experiments in a cold
model of the calciner. t= 0 s, 1.4 s, 3.52 s and 8.86 s; ugas= 0.44 m/s.
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images per second were selected and tracer concentration maps vs. time were plotted after
their analysis. Figure A.7.1.2 shows an example of images extracted from the experiments.
Experimental radial concentration profiles were extracted from the images and the solid
Dispersion Model (DM), based on a diffusion law responsible of solids mixing in the bed, was
been used to fit them. There is only one adjustable parameter in this model, Dsr. This
parameter can be calculated fitting the equation that solves the model:
C =C+

2

∞

1

∑ n sin (nπ C )cos(nπz ) exp(−n π
π
2

2

Ds r t / L2 )

(A.7.1.4)

n =1

The optimum dispersions coefficients, Dsr, ranged between 1.41*10-3 and 1.24*10-2 m2/s
when fitting the individual experiments and as can be seen in Figure A.7.1.3 the concordance
between the experimental concentration profiles and those predicted by the diffusion model is
reasonably good
1
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Figure A.7.1.3. Experimental and predicted concentration profiles for two different times.
Experimental conditions: a) ugas= 0.44 m/s; Dsr=3.57*10-3; b) ugas= 1 m/s; Dsr=1.24*10-2.

Once it has been proved that the individual experiments fulfil the dispersion model and lateral
solids mixing can be described by a dispersion coefficient, it is necessary to find a general
equation capable of calculate them from operation conditions and bed and particle properties.
Several equations have been found in literature (Werther et al. 1987, Shen et al. 1995, Kunni
and Levenspiel 1969, Shi and Fan 1984). A good agreement was found with the equation
proposed by Shi and Fan (1984) where the dispersion coefficients are calculated in terms of
particle characteristics, properties of the fluidization medium and operating conditions.

Dsr = (u gas

 (u − umf )d p ρ f
− umf )hmf 0.46

µf







−0.21

 hmf

d
 p






0.24

 ρs − ρ f

 ρ
f







− 0.43

(A.7.1.5)

Figure A.7.1.3 shows examples of the the comparison between the dispersion coefficients
fitted from the experimental data and the coefficients calculated with equation (A.7.1.5).
As it can be seen, Shi & Fan (1984) equation is capable to represent solids mixing in narrow
fluidised beds and is a useful tool to calculate the effective conductivity in the fins proposed
for the design of the calciner. Estimated values for the effective fin conductivity calculated
from equation A.7.1.5 at conditions characteristic of the fluidised bed calciner (gas velocity
around 1 m/s, temperature higher than 900 º C) yield effective k higher than 30000 (W/mK)
for fluidised bed fins as narrow as 0.05 m.
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In a fluidised fin there will be a temperature profile inside which will reduce the average
temperature difference between beds (assumed to be 200K in early calculations). If there were
strong temperature profiles, much larger exchange areas would be required to transfer the
same amount of heat, and this could make the system totally impractical. To estimate these
temperature profiles and confirm that they are moderate for the fin geometries expected in the
system of A.7.1.1, the effective fin conductivity and heat transfer coefficient have been
included in the one-dimensional equation for heat balance along the fin:
d 
dT
 − kA
dx 
dl


 dl = Phw (Tc − T )dl


(A.7.1.6)

Boundary conditions:
X=0, T= Tb
 dT 
X=d2, − k 
= hw (Tc − Tend ) convective end

 dx  z = d 2

And solving this equation with the above boundary conditions, the temperature profile along a
fin is:
Tc − T (l ) cosh(m(d 2 − l )) + (h / mk ) senh(m(d 2 − l ))
=
Tc − Tb
cosh(md 2 ) + (h / mk ) senh(md 2 )

(A.7.1.7)

Figure A.7.1.4 shows the ∆T between beds for a fin 2 m long and different fin thickness. As it
can be seen, thinner fins will result in higher temperature profiles along the fin, reducing then
the ∆T between combustor and calciner.
Fin geometries of 0.15 m thick and around 2 m long, could be a good configuration for the
calciner, allowing to a good heat transfer rate between both fluidised beds and combining

T between beds

200
150
100
0.05 m
0.1 m

50

0.15 m

0
0

0.5

1
1.5
fin lenght (m)

2

Figure A.7.1.4. Local ∆T between beds vs. fin length (for a 2 m long fin) for different fin
thicknesses. Maximun ∆T between beds 200 ºC.
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enough area for heat transfer with low temperature profiles inside the fin and high average
temperature difference between beds. As an example, for a power plant with 100 MWth, 14
fins (2 m long, 0.15 m thick) would be needed to transfer 1/3 of the energy input (heat
necessary to carry on the sorbent regeneration), assuming a 300 W/m2K, a 200 K delta T and
a height of 10 m height of effective heat exchange between beds. The applicability of this
system to the CaO/CaCO3 cycle is therefore not restricted by fundamental heat transfer
limitations but by material and construction issues due to the average high temperature
required. The application of the concept of different sorption desorption cycles working at
milder temperatures is discussed in Grasa et al (2005).

A.7.2 Work performed at Cranfield. Calcination in flame.

The need for a very reactive sorbent when the carbonation process is used in an entrained flow
configuration makes it necessary to move away from the initial concept of carrying out
calcination by indirect heat transfer. The quality of the calcined material, with a high specific
surface area, depends mainly on the calcination rate. Different studies into the calcination of
calcium-based sorbents show that short residence times at high temperatures are the most
effective way to prepare the sorbent. The high temperature gives rapid calcination to oxide,
providing the maximum surface area, while a short residence time ensures that sintering of the
oxide is kept to a minimum. Specific surface areas for lime can vary from 40 m2/g in flash
calcination to 18 m2/g when calcined in an oven. Moreover, specific surface area can be reduced
in presence of CO2 and H2O as these gases encourage sintering. Also, steam will have another
effect in flash calcination, as it can be used both to control and to reduce the temperature
required in calciner reaction chamber to achieve the same quality of calcined sorbent. This
modification will influence particle heating rates and thus in the particle texture developed.
The purpose of this task was to test the feasibility using a natural gas flame to prepare highly
active CO2 sorbent and to obtain data on the basic operating parameters. In order to gain a
better understanding of the flash calcination process, the effect of temperature, particle size
and CO2 partial pressure were studied. Results obtained of this study are essential to
determine the feasibility of applying flash calcination in a real plant.
In order to carry out this study, a pilot scale calciner was designed and built at Cranfield
University. Figure A.7.2.1 shows schematically the design of the calciner. In this experimental
device, particles are heated by means of a CH4/O2 flame. The reaction chamber has a length
of 0.5 m and diameter of 0.10 m. Fresh limestone is fed from a hopper with a screw feeder
and is then carried to an injector by a stream of CO2 and O2/Ar. The heat required for the
calcination process is obtained by the combustion of CH4 with O2. Both gas flows were
introduced into the reaction chamber through the injector, where they are mixed with the
limestone/CO2 stream. Inside the reactor chamber, there is a temperature profile determined
by the CH4/O2 flame conditions. An average value of the temperature was determined
measuring at two axial points in the reactor.
The calcination process takes place as the particles descend in the vertical reaction chamber.
At the bottom of the calciner, a gas flow of N2 is introduced in order to cool the particles and
gases. Solids are removed from the gas stream using a cyclone situated at the end of the cooldown area. These solids were analyzed and characterised to determine the calcination
efficiency and particle morphology. The calciner was designed to operate at different
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temperatures; calcination experiments have been carried out at temperatures between 800 and
1000°C.
Steam is present in the reaction chamber during the experiments as it is produced during the
combustion of CH4. The effect of steam level on flash calcination was not studied in this work
as modifications would be required to provide in the system. However, this variable will be
taken into account.
CH4

CaCO3
O2/Ar +CO2

O2/Ar

Solids, gas
mixture

Nozzle

Calcination
area,
~ 0.5 m length
Cyclone, solids
collection
N2

Cooling down
area

Figure A.7.2.1. Scheme of the calciner design for flash calcination of the solids.

A commercial limestone with 95.5 % CaCO3 was used in these experiments. The original
limestone was ground and sieved to prepare three particle size fractions: <100, 300-350 and
500-600 µm. The <100 µm fraction was the most homogeneous due to the nature of finer
particles. For this reason the particle size distribution of this fraction was determined. The
results obtained are presented in Figure A.7.2.2. As can be seen from this figure, the main part
of this fraction has a particle size between 63 and 90 µm.
CO2 partial pressure can be adjusted in the reactor by varying the CH4, CO2 and O2/Ar flows.
Three partial pressures were evaluated using different flow rates. The effect of feed rate on
calcination process was not studied in this work and an average limestone feed rate of 10 g/min
was used in all the experiments.
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Figure A.7.2.2. Particle size distribution of fraction <100 µm

After each experiment, the calcination efficiency of calcined samples was calculated. If
calcination efficiency, η, is defined as the percentage of the decomposed limestone, it can be
expressed as:

η=

1− X

CaCO 3c

1

× 100

where X CaCO3c is the mass fraction of CaCO3 in the calcined sample. The mass fraction of
CaCO3 is determined as the mass loss when the sample was subsequently heated at 900°C for
1h in air. Preliminary studies showed that these thermal conditions ensure a total decomposition
of the remaining CaCO3.
The morphology of samples was investigated using scanning electron microscopy in order to
study of the extent of sintering in the CaO particles formed during the experiments.
The flows used and calcination efficiency obtained are summarised in Table A.7.2.1. The
flows are expressed at 20°C and 1 atm.
During the experiments there were three sources of CO2:
- the added CO2 as a pure stream.
- CO2 produced from CH4 combustion.
- CO2 produced from limestone decomposition.
The added CO2 can be adjusted by altering the mass flow introduced into the calciner. The
combustion CO2 can be calculated assuming that the CH4 is completed burned. This
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Table A.7.2.1. Experimental flows and temperatures, calculated partial pressures and
calcination efficiencies.
CH4
(L/min)

O2/Ar

CO2

N2

Air

Temperature

(L/min)

(L/min)

(L/min)

(L/min)

(℃)

CO2
partial
pressure

H2O
partial
pressure

Particle
size

η (%)

(mm)

2.1

20

7

1

850

0.35

0.14

<100

61.1

2.1

20

7

1

900

0.36

0.14

<100

83.5

2.1

20

7

1

950

0.37

0.14

<100

88.5

2.1

20

7

1

1000

0.37

0.14

<100

93.6

2.1

20

4

1

850

0.29

0.16

<100

77.9

2.1

20

4

1

900

0.30

0.16

<100

89.9

2.1

20

4

1

950

0.30

0.16

<100

93.0

2.1

20

4

1

1000

0.30

0.16
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1
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2.1

1

35
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1

35
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0.0
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1
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0.0
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1
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0.06
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300-350
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2.1

1

35

900
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300-350

10.0
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7

1
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0.30

0.14

500-600

0.0

2.1
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7

1

900
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500-600

5.1

2.1

20

7

1

950
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500-600

8.1

2.1
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7

1

1000
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2.1

1

35

750

0.06

0.11

500-600

0.0

2.1

1

35

800

0.06

0.11

500-600

0.0

2.1

1

35

850

0.06

0.11

500-600

3.0

2.1

1

35

900

0.06

0.11

500-600

7.2

2.1

1

35

950

0.06

0.11

500-600

10.5

assumption is reasonable as the excess oxygen is around 75% in all the experiments. The CO2
generated during limestone decomposition can be calculated as the mass flow rate of solids is
known and the percentage of decomposed limestone is determined in each experiment. This
source of CO2 has a relatively high importance in experiments where the calcination
efficiency is high.
As was mentioned above, H2O partial pressure in the system is produced during CH4
combustion and it can be calculated assuming a complete CH4 combustion. The calculated
values are given in Table A.7.2.1. As can be seen, the H2O partial pressure in the experiments
performed varies in a small range between 0.11 and 0.16.
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Calcination efficiency obtained at different temperatures using a CO2 flow rate of 7 L/min is
showed in Figure A.7.2.3 for the three particles size studied. This flow rate gives values of
CO2 partial pressures between 0.30 and 0.37. The effect of particle size can be seen as an
important parameter in flash calcination process.
When the calciner was operated at 850°C, the 300-350 and 500-600 µm fractions do not
decompose, and have a calcination efficiency of 0 %. However, under these experimental
conditions the <100µm fraction reaches a value of 54 %. The difference between this fraction
and the other two remains as the process temperature is increased. This difference indicates
that in the reactor at Cranfield, flash calcination process is more suitable for particles of size
less than 100 µm. When the process temperature is increased an improvement in calcination
efficiency is observed in the three fractions studied. This increase is more significant between
850 and 900°C, especially for the <100 µm fraction. With a temperature of 1000°C, this
fraction can reach a calcination efficiency of almost 94 %. This value is high enough to
suggest that flash calcination is suitable for the production of CaO.

Calcination eficiency (%)

100

80

60

< 100
300-350
500-600

40

20

0
800

850

900

950

1000

1050

Temperature (℃)

Figure A.7.2.3. Calcination efficiency of limestone at different temperatures.

The effect of CO2 partial pressure was studied in this work by varying three sources of CO2 in
the calciner. Table A.7.2.2 shows flows of each source for the <100 µm fraction. In this table,
flows are in l/min. Other fractions are not included in this work as their calcination
efficiencies were too low and the CO2 present is mainly from the added CO2 and CH4
combustion.
In the experiments where no CO2 was added, limestone decomposition can generate almost 45
% of the CO2 present in the calciner. However CO2 is produced during limestone
decomposition along the length of the reaction chamber. This fact implies that inside the
calciner there will be a CO2 partial pressure profile. Moreover CH4 will contribute to this
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profile. However, in order to discuss the results obtained, the average value of CO2 partial
pressure was calculated ignoring the partial pressure profile.
Table A.7.2.2. CO2 sources during limestone calcination.

Temperature
(°C)

Added CO2

CO2 from CH4
combustion

CO2 from
limestone
decomposition

850

7

2.1

1.4

900

7

2.1

1.9

950

7

2.1

2.0

1000

7

2.1

2.1

850

4

2.1

1.7

900

4

2.1

2.0

950

4

2.1

2.1

1000

4

2.1

2.1

800

0

2.1

1.6

850

0

2.1

1.8

Figure A.7.2.4 shows the calcination efficiency of the <100 µm fraction under the three CO2
partial pressures studied in this work. As can be seen, CO2 partial pressure has an important
effect on the calcination of limestone. Average values of CO2 partial pressure were used to
represent the obtained values (0.36, 0.30 and 0.10). A reduction in calcination efficiency was
observed as CO2 partial pressure was increased. At low temperatures, especially under 900°C,
calcination was strongly influenced by the CO2 partial pressure. At 850°C, a difference of 17 %
in calcination efficiency was observed between 0.31 and 0.38. This difference was smaller (3.5
%) when comparing the results obtained at 0.31 and 0.09. When temperature was increased,
calcination efficiency seemed to converge to similar values under the three CO2 partial
pressure studied.
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Figure A.7.2.4. Effect of CO2 partial pressure in the calcination efficiency of 100 µm fraction.

The CO2 partial pressure effect can be explained by looking at the thermodynamics of the
system. The decomposition of limestone can be described using the following reversible
reaction:
−r

CaCO3 ( s )

a


→

r

b
←

CaO ( s ) + CO2 ( g )

Assuming that rate of decomposition and composition are of first order and taking into
account that partial pressure of solids is constant, the next equation can be obtained :
− ra  k a pCaCO 3  1
1

= 
= KP
rb
pCO 2
 k b pCaO  pCO 2

In this expression, Kp will depend exclusively on the temperature. From this equation, it can
be deduced that an increase in the CO2 partial pressure will favour the formation of CaCO3,
thus reducing the limestone decomposition
It is important to note that as temperature is increased in the calciner, the effect of CO2 partial
pressure is reduced. An industrial calciner will have to produce a stream of CO2 of high
concentration in order to be suitable in for CO2 separation. This implies that the calcination
process will have to take place under a high CO2 partial pressure. Under these partial
pressures, calcination temperature must to be high enough to ensure rapid limestone
decomposition. In future experiments, higher CO2 partial pressure will be used to study
limestone decomposition under these conditions.
From the results obtained, rough guidelines for flash calcinations can be developed. The
process has to use small particles size (less than 100 µm) in order to obtain high calcination
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efficiencies. The calciner operation temperatures need to be high enough (more than 900-950
°C), especially when working with high values of CO2 partial pressure.
Sintering of the oxide particles can present a problem in the performance of lime as a sorbent.
As was mentioned, SEM images of fresh and calcined limestone were taken (see Figure
A.7.2.5). Image 5a shows the spread of particle sizes in the <100 µm fraction. However, the
calcined limestone (see Image 5b) shows higher uniformity in particle size. Moreover, it can
be said that the mean particle size is smaller than in the fresh limestone. This fact can be due
to the fragmentation of bigger particles during the thermal treatment. However the efficiency
of the cyclone to collect the sample will also affect to the particle size distribution.

a

b

c

d

Figure A.7.2.5. SEM images of fresh limestone (a,c) and calcined limestone (b,d) of <100µm
fraction.

Images c and d show the fresh and calcined limestone in more detail. The fresh limestone is
composed mainly by isolated particles. The image corresponding to the calcined material
presents a similar morphology to fresh limestone, showing that under these calcination
conditions the oxide does not sinter significantly.
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A.8 Task 8. The development of basic reactor simulation tools.

This task included the application suitable reactor models to the key units in the LCCC system
to capture CO2: the fluidized bed carbonator and the entrained bed carbonator, where the CO2
has to be captured by a solid stream of CaO coming from the calciner-regenerator unit. The
modelling work includes the integration of suitable submodels for the gas-solid contact in the
carbonators and for the sorbent performance (reactivity and maximum conversion capacity).
The work under this task has mainly been carried out by CSIC. However, the key data for
model validation has been supplied from sections A6 by Cranfield University, VTT and also
most substantially, by the collaboration of CSIC with the CANMET Energy Technology
Center, in Canada, which is active in this field from 2002.
A.8.1 Work performed at CSIC. Fluidized bed carbonator model.

Fluidized beds are the main choice for carbonator reactors to capture CO2 with CaO (see
section A9 and Abanades et al 2005). In fact, fluidized beds have already been used in
practice to capture CO2 with CaO, operating at high pressure in the Acceptor Gasification
Process (Curran et al., 1967). We focus the next paragraphs on the progress understanding the
fluidised bed carbonator common for most of the options considered in this project (all except
in duct sorbent injection, described in section A8.2)
Supported by experiments in a pilot-scale fluidised bed reactor at CETC, we have modelled
the capture of CO2 in bubbling bed conditions by a bed of CaO. The experimental CO2
concentration profiles measured inside the CETC´s experiments where interpreted with the
KL model (Kunii and Levenspiel, 1990) adapted within this project to the capture of CO2
from a fluidised bed of CaO. In this model, the bed is assumed to be divided into two phases:
a bubble and an emulsion phase. To estimate the bubble fraction, we adopt a value
proportional to the extremes proposed by Kunii and Levenspiel (1990) for the bubbling
regime for fine and large-sized particles:
δ=

u 0 − u mf
5u − u b ε mf
u b + mf
4

for

1<

u b ε mf
<5
u mf

(A.8.1.1)

The gas entering the bed splits between these two phases and a CO2 exchange is allowed
among them (Kunii and Levenspiel, 1990). The superficial gas velocity, u0, changes slightly
because of the removal of CO2 from the gas phase and, therefore, an average value is adopted
in these equations. The emulsion is assumed at minimum fluidization conditions. The
effective gas velocity through the gas phase, ub*, is defined from the gas balance in a cross
section of the bed:
u *b =

u 0 − (1 − δ) u mf
δ

(A.8.1.2)

It is assumed that no solids are contained in the bubble phase and, therefore, all solids in the
bed are contained in the emulsion phase. For any time during the initiation of the experiment,
the bed contains three types of solids: a fraction of active CaO reacting in the fast reaction
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regime (fa), a fraction of inactive CaO from previous carbonation-calcination cycles (1-Xb,N)
and a fraction of CaCO3 given by the carbonation conversion (X). Therefore:
f a = X b, N − X

(A.8.1.3)

Knowing the fraction of CaO in the bed that is reacting in the fast reaction regime, fa, allows
the application of the KL model to estimate the CO2 axial concentration profile. The KL
model is formulated as a mass balance of CO2 in the bubble and emulsion phases:
− u *b

dC bCO 2
= γ b f a K r (C bCO 2 − C CO 2,eq ) + K be (C bCO 2 − C eCO 2 )
dz

(A.8.1.4)

and
− (1 − δ)u mf

dC eCO 2
= (1 − δ)(1 − ε mf )f a K r (C eCO 2 − C CO 2 eq ) − δK be (C bCO 2 − C eCO 2 ) (A.8.1.5)
dz

The two critical parameters not yet defined in the previous equations are the reaction rate
term, Kr, and the gas interchange coefficient between phases, Kbe. Kunii and Levenspiel
(1990) provide the following correlation for fluidized beds of the type used in this work
(intermediate particle size):
K be = 4.5

u mf
db

(A.8.1.6)

For the bubble diameter, the maximum bubble size db= 0.1 m has been adopted. Visual
observation of the top surface of the bed gave evidence of “large” bubbles bursting there.
Although the average value of db should be below this number, db = 0.1 is a conservative
assumption that yields the lowest value of Kbe. Furthermore, the sensitivity of the model to
Kbe under the conditions tested (relatively deep fluidized bed) is low, affecting only the
concentration data taken from the port located 0.25m from the distributor, as will be seen
below.
To define the reaction rate term Kr we assume that the carbonation rate is first order with
respect to CO2 and, including the resistance to the mass transfer of CO2 towards the particle of
CaO in the emulsion phase, we have:
Kr =

1

(A.8.1.7)

dp

1
+
6k g K ri

This requires the definition of the CO2 mass transfer coefficient towards the carbonating
particles, kg, which is estimated here with the correlation of Turnbull and Davidson (1984) for
the Sherwood number:
Sh =

D CO 2
= 2ε mf + 0.95Re 0mf.5 Sc 0.3
kgdp

(A.8.1.8)
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To define the reaction rate constant for the carbonation reaction of the particles, Kri, we need
to incorporate the key observations discussed in section A5. Therefore, we assume that Kri = 0
after the particles reach the carbonation conversion limit, Xb,N, that is estimated for each
experiment with equation (A.5.1.1). It is also assumed that, in the active part of the
conversion curves (below Xb,N), the particle carbonates following the semi-empirical
equation:
dX
= k x X b , N (1 − X) 2 / 3 (C CO 2 − C CO 2,eq )
dt

(A.8.1.9)

This equation (except for the correcting term, Xb,N, to account for the decreasing fraction of
active CaO as the number of cycles increases) was found by early studies reviewed by Bhatia
and Perlmutter (1983). These authors also noted that equation A.8.1.9 is identical to the one
obtained with the spherical grain model of Szekeley et al. (1976), consistent with our
observations of the interior of the particles by SEM, if:
kx =

k sSo
(1 − e o )

(A.8.1.10)

The rate constant in suitable units for the KL model can be rewritten as:
K ri = k s

X b , N S 0 ρ CaO
M CaO

(1 − X) 2 / 3

(A.8.1.11)

We can adopt the reaction rate constant, ks, as 5.95x10-10 m4/smol as measured by Bhatia and
Perlmutter (1983) in conditions fully relevant for this work (temperature range between 673
and 998K and with CO2 volume fractions between 0.1-0.42). For the surface areas of the
fresh part of CaO of the calcines, values of S0 = 40 m2/m3 and e0 = 0.5 have been adopted for
both limestones, yielding typical areas of 12 m2/g of active CaO, consistent with data from
Bhatia and Perlmutter (1983) for similar calcination conditions. With all these data, the
particles achieve their maximum conversion (Xb,N) in about 1 to 3 minutes. These times are in
agreement with results reported by Bhatia and Perlmutter (1983), Silaban and Harrison (1995)
or Shimizu et al. (1999) for the first calcination-carbonation cycle, and also agree with those
obtained in section A5. Under these conditions, a fluidized bed with a sufficient amount of
active CaO is a very effective CO2 absorber, as became clear from the experimental results
and in the model predictions shown below.
With the previous assumptions and correlation to estimate the different parameters in the KL
model, the CO2 concentration profiles inside the bed can be calculated and compared with the
experimental results in the fluidised bed carbonator. Since the carbonation reaction is
assumed to be first order, the analytical solution provided by Kunii and Levenspiel (1990) for
equations (A.8.1.4) and (A.8.1.5) yields the CO2 axial concentration profile in the fluidized
bed as:
C CO 2,z = C CO 2,eq +

(C CO 2, 0 − C CO 2,eq )δ
(1 − δ)u o Φ

[(1 − Ψ )(Ψ δ u
2

1

(A.8.1.12)
where
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u mf  1 K be
1 fa Kr 
1 − ε mf + γ b *  +
2 u mf 
u b  2 u mf

Ψ1 , Ψ2 =

u mf
 δ

+ * m Φ

ub
1 − δ


(A.8.1.13)

u mf

fa Kr
1 1 − δ  u mf
−
(1 − ε mf − γ b * ) m Φ 
 * −
2 2 δ  ub
K be
ub


 f K
u mf
Φ =  a r (1 − ε mf − γ b *
ub
 K be

2

(A.8.1.14)

u mf 
 δ
) 
− * 
u b 
 1 − δ

(A.8.1.15)

2

u mf 
u mf

 δ
f K
)  + 
+ *  + 2 a r (1 − ε mf − γ b *
ub 
ub

1− δ
 K be
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Figure A.8.1.1. Effect of the fraction of active CaO present in the bed on the axial CO2
concentration profiles as predicted by the model under average carbonation conditions used
during the experiments (dp = 1mm, u = 1 m/s, T = 650ºC, Wo = 5kg, 15 vol% CO2 in the gas
feed).

Figure A.8.1.1 presents an example of the CO2 concentration profile in the fluidized bed
carbonator calculated with equation A.8.1.11 and the auxiliary equations above, for conditions
resembling those used during the experiments. As can be seen in this figure, the CO2
concentration profiles are insensitive to values of fa higher than 0.1. This corresponds to the
early stages in the carbonation cycle during the experiments, where the emulsion phase is
acting as a very effective sink for CO2 and the overall carbonation process is controlled by the
transfer of CO2 from the bubble phase to the emulsion phase. With lower values of fa, the
concentration at the exit of the bed is appreciable and this corresponds to the beginning of the
breakthrough curves.
Simulated breakthrough curves corresponding to the experimental can be estimated with the
model by recalculating fa as a function of time. This can be done by estimating the change of
average carbonation conversion in the bed as:
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M CaCO 3 t
X =
Q g (C CO 2, 0 − C CO 2,exit )dt
W0 ∫0

(A.8.1.16)

The integration starts by calculating the concentration at the exit of the bed at the beginning of
the experiment (fa = Xb,N for t = 0). This exercise was undertaken to produce the simulated
CO2 concentrations at the exit of the bed or at the bed heights of the gas sampling ports, that
are included in Figure A.8.1.2 as continuous dotted lines. As can be seen in these figures,
there is reasonable agreement with the experimental results, when considering the number of
simplifications and assumptions adopted to build the fluidized bed carbonator model. It is
important to emphasize that the sensitivity of these curves is low with respect to the
assumptions and parameters adopted for the carbonation reaction rates at particle level,
because the high reactivity of the fresh part of the CaO particles, at the conditions tested, is
sufficiently large to guarantee a rapid change (both experimental and theoretical) in the CO2
concentration at the exit of the bed in the proximity of the breakthrough conversion, Xb,N
(defined with empirical equation A.5.1.1).
0.2
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0.1
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Figure A.8.1.2. Left: experimental CO2 concentrations measured at three different bed
heights during a carbonation experiment in a fludized bed carbonator (Cadomin limestone,
cycle 1, 650oC, and 15 vol% of CO2). Right: measurements at the exit of the bed in three
different carbonation cycles for Havelock limestone. Dotted lines correspond to model
predictions at the exit of the bed.

The comparison between predicted and experimental CO2 concentration data is poorer for the
lower sampling ports in the fluidised bed (0.25 m above the distributor). While the model
predicts significant concentration of CO2 in the gas phase even at the beginning of the
experiment (maximum fa), all the experimental tests showed that, at the beginning of the
carbonation period of each cycle, the bed was very effectively absorbing CO2 even at this low
sampling port. This discrepancy is due to the correlation adopted for the bubble-to-emulsion
transport of CO2, that seems to be too conservative for the actual bed conditions, since it does
not allow more pronounced CO2 concentration profiles even when this transport is the only
resistance to progress of the carbonation reaction in the bed. It is, however, beyond the scope
of this project to refine this correlation for the limited number of fluidized bed experiments
conducted so far. It can also be noted that the breakthrough curves in Figure A.8.1.2 show
good agreement on the expected breakthrough times but some differed from the model
predictions in the shape of the CO2 profile. As mentioned above, recarbonation in cooler parts
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of the freeboard and some air leaks into the freeboard were detected in some carbonation
tests. This explains why the intrinsic scattering of data seems higher in the experimental
concentration of CO2 measured at the exit of the riser than in that CO2 concentration
measured inside and just above the fluidized bed.
Finally, it is necessary to highlight that, from a practical point of view, the most interesting
part of the experiments and the model simulations are those with low values of fa. This is
because, in continuous carbonation-calcination systems to separate CO2, it will be a design
objective to maximize utilization of the sorbent and minimize losses of active CaO. Therefore,
the value of fa in a continuous operation must be kept low. For low values of fa, the sensitivity
of the model to the reactivity of the sorbent arising from the calcination is much more
pronounced. Under these conditions, the general bed characteristics (superficial gas velocities,
bed temperature, bed heights, bubble behaviour, etc.) strongly affect performance of the
fluidized bed carbonator in terms of CO2 capture efficiency in the gas phase. Despite these
remarks, and in view of the results obtained above, it has been shown that attractive operating
conditions exist where a fluidized bed of free CaO is an effective absorber of CO2 from a coal
combustion flue gas at temperatures as high as 650C.

A.8.2. Work performed at Cranfield. In-duct sorbent injection modelling.

A.8.2.1. Entrained calcination model

Modelling has been carried out of the carbonation reaction in entrained flow contact mode. This
model was applied to the laboratory scale entrained calciner designed at Cranfield University.
The model follows Kunni Levenspiel, with piston flow and the reaction controlled by kinetics
(for small particles). Knowing the fraction of active CaO in the system, the K-L model can be
applied to estimate the CO2 concentration profile in the tube.
− usl

dCCO2
dz

= K r (CCO2 − CCO2 eq )

A critical parameter is the reaction rate Kr. It is assumed that the carbonation rate is first-order
with respect to CO2, and the resistance to the mass transfer of CO2 towards the particle of CaO
is included (Similar approach as in Abanades et al. 2004).

Kr =

1
dp
6k g

+

1
Kri

This requires the definition of the CO2 mass-transfer coefficient toward the carbonating particles
kg, which is estimated through the Sherwood number. To calculate Kri it is assumed that the
particles convert to carbonate following the semi empirical equation:
dX
= k x (1 − X ) 2 / 3 (C CO2 − C CO2eq )
dt
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This equation was found by early studies reviewed by Bathia and Perlmutter (1983); it has since
been modified by Abanades and Alvarez (2003) to take into account the decay of maximum
carbonation conversion after reusing the solids in carbonation/calcination cycles. For the
purpose of these experiments fresh solids have been used in each carbonation experiment.
Converting the rate constant into different units:
Kri = k s

S o ρ CaO
(1 − X ) 2 / 3
M CaO

Following the same principle as in Abanades et al. 2004, the reaction rate ks can be taken as
5.95*10-10 m4/smol as measured by Bhatia and Perlmutter (1983). For the surface area of the
fresh CaO in the calcines, values of So = 20 m2/gr.
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Figure A.8.2.1. Model predictions for different experimental conditions.

The applied model is able to predict CO2 concentrations during the carbonation process. The
model represents a useful tool to study the effects of different parameters on the carbonation
process. In Figure A.8.2.1 the effect of the temperature and CaO/CO2 ratio can be seen. These
graphs were calculated using a gas flow of 8 L/min (20 °C, 1 atm) and lime flows of 2-4 g/min.
As can be seen, the model predicts the effect of operating temperature on carbonation. As the
temperature increases, the process loses efficiency and the resulting CO2 concentrations are
higher. Another important parameter in this process is the CaO/CO2 ratio; its predicted effect
can be seen in Figure A.8.2.1 (graph b). CO2 levels are highly reduced as the CaO/CO2 ratio
increases.
The model and the values proposed for particle properties and kinetic parameters have been
used to calculate CO2 profiles along the gas path of the laboratory scale carbonation rig. These
calculated values can be compared with those obtained in the experimental runs (see Task 6.2)
in order to study the validity of the proposed model.
Table A.8.2.1 summarises the temperatures and flows used in the laboratory experiments.
Moreover, experimental CO2 concentrations and the predict values calculated with the model
are also compiled in this table. As can be observed, the predicted CO2 concentrations are close
to the experimental ones; differences between values are less than 1 %.
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Table A.8.2.1. Experimental flows and concentrations, and predicted values using the model for
an entrained flow carbonation process.
T (°C)

Total
Flow
(l/min)

%
CO2(init)

%
CO2(after)

%
CO2(predicted)

Reduction
(% exp.)

Reduction
(% calc.)

CaO/CO2
(molar)

tr (s)

626

5.28

14.22

10.35

9.46

27.2

33.5

1.30

2.81

612

4.11

8.96

6.33

5.67

29.4

36.7

1.62

3.37

599

7.77

11.59

8.96

9.43

22.7

18.6

1.08

1.97

599

8.20

11.59

9.88

9.63

14.7

16.9

1.02

1.87

587

5.09

10.81

7.25

6.60

32.9

38.9

1.77

3.05

587

6.37

9.42

5.71

6.52

39.4

30.8

1.89

2.43

587

5.98

10.04

7.10

6.24

29.3

37.8

2.16

2.59

586

8.31

11.43

8.96

9.57

21.7

16.3

0.85

1.87

581

5.46

10.19

7.41

6.61

27.3

35.1

1.47

2.89

541

7.78

12.21

9.58

9.71

21.6

20.5

0.85

2.11

CO2 partial pressure

0.15
T=626 °C, CaO/CO2=1.3
Experimental
T=587 °C, CaO/CO2=1.8
Experimental

0.13
0.11
0.09
0.07
0.05
0

1

2

3
4
Position (m)

5

6

7

Figure A.8.2.2. Comparison between predicted and experimental values at a fixed residence
time
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Figure A.8.2.2 shows the comparison between the experimental and predicted results for a
residence time of 2.8-3.1 seconds. The experimental and predicted values are in quite close
agreement. The reduction of CO2 emissions achieved at 587 °C is a 5% higher than at 626 °C.
The effect of the different CaO/CO2 ratio in these cases has to be taken into account when
making the comparison. At 587 °C the ratio is higher, so the CO2 reduction conditions are
more favourable. The difference between CO2 reduction in both conditions predicted with
model is very similar to the difference obtained from the experiments.
Figure A.8.2.3 shows CO2 concentrations of some experimental and calculated values
obtained at a carbonation temperature of 587 °C, with different residence times and CaO/CO2
ratios. The most unfavourable condition is the one plotted in red colour, as it has the lowest
residence time and ratio. In these case calculated and experimental CO2 reduction are in good
agreement with a values of 16.3 and 21.7 respectively.
The other two results presented in Figure A.8.2.3 are quite close. One has a higher residence
time (3.1 s) and a lower CaO/CO2 ratio (1.8) than the other (2.6 s and 2.2 respectively). This
shows that a the effect of a short residence time could be offset by increasing the loading of
lime in the system.
Overall, the comparison between the experimental and model-derived results is good.
Consequently, it is reasonable to use the model to investigate the effects of operating
parameters.

0.12

CO2 partial pressure

Carbonation Temperature = 587 °C

0.10

0.08
CaO/CO2=2.2, tr=2.6 s
Experimental
CaO/CO2=0.9, tr=1.9 s
Experimental
CaO/CO2=1.8, tr=3.1 s
Experimental

0.06

0.04
0

1

2

3

4

5

6

7

Position (m)
Figure A.8.2.3. Comparison between predicted and experimental values at different residence
times and CaO/CO2 ratios.
A.8.2.2. Assessment of Mass and Heat Flow balances in a Power Station with Lime
Carbonation/Calcination Cycles

The option chosen as a case study in this work involves the injection of ultrafine lime in a
section of the exhaust duct of an existing boiler. This approach is similar to the existing
technologies for in-duct sorbent injection for SO2 removal. The efficiencies will depend
largely on the particle size and gas/particle contact times in the duct, and are expected to be
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Fig. A.2.8.4. Scheme of the proposed carbonation/calcination cycle to capture CO2 by in-duct sorbent injection.
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lower than in other cycle configurations investigated in the project. However, the benefit of
the entrained flow approach is the low capital costs necessary for the implementation of the
carbonation stage of the cycle. Calcination can be carried out in CO2/O2 mixtures.
This option can be applied to any kind of boiler (pulverised fuel, fluidised bed…): the
carbonation reaction takes place in entrained flow mode, in an exhaust duct of the boiler. The
duct length and the volume of solids required depend on the carbonation reaction rate and the
mean particle conversion achieved. Once the CO2 content in the flue gas has been reduced,
the carbonated solids are sent to the entrained flow calciner unit, where calcination can take
place in a flame with an enriched O2/CO2 atmosphere at a temperature of around 1000 °C.
The calcined solids are separated from the CO2 stream leaving the calciner unit using a
cyclone before being re-injected into the carbonator unit, after passing through a heat
exchanger.
From the data obtained in the laboratory scale experiments the first model of the concept in
terms of mass and heat balance in the cycle has been proposed. Figure A.8.2.4 shows the mass
and heat balances for the proposed cycle for a 1000 MW thermal input boiler.
A typical coal with a lower heating value of 25 MJ/Kg was selected as fuel. The sulphur
content and its effect on CO2 capture was neglected in order to simplify this study. Excess air
in the boiler was fixed at a value of 20 %. The expected gas composition at the exit of the
boiler using these flows is showed in Table A.8.2.2. A mass flow of 95.3 kg/s of CO2 exits
from the boiler.
Table A.8.2.2. Gas composition at the exit of the boiler.

Gas

CO2

H2O

O2

N2

Composition (% vol)

15.4

5.4

3.4

75.8

Carrying out a heat balance for the entrained flow calciner allows the gas temperature at the
inlet to be calculated. This balance takes into account the heat generated in the calcination
process and particle and gas flows through the calciner. From this balance, inlet and exit
temperatures of 526 and 720 °C respectively were calculated. A lime flow of 104 kg/s in the
calciner was calculated assuming a CO2 retention efficiency of 0.3 and mean particle
conversion according to the values obtained in the laboratory scale carbonation experiments
describe in Task 6.2.
At the exit of the calciner, particles were removed from the flue gases. A solids mass flow of
132.6 kg/s was generated in the calciner. CO2 concentration in flue gas will be reduced to a
value of 11.3 %.
As indicated above, the calciner unit used to regenerate the limestone can be heated with a
mixture of natural gas and oxygen. An approximate flow of 4 kg/s of CH4 will be required to
regenerate the limestone. In the calciner heat balance, a working temperature of 1000 °C was
assumed. Products formed in the calciner will pass thought a heat exchanger unit.
Table A.8.2.3 summarises the CO2 flows and concentrations in the proposed process.
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Table A.8.2.3. CO2 flows and concentrations in the proposed lime carbonation/calcination
cycle using an entrained flow carbonation approach.

Flow (kg/s)

Concentration (%)

Exit of the boiler

95.3

15.4

Flue gases

66.7

11.3

CO2 captured (includes coal and CH4)

39.1

100

The results obtained in this case study will be used in further research to identify areas where
improvements to the process may be made.
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A.9 Task 9. Integration of components (CSIC and Cranfield)

This section presents an overview of the process options explored and studied in this project
using lime carbonation calcinations cycles (LCCC), focusing on the “full system” ie
integrating the key different units (coal combustor, carbonator and calciner) in a combustion
system (for power and/or heat production) that delivers a pure stream of CO2 suitable for
storage. Figure A.9.1.1 summarizes the general scheme of a CO2 carbonation/calcination
cycle valid for all the options considered in this project. In the unit where the carbonation
reaction takes place, a large molar flow of CO2 (in the flue gas of a power plant), designated
as FCO2, must contact a large molar flow of sorbent, FR, to allow sufficiently high CO2
capture. The remaining components of the carbonation/calcination loop, designated as Fflue
and Finert, will only be relevant to cycle heat balances, described later. The fuel split (ycomb)
between the main combustor, where the fuel is fired with air, and the calciner, where the fuel
is fired with O2, will also be discussed below for each process case.
Hence, a mass balance on Figure csicLCCC19 provides a definition of the CO2 capture
efficiency in the carbonator as a function of the molar flows of CO2 and sorbent entering the
carbonator:

Ecarb = min (

FR X ave
, Eequil )
FCO 2

(A.9.1.1)

For sufficiently large flows of sorbent, this capture efficiency is only limited by the
maximum attainable recovery of CO2, given by the equilibrium of CO2 on CaO.

Fflue + FCO2 (1-Ecarb?)

FCO2 Ecarb+F0 +FCO2 (1- ycomb)/ycomb
FR+Finert

F0

Calciner

Carbonator

F0
Fflue+ FCO2

Combustor

FR +Finert
(1-ycomb)
ycomb

O2
Fuel
Air

Figure A.9.1.1. General scheme and main mass flows in a CO2 capture system using a lime
carbonation/calcination cycle. LCCC.

The mass balance of Figure A.9.1.1 can be written to yield the fraction, rN, of sorbent
(molecules, particles, or any other mass unit) that has gone through the sorption-desorption
cycle exactly N times:
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F0 FRN−1

(F0 + FR )N

(A.9.1.2)

Therefore, the fraction of sorbent, SN, that has been cycling in the sorption-desorption system
at least N times is:




N
1 

S N = 1 − ∑ rN =
 F0

N =1
+ 1

 FR


N

(A.9.1.3)

For fluidized bed calciners (perfectly stirred reactors) the fraction of active CaO (Xave)
entering the carbonator to form CaCO3 can be estimated combining the previous equation
with equation A.5.1.1 (Abanades, 2002):

k =∞

X ave = ∑ rk X k
k =1

yielding:
X ave =

f m (1 − f w ) Fo
+ fw
Fo + F (1 − f m )
R

(A.9.1.4)

This is the design equation for the LCCC system, relating the sorbent performance parameters
fm and fw with the sorbent flows in the systems required to achieve a given value of Xave and
hence Ecarb. For the case of sorbent deactivation by CaSO4 formation, a conservative
assumption can be adopted considering the results of section A5, assuming that all sulphur
present in the fuel reacts quantitatively with the active fraction of CaO:

X ave =

f m (1 − f w ) F0
FCO 2
+ fw −
F0 + FR (1 − f m )
F0 rC / S y comb

(A.9.1.5)

where rc/s is the C/S mol ratio in the fuel. This equation considers the capture of all the sulfur
contained in the fuel that is fed to the combustor and the calciner. If the fuel fed to the
calciner for sorbent regeneration does not contain sulphur, the equation will have to be
corrected deleting the term ycomb.
One of the last two equaitions can be combined with equation A.9.1.1 to estimate the
attainable CO2 capture efficiency in the carbonator for any given combination of critical
sorbent flow ratios, FCO2/FR and F0/FR. The critical assumption to carry out this exercise in
the absence of detail reactor models of the individual units is to assume that the typical
conversions of all the particles leaving the carbonator after a few minutes (1-5 minutes) of
residence time will be around the value given by equation A.5.1.1. Despite the large solid
circulation rates, fluidized beds can provide this order of residence times. As an example, we
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note that the sorbent data available from the continuous pilot experiments carried out for the
Acceptor Process (Curran et al 1967) was also well fitted with equation A.5.1.1 (see
Abanades and Alvarez, 2003 and Figure A.5.1.4).
Figure A.9.1.2 illustrates the dependency of capture efficiency in the carbonator on the
sorbent flow ratios. The left hand side of the figure has been left undefined since, at values of
F0/FCO2 < 0.05, most sorbent particles in the system have experienced a number of cycles
much higher than 50 and equation A.5.1.1 is valid to describe sorbent performance for N < 50.
As seen in Figure A.9.1.2, the capture efficiency can be kept high (limited only by the
equilibrium) despite the decay in sorbent activity, by increasing the fresh feed ratio (F0/FCO2)
and/or the sorbent/carbon ratio (FR/FCO2). The problem is that these large ratios can become
unacceptable in practice. This is because both F0/FCO2 and FR/FCO2 are referred to a large
number (FCO2 from a power plant is necessarily a very large number). Therefore, FR/FCO2
must be as close as possible to unity to minimize solid flows between units and maximize
solid residence time in carbonators and calciners of any given size. The second ratio, F0/FCO2,
is the make-up flow of limestone and this has to be maintained as low as possible to minimize
the operating costs associated with fresh sorbent addition to the plant and the energy
requirements for its calcination. There is much scope to improve sorbent performance through
reactivation, pretreatment or through the manufacture of completely synthetic CaO-based
sorbents. This is an obvious subject for research in the future if these systems are to become
of practical interest. However, since natural limestones are very cheap sorbents and their
deactivated residue can find markets in the cement industry, higher values of F0/FCO2 may be
economically feasible (see section A10). Also, as will discuss later, the deactivated CaO
contains an important energy credit if used in cement manufacture.

1
Eequil
0.8

4
3

0.6
Ecarb

2
FR/FCO2=1

0.4

(4%S) FR/FCO2= 2

0.2

Table A.9.1.1. Composition of fuels used in the
simulations

0
0

0.1

0.2
0.3
F0/FCO2

0.4

0.5

Figure A.9.1.2. Required flow ratios of sorbent (FR and F0) with respect to the flow of CO2
(FCO2) to achieve a given CO2 capture efficiency in the carbonator. Arrows indicate a region
of uncertainty in sorbent performance (N beyond 50 cycles). The thin lines are valid for any
fuel without sulphur and the thick solid line is for the case of the pet coke of Table A.9.1.1
(4% sulphur). Dotted line is the limit imposed by equilibrium at 650ºC.
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Further restrictions on sorbent flow ratios appear when the total heat requirements in the
calciner are taken into account. In order to calcine the CaCO3 contained in the solid stream
(FR + Finert + F0) of Figure A.9.1.2, we need to supply heat to bring to the calcination
temperature all the solids circulating between both reactors as well as to drive the
endothermic calcination of CaCO3. The ratio between the necessary heat to calcine a mol of
CaCO3 sorbent in the stream (FR + Finert) and the heat input to the plant (heat generated in the
combustion of a mol of CO2) needs to be as low as possible. With highly deactivated sorbent
(low Xave) and/or working sorbents with high proportion of inert material, the heat
requirements to bring these solids to the calcination temperature can become very important
and even make the separation of CO2 unfeasible with this approach.
Despite the previous limitations we have identified a range of technology options using
natural limestones as such (as represented by equation A.5.1.1) to achieve the desired CO2
separation with the chemical loop of Figure A.9.1.1, choosing values of F0/FCO2 and FR/FCO2
(see Table A.9.1.2) that allow good capture efficiency in the carbonator, maintaining under
control the heat requirements in the calciner, as well as reasonable sorbent make-up flows.
Furthermore, any system following the scheme of Figure A.9.1.1 is capturing CO2 not only in
the carbonator but also in the calciner. Assuming 100% capture efficiency for the portion of
the fuel burned with O2 in the calciner and full calcination of the sorbent, we can define an
overall CO2 capture efficiency as:

ycomb Ecarb + (1 − ycomb ) +
E0 =

F0
ycomb
FCO 2

(A.9.1.6)

F
1 + 0 ycomb
FCO 2

In addition, the spent sorbent leaving the calciner (F0) qualifies directly for a CO2 credit as a
substitute of CaCO3 in the cement industry. If released, it eventually reacts with CO2 in air to
form CaCO3. Therefore, higher capture efficiency can be claimed for these overall
calcination/combustion systems as:

Esys = ycomb Ecarb + (1 − ycomb ) +

F0
ycomb
FCO 2

(A.9.1.7)

A range of process options is described below using all of these CO2 capture efficiencies as
well as the power generation efficiencies. These have focused to fluidised bed combustion
system as they have been shown in previous sections to provide the highest levels of
carbonation efficiencies. All simulations have been performed for a 100 MW thermal power
plant delivering the CO2 compressed at 10 MPa (suitable for storage in geological
formations). The composition of the fuels considered in this study is given in Table A.9.1.1.
An overall CO2 capture efficiency, E0, of 90% of the carbon contained in the fuel has been
assumed for all fossil fuel options. The reference combustion power plant without CO2
capture is assumed to have 46% LHV power generation efficiency. Power losses for CO2
compression and, where relevant, vacuum, air separation and steam generation have been
estimated with ASPEN Plus (η1to4) with the aid of colleagues from CANMET (Canada). More
details of this collaboration can be found in Abanades et al, 2005. Table A.9.1.2 also includes
the calcination heat (η5) of the make up flow of fresh sorbent. A fraction of this heat is a
198

ECSC-7220-PR125

Capture of CO2 in Coal Combustion

power loss in estimating power generation efficiencies (ηpow). However, this heat could be
claimed as an energy credit if the sorbent was used in a cement plant as a feedstock substitute
for CaCO3. Although this number cannot be added directly to the power generation efficiency
it is obviously an added source of efficiency for the overall power/cement production plant
emerging in some of the following discussions. The energy penalty for a combined system
power-cement plant is therefore very low, and unaffected by moderately large values of
F0/FCO2. Finally, table A.9.1.2 also includes in the right hand column a case where all coal is
burned in a FBC with O2 only that qualitatively agrees with the study by Shimizu et al.
(1999).

Table A.9.1.2. Mass and heat flows for the different options. Base-case of 100 MWt using
calcined limestone as CO2 sorbent that decays in activity following equation A.5.1.1.
Electricity generation efficiency is ref =0.46LHV (also for heat outputs at T≥650ºC).
Fuel
Fuel feed (kg/s)
ycomb
Air in (Nm3/s)
O2 in (Nm3/s)
T combustion (ºC)
P combustion (bar)
FCO2 in kmol/s
FCO2 /FR
F0/FCO2
Make up flow (kg
limestone/kg fuel)
T carbonation (ºC)
P carbonation (bar)
T calcination (ºC)
P calciner (bar)
Xave
Xsulf
Ecarb
ECO2
E0
Hcal (MW)
Calciner penalty, η1
Calciner penalty, η2
Calciner penalty, η3
Compress. penalty,η4
Makeup calcination, η5
penalty (-) credit (+),
ηpow **

A
Coal
4.0
0.67
20.3
1.81
850
1
0.145
1/3
0.1
0.541

B
Coal
4.0
1
30.3
0
1050
1
0.216
1/4
0.15
0.813

C
Coal
4.0
1
30.3
0
1050
1
0.216
1/4
0.15
0.813

D
Biomass
Biomass
0.682(C)
22
1.7
700
1
0.157
1/3
0.1
0.176

E
Pet Coke
Pet Coke
0.66
21.6
2.02
850
10
0.143
1/4
0.3
1.37

O2/CO2
Coal
4.0
5.3
850
1
0.216
0
0

650
1
950
1
0.251
0
0.753
0.845
0.9
33
0.0317
0.0285
0.0258

650
1
850
1 (60% steam)
0.188
0
0.752
0.784
0.9
48.2
0.0113
0.028
0.0579

650
1
850
0.4 (vacuum)
0.188
0
0.752
0.784
0.9
48.2
0.0055
0.028
0.0579

700
1
950
1
0.202
0
0.607
0.749
0.8*
28.8
0.0208
0.0267
0.028

850
10
1080
10
0.137
0.091
0.549
0.752
0.9
34
0.0353
0.0125
0.0762

0
0
0.0928
0.0312
0

0.388

0.394

0.400

0.400

0.377

0.336

* This is captured from the biomass plant (CO2 neutral) and is therefore associated with a “negative CO2” emission.
** This is calculated as ηpow = 0.46 (1-η5) - η1 - η2 - η3 -η4

The systems analysed and included in Table A.9.1.2 are indicated below:
Case A. Coal-based power plant of any type incorporating a CaO-based CO2 absorber in
the form of a circulating fluidized bed carbonator (Figure A.9.1.3). Regeneration of CaCO3
with O2/CO2 mixture occurs in a fluidized bed. Shimizu et al. (1999) described in detail this
option and simulated overall system performance. However, these authors overestimated
sorbent performance by ignoring the decay in sorbent activity after only four
carbonation/calcination cycles. We have, therefore, run a simulation of the process with
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make-up flow of fresh limestone of 0.542 kg per kg of coal (see Table A.9.1.2). The
generation efficiency is predicted to be 38.8%. The main sources of efficiency penalty are
compression of CO2 and the necessary power for O2 generation (about 1/3 of the fuel is
burned with O2 in the calciner).

Flue gas

CaCO3
CO2
650º
carbonator

950º
calciner
Combustor

CaO
O2+fuel

Air+fuel

Figure A.9.1.3. Process scheme of Case A, with the carbonation/calcination cycle separated
from the combustor chamber. This is an option for both existing and new power plant
concepts.

Case B. Fluidized bed coal-based power plant following the scheme of Figure A.7.1.1,
with a high temperature circulating fluidized bed combustor (T = 1050ºC) transferring heat
through metallic walls to a fluidized bed calciner (T = 850ºC) operating at a CO2 partial
pressure of 0.4 bar obtained in the calciner by injecting steam (5.28kg/s). Solids in the
calciner are fluidized with a mixture of steam and the CO2 generated during calcination. The
carbonator operates at 650ºC after cooling the gases coming from the combustor. Heat
requirements in the calciner are estimated to be around 48% of the energy input to the plant.
Assuming an overall heat transfer coefficient between the two beds of 300 W/m2K (see
section A6), an area of approximately 800 m2 of metallic wall needs to be provided for
transfer of the necessary heat between combustor and calciner. This area will require a special
configuration of combustor and calciner cross-sections to closely integrate both units
(typically 20-40 m high and almost 30 m2 crossection for the 100 Mwt base-case, when
assuming a gas velocity of around 5 m/s). These configurations require special metallic
materials that have not yet been tested in practice for similar applications. It is therefore, not
clear if these systems will be more feasible than the system of Case A despite their higher
efficiency and the lack of air separation unit. However, it should always be possible to take
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advantage, at least to some extent, of the potential for direct heat transfer from combustor to
calciner as outlined in Figure A.7.1.1.

Case C. This is a system (Figure A.9.1.4) with identical process conditions to Case B
except in two variations: heat transfer is attempted using a solid heat carrier and the low CO2
partial pressure of 0.4 atm, required for lower calcination temperature in the calciner, is
attempted through application of vacuum (alternatively, this could be done with steam as in
case B). For the case studied, a heat carrier flow of 226 kg/s is required to transfer the heat
required for calcination from the combustor to the calciner. This large circulation rate of hot
solids from the combustor is still reasonable (below 10 kg/m2s) compared to standard practice
in circulating fluidized bed combustors. Calcination of the sorbent will take place in contact
with these hot solid stream. The heat carrier can be CaO (calcined sorbent) identical to the
sorbent circulating in the carbonation/calcination loop although its activity might tend to
deteriorate in the high-temperature conditions in the CFBC. However, we can also use highly
sintered and dense CaO particles in the combustor/calciner loop or a completely different
dense solid heat carrier (for instance Al2O3). In this case, the intention is to make use of the
different particle density of the active sorbent particles (approximately 1500 kg/m3) and of the
heat carrier (higher than 3000 kg/m3). Continuous segregation of the solids should be possible
to achieve partial separation in a continuous mode. A similar segregation mechanism was
used successfully to separate heavy ashes from the sorbent in the pilot plant used for the
development of the Acceptor Gasification Process (Curran et al 1967). However, it has never
been tested at the scale required for this application. Therefore, as in Case B, it is not yet clear
if the complexities associated with the operation of the calciner of Figure csicLCCC22 will
compensate for the savings arising from the lack of O2 separation plant and the improved
values of generation efficiencies (see Table A.9.1.2).
Flue gas

carbonator

CaCO3

combustor
Low P
CO2

650º

calciner

CaO

1050º

850º
Heat carrier

Air+fuel

Figure A.9.1.4. Process scheme of Case C, with indirect heat transfer from the combustor to
the calciner by means of a dense solid heat carrier (like sintered CaO or Al2O3)
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Case D. In situ capture of CO2 with CaO in a low temperature fluidized bed combustor.
According to the CaO/CaCO3 equilibrium, if a fuel could be burned at sufficiently low
temperature (about 700ºC) it would be possible to capture, in situ, the CO2 generated in the
combustion. Biomass is a potentially attractive fuel for this application because the synergies
with coal can make it competitive in large scale (coprocessing). Furthermore, the idea of
capturing CO2 from biomass-fired systems is receiving increasing attention (Williams et al,
1996) since it can offer a route to power plants with negative emission factors (i.e., a net CO2
sink). This is because the burning of biomass without CO2 capture is considered CO2-neutral
and, therefore, any capture and storage of CO2 from biomass will translate into a net sink of
CO2 from the atmosphere. The scale of biomass power plants is, however, always limited and
we have assumed that the plant of reference in Table A.9.1.2 is close to an existing coal
power plant based. In the selected case, approximately 68% of the C content of the biomass is
fed to a fluidized bed combustor operating at 700ºC where a capture of around 60% of the
CO2 generated in the FBC is achieved. The unburned C is burned in the calciner. Flue gas,
with a reduced amount of CO2, and which might also contain CO, tar and unburned C, is fed
to the existing power plant in a manner that these compounds are fully oxidized and the heat
is recovered in the equipment of the existing boiler. As a result, the heat required for
regeneration in the calciner, which accounts for 28.8% of the total heat, comes from the
unburned char accompanying the carbonated sorbent leaving the carbonator. More coal from
the main combustor might also be used to supply heat to the calciner. An interesting point of
this Case is that it can be used as a retrofitting option to existing plants, to reduce CO2
emissions while increasing the energy output of the plant. Therefore, it can also facilitate a
strategic move from large emission factors in an existing coal combustion plants to negative
emission factors in the future when/if the plant can be fully sustained by biomass. The scheme
is similar to the one of Figure A.9.1.5 but with the operating conditions (atmospheric
pressure) in the carbonator and calciner indicated in the previous paragraph
to gas turbine
CO2 +steam
CaCO3
+char

1080ºC

FB Calciner
850ºC

CaO
PFBC
and Carbonator

O2+(coal+steam )

Air+coal

Figure A.9.1.5. Process scheme of Case E, with coal burned in high pressure fluidized bed
combustor and CO2 generated from combustion with oxygen in the fluidized bed calciner.
The scheme is identical for option D (low pressure), changing the fuels and the temperatures
as indicated in Table A.9.1.2.
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Case E. In situ capture of CO2 at high pressures and temperatures. This is similar scheme to
Case D above, but applied to high-pressure (10 bar) and high-temperature (850ºC) fluidized
bed combustor and calciner. The simulation has been run for pet coke, with no ashes but high
sulphur content. The details of this system have been published in collaboration with
CANMET (Abanades et al 2002, Wang et al 2003) including the full ASPEN simulation sheet
for pet coke cases and antracites. As in Case D, the key benefit is high levels of system
integration, since combustion, CO2 capture and SO2 capture are all achieved in a single
pressurized fluidized bed reactor. The high sulphur content in the fuel makes necessary a large
supply of fresh sorbent to maintain the activity of the CO2 capture loop, in accordance with
equation A.9.1.5. This has reduced the power generation efficiency respect to other cases
(37.7%LHV), but the energy and carbon credits associated with the large flow of deactivated
sorbent leaving the plant (mainly CaO) should also be considered.
From the results of Table A.9.1.2, we can conclude that CO2 capture concepts based on the
carbonation/calcination cycles of CaO described above have inherent advantages, because the
efficiency penalties associated with separation of CO2 are intrinsically low. The system uses a
low-cost, widely available CO2 sorbent to compensate for its activity decay (see section A10
for details). In some cases (A and D) the individual units are commercially proven and/or
there exist similar large-scale commercial processes operating in similar conditions. In the
remaining cases (B,C, E) the challenge is to demonstrate novel reactor concepts that offer
substantial gains in efficiency and/or avoid the air separation unit. No hazardous materials are
involved in the new processes. The concepts can, in principle, be applied to CO2 capture from
the combustion of several fuel types, from fossil fuels and petroleum residues to biomass and
waste. Sulfur capture is expected to be very effective in the system. However, a successful
CO2 capture system is that which can deliver CO2 at the lowest possible cost, when all factors
are properly considered in the definition of that cost. Clearly, for some of the process
alternatives outlined in this work, several uncertainties need to be addressed before carrying
out an economic comparison with existing CO2 capture processes or other novel concepts
currently under development.
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A.10 Task 10. Economical assessment.

One of the weakest points of any LCCC system is the poor sorbent performance that translates
into the need of a very large supply of fresh sorbent to keep the activity in the carbonationcalcination loop (see Figure A.9.1.1). This may translate into high operating cost associated to
the purchase of this sorbent and the disposal of the deactivated residue. But it is important to put
this in context with what is the situation (in terms of the same cost-component, i.e. the cost of
the make up flow of sorbent) with other similar sorption-desorption systems. All CO2 capture
systems incur in additional cost respect to a similar system without capture. CO2 capture
systems are in a class by themselves because the mass flows of sorbent circulating in systems
like those being developed in this project must be very large, to match (at least) the large molar
flow of CO2 (or O2) being processed in the power plant. Figure A.9.1.1 presented a general
diagram that could be also valid for many CO2 capture systems (including CLC if O2 is written
instead of CO2). In all cases, there is a molar flow of CO2 (FCO2) to be captured, a sorbent flow
circulating between the capture-regeneration loop (FR) and a sorbent makeup flow (F0). It must
be emphasized that this make up flow is, to some extent, always unavoidable, due to a wide
range of chemical and physical interactions of the sorbent inside the reactors and transport lines
and the sorbent losses associated with gases leaving the system.
The cost of CO2 capture is the sum of several terms encompassing the large capital costs
associated to the capture plant, the new operating and maintenance (O&M) costs, the cost of
additional fuel resources needed to compensate for the efficiency penalty introduced by the
capture plant and the cost of CO2 compression. Any new capture system following the scheme
of Figure csicLCCC19 will have to compete in cost with existing systems which already can
deliver total CO2 capture cost below 50 Euro/tonne of CO2 separated. Since the cost of the
makeup flow of sorbent in Figure A.9.1.1 is only one component of the total capture cost, in
order to keep under reasonable values the O&M cost the sorbent makeup costs cannot
translate into more than few Euro per tonne of CO2 separated. A commercially proven CO2
capture system employing absorption with MEAs can be used to illustrate this point.
We have conducted the following analysis on commercial and pre-commercial systems with
the aid of the group of Prof. Rubin (Carnegie Mellon Univ., USA) and CETC (Canada) (see
Abanades et al, 2004). Rao and Rubin (2003) have shown the strict operational requirements
necessary for the desulphurization unit in a power plant to keep the makeup cost of MEA
reasonably low. Concentrations of SO2 in the flue gases below 10 ppmv are necessary to
minimize the sorbent makeup that otherwise deactivates rapidly due to reactions with SO2 and
other pollutants in the flue gases. If this is the case for MEA, a well-known chemical that has
been used in industry for many decades, the need to keep the sorbent makeup cost per tonne
of CO2 separated very low also will be essential for any other sorption-desorption system for
CO2 capture that follows the scheme of Figure A.9.1.1. We can define the cost of sorbent per
kg of CO2 removed (COS) using the notation of Figure A.9.1.1, as follows:

F
COS =  0
 FR

 FR

 FCO 2

 bM s
F

C s =  0
 FR
 M CO 2

 C s*

 M CO 2

(A.10.1.1)
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We note that the group Cs* = MsCsb(FR/FCO2) is a suitable variable to compare cost of different
sorbents as this is the cost of the mass of sorbent required to react (or absorb) one mol of CO2
(or O2). Furthermore, since the ratio FR/FCO2 is equivalent to the expected average conversion
of the sorbent, and this can be estimated from laboratory data, Cs* can be readily estimated
when knowing the price of the sorbent, Cs ($/kg of sorbent). For a typical MEA-based
system, (Rao Rubin, 2003) b = 2, MMEA = 0.061, Cs = $1.25/kg MEA, and the makeup flow is
1.5 kg MEA/tonne CO2. The latter corresponds to values of F0/FR = 0.000152 and FR/FCO2 =
3.57 (based on a lean solvent loading of 0.22 mol CO2/mol solvent and a maximum rich
loading of 0.5 mol CO2/mol solvent, which gives FR/FCO2 = 1/[0.5-0.22] = 3.57). This
translates into Cs*=0.544 $/molCO2 and a reported sorbent makeup cost for a large-scale
MEA-based system of around COSMEA = $0.0019/kg CO2. Although this cost represents a
relatively small portion of the total capture costs (in the order of 0.01 to 0.05 $/kgCO2), the
rationale behind the present study is that the sorbent performance in any new CO2 capture
system should be of sufficient quality to ensure that sorbent makeup costs are comparable to
those being achieved today for a commercially proven technology, i.e., absorption with MEA.
This is assumed to be a necessary (but not sufficient) condition because we consider it
unlikely that other benefits arising from a new, unproven technology could compensate for
much higher values of this component of total capture cost if the overall cost of CO2 capture
is to be low. Therefore, and to be able to use a quantitative guideline in our comparisons, we
suggest that for any new capture system using regenerable sorbents an acceptable level of
sorbent losses in the system should be such that:
COSs ≤ COSMEA

(A.10.1.2)

There are no reliable estimates of sorbent makeup costs for new, non-commercial systems,
because there is no information on the key flow ratios in Equation A.10.1.1, and the unit cost
of sorbent is also uncertain. In particular, the flow ratio F0/FR can only be estimated when
sufficient information is available on the performance of the sorbent at realistic process
conditions and at a relevant number of sorption-desorption cycles. The unit sorbent cost is
also an important variable in Equation A.10.1.1. Reasonable minimum values can be assumed
for some of the sorbents listed in Table A.10.1.1, considering the price of similar solids (for
example industrial active carbon-based adsorbents or synthetic catalyst based on zeolites) or
the market price of the raw material (minerals and metals). A common source has been used
to estimate the prices of the raw materials (US Geological Survey, 2002).
Employing the minimum unit price for the sorbents of Table A.10.1.1, we can now use the
MEA system as a reference case to ascertain how much the sorbent makeup flows must
decrease (or increase) to keep the sorbent makeup cost (COSs) equal to COSMEA. The results,
adopting some reasonable assumptions for the degree of utilization of the sorbent (FR/FCO2),
are also listed in Table A.10.1.1 in the form of the sorbent recycle ratio F0/FR.
One might argue that the ratio F0/FR already gives a direct measure of the quality of the
sorbent required in the system, but we have considered useful to use a relationship of this ratio
more comparable with a usual variable when investigating properties of a sorbent for a
multicycle operation: the number of sorption-regeneration cycles, experienced by a particle
of sorbent. Therefore, using the mass balanced for Figure A.9.1.1, and equation A.9.1.3, we
can define:
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Table A.10.1.1. Outline of sorbent characteristics, estimated unit prices and performance
criteria (N1/2) to match the performance of a MEA-based absorption system, used as a
baseline reference. The sorbent is considered the raw material in the form at which the price
is given.

Ms
(kg/mol)
0.061
0.1

b

FR/FCO2

MEA
CaCO3 (Crushed stone)

Cs
($/kg)
1.250
0.005

2
1

3.57
3i

K2O (Potash)

0.155

0.0942

1

3i

0.044

0.00189

Na2CO3 (Soda ash)

0.105

0.106

1

3i

0.033

0.00248

Li2CO3 (Lithium)

4.47

0.0739

1

3i

0.99

0.0000835

Active carbons

0.5

0.5ii

1 iii

1 iii

0.25

0.00075

Zeolites

1.0

0.2ii

1 iii

1 iii

0.20

0.000375

Hydrotalcites

2.0

2.0ii

1 iii

1 iii

4.0

0.0000207

Fe2O3 (Iron ore)

0.026

0.160

2 iv

3

0.025

0.00332

Co (Cobalt)

33.43

0.059

2iv

2

7.9

0.0000105

Cu (Copper)

1.812

0.1271

2 iv

2

0.46

0.00018

Ni (Nickel)

8.638

0.0587

2 iv

2

2.0

0.0000408

Mn (Manganese)

0.592

0.055

6 iv

2

0.39

0.00021

Sorbent

Cs*
F0/FR
($/molCO2)
0.544
0.000152
0.0015
0.0552

i

Assuming average carbonation conversion of 1/3.
Assuming 2 mols of CO2 adsorved per kg of active carbon, 5 mols of CO2 per kg of zeolite
and 0.5 mols of CO2 per kg of hydrotalcite.
iii
The definition of Ms for these sorbents already gives the mass of sorbent required to absorb
one mole of CO2
iv
This is per mol of O2 transported , assuming 2Fe2O3 = 4FeO+O2, 2Me+O2=2MeO (for
Me=Co,Cu, Ni) and 6MnO+O2=2Mn3O4.
ii

N1 / 2 =

ln 2
F

ln 0 + 1
 FR


(A.10.1.3)

where N1/2,
is the characteristic number of cycles that indicates that 50% of the sorbent has
completed the sorption-desorption cycle more than N1/2 times.
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For the case of the typical MEA-based system described earlier, N1/2 is 4561. The meaning of
this parameter for a molecule like MEA is that, on average, it cycles approximately 4500
times before it is lost from the system or encounters a poison that irreversibly deactivates it. If
there are no poisons and no material losses, the molecule can, in principle, absorb and desorb
CO2 indefinitely. However, for systems using gas-solid reactions (all the remaining sorbents
in Table A.10.1.1), and continuous transport of solid between reactors, the implications of
high values of N1/2 are very different. Solids reactants are known to attrite, escape from solid
capture devices (cyclones, filters, etc.), change properties during cyclic reactions, be covered
by depositions, or suffer chemical poisoning of the active part of the sorbent. All these decay
processes are bound to increase and to accumulate in the particles as the number of cycles
increases. As a consequence, it seems reasonable to expect that the testing of new sorbents to
determine their critical properties for reactor design (reactivity, selectivity, CO2 capture
capacity, mechanical strength, etc.) should be carried out under conditions that can be
extrapolated to, at least, the region of N1/2 cycles. Application of this criterion to sorbents of
comparable unit cost to MEA is already a major technical challenge (N1/2 is already very high
for MEA). We can illustrate this point by discussing the three main groups of solid sorbents
compiled in Table A.10.1.1. Synthetic adsorbents and catalyst based on a substrate like active
carbon or zeolites are common in many industrial separations. When their target is to remove
a minor contaminant in a large gas flow, or to produce a high value added product, the cost of
sorbent referred to one tonne of the impurity removed, or to the product produced, is allowed
to be high. However, this cannot be the case in CO2 capture systems, where the flow of the
impurity is very large and the price of the product has to be very low. If CO2 sorbents are to
be developed using these substrates, their performance needs to be demonstrated after many
thousands of sorption-desorption cycles. Many well established, large-scale separation
processes in industry today, often used as examples to introduce a new CO2 separation
concept, could not exist if the “price” of the separated product had to be as low as a tonne of
CO2 separated from a power plant.
Natural limestones are the subject of the LCCC part of this project and have also been
investigated as a regenerable sorbent for CO2 separation in other systems. However, the
sorbent cannot maintain a high capture capacity beyond 20 cycles and large quantities of
limestone makeup are required for CO2 control. This can only be acceptable because of the
extremely low price of crushed limestone, and because the exhausted calcines might have
some downstream value as feedstock for the cement industry. It is obvious that improved
performance with synthetic or reactivated sorbents would be highly beneficial for the lime
carbonation-calcination system. However, these new sorbents will have to be tested for
reactivity and capture capacity at a much higher number of cycles, given the previous
analysis. In general, we propose that new sorbents for CO2 capture applications should always
undergo testing to the extent suggested by Equation (A.10.1.3) in order to adequately assess
the cost of sorbent makeup in any large-scale system used for CO2 capture. While this
condition is necessary for reliable economic evaluations, we note that systems using “cheap”
sorbents also may face a wide range of other problems that could prevent or limit their nearterm application.
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ANNEX C. NOTATION
LCCC

A
CCO2

, fin cross section area (m)
, CO2 concentration along the tube length

CCO2eq CO2 concentration in equilibrium
CbCO2,z , CO2 concentration in the bubble phase at height z, mol/m3
CCO2,0 , CO2 concentration in the gas entering the bed, mol/m3
CCO2,eq , equilibrium CO2 concentration over CaO, mol/m3
CCO2,exit , CO2 concentration in the gas leaving the bed, mol/m3
CCO2,z , CO2 concentration in the gas at height z, mol/m3
CeCO2,z , CO2 concentration in the emulsion phase at height z, mol/m3
d1
, fin thickness (m)
d2
, fin length (m)
, bubble diameter (m)
db
DCO2
, effective gas diffusivity of CO2 in air, m2/s
dp
, particle diameter (m)
Dsr
, solid dispersion coefficient (m2/s)
e0
, particle porosity
Ecarb
, fraction of the CO2 entering the carbonator that is captured as CaCO3
Eequil, , fraction of CO2 entering the carbonator that can be captured if achieving
equilibrium conditions between CaO and CO2.
Eo
, overall capture efficiency of the system, or ratio between the CO2 captured in the
calciner and the amount of CO2 that would be released in a plant without CO2
capture
Esys
, system capture efficiency, or fraction of CO2 leaving the calciner with respect to
the total C (as fuel and as CaCO3) entering the plant
F0
, make-up flow rate of fresh limestone that is equivalent to CO2 produced from this
limestone on calcination (kmol/s)
, fraction of CaO in the bed reacting in the fast reaction regime
fa
FCO2
, flow rate of CO2 produced by combustion (kmol/s) in the combustion chamber only
(excluding the CO2 generated by combustion in the calciner)
Fflue
, flow rate of all other gases, except CO2, from the combustor (kmol/s)
, flow rate of inert solids cycling in the carbonation calcination loop (kg/s).
Finert
fm, w
, fitting constants
fm,w
, fitting constants
FR
, flow rate of recycled sorbent (kmol/s), excluding fresh makeup
Hcal
, heat required in the calciner (MW)
2
hw
, overall bed heat transfer coefficient (W/m K)
k
, fin conductivity, (W/mK)
Kbe
, overall gas interchange coefficient between bubble and emulsion phases (1/s)
kg
, mass transfer coefficient of CO2 towards the particles in the emulsion phase (m/s)
Kr
, overall carbonation rate constant of particles in the emulsion phase (1/s)
Kri
, carbonation reaction rate constant (1/s)
, rate constant for the carbonation reaction at the surface of CaO (m4/s mol)
ks
kx
, effective reaction rate constant
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kg

,mass transfer coefficient of CO2

ks

,rate constant for the carbonation reaction at the surface of CaO m4/smol

kx

,effective reaction rate constant

m
MCaCO3
MCaO
N
N
P
Qg
R
rc/s
Remf
S0
Sc
Sh
T
Tb
Tc
T(l)
u0
ub
ub*
umf
usl
W0
wC
X
Xave
Xb,N

XN
Xsulf
ycomb
z

hw P
kA
, molecular weight of CaCO3 (0.1 kg/mol)
, molecular weight of CaO (0.056 kg/mol)
, number of calcination/carbonation cycles
, number of carbonation/calcination cycles
, fin cross section perimeter (m)
, total gas flow entering the bed (m3/s)
, ideal gas constant, 8.314 J/mol K
, molar C/S ratio in the fuel
, particle Reynolds at minimum fluidization conditions
, initial surface area of CaO per unit volume of solid CaO (m2/m3)
, Schmidt number
, Sherwood number
, temperature, K
, calciner T, K
, combustor T, K
, temperature along fin length
, superficial gas velocity (m/s)
, bubble rise velocity (m/s)
, effective gas velocity in the bubble phase (m/s)
, minimum fluidization velocity (m/s)´
,‘slip’ velocity between gas and particles

, B

, mass of limestone loaded in the bed (kg)
, carbon weight fraction in the fuel
, conversion of CaO to CaCO3
, average carbon content in the carbonated sorbent that leaves the carbonator
, carbonation conversion at the end of fast reaction period in the Nth
calcination/carbonation cycle
, carbonation conversion achieved after N cycles of carbonation/calcination
, average conversion of CaO to CaSO4
, mass ratio between the fuel going to the main combustor and the total fuel into the
plant
,height from the distributor (m)

Greek Symbols

∆Hcomb
δ
εmf
γb
ρCaCO3

, heat

of combustion (LHV) of the fuel (kJ/kg)
, bubble fraction in the fluidized bed
, bed porosity at minimum fluidization
, volume fraction of solids in the bubble phase
, true density of CaCO3, 2710 kg/m3
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ηpow
ηref
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, true density of CaO, 3310 kg/m3
, net penalty in power generation efficiency of the O2 separation
, net penalty in power generation efficiency of the steam generation for the calciner
, net penalty in power generation efficiency of the vacuum in the calciner
, net penalty in power generation efficiency of the CO2 compression
, heat requirements for the calcination of the CaCO3 in the sorbent makeup. A
fraction (46%) is a is a net penalty in power generation. It is also an energy credit
when the CaO is used in a cement plant instead of CaCO3.
, power generation efficiency (LHV basis).
, power generation efficiency of the reference plant without CO2 capture ,
46%LHV in this work

CLC

, decay constant of the riser (m-1)
, Archimedes number
, stoichiometric factor, mol of solid produced (mol of gas)-1
, stoichiometric factor, mol of solid reacting (mol of gas)-1
, parameter in eq. A.2.1.1
, particle diameter (m)
, dimensionless particle diameter º Ar1/3
, gas concentration, mol m-3
, gas concentration at the inlet, mol m-3
, gas concentration at equilibrium conditions, mol m-3
, effective diffusivity within the particles, m2 s-1
, diameter (m)
, activation energy, J mol-1
, Froude number
, gravity, m·s-2
, specific solids circulation rate, kg.m-2.s-1
, height, m
, equilibrium constant
, chemical reaction rate constant, mol1-n m3n-2 s-1
, preexponential factor of the chemical reaction rate constant obtained at atmospheric
pressure, mol1-n m3n-2 s-1
k0,p
, preexponential factor of the chemical reaction rate constant for pressurized
conditions, mol1-n m3n-2 s-1
kH2O , constant to consider the effect of water in the reaction, (m3/mol)3
kx
, constant to consider the sintering
L
, layer thickness of the reacting solid for the plate-like geometry, m
m
, mass of sample, g
mAR , bed mass in air reactor, kg
mcirc , circulating mass flow, kg s-1
mFR ., bed mass in fuel reactor, kg
mox
, mass of the fully oxidized oxygen carrier, g or kg
mred , mass of the fully reduced oxygen carrier, g
ms,down , downward solid mass flow, kg s-1
ms,up , upwards solid mass flow, kg s-1
m
, recirculation rate, g s-1
&
n
, reaction order
A
Ar
a, c
b
d
dp
dp*
C
Ci
Ceq
De
D,
E
Fr
g
Gs
H
Keq
k
k0
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p0
PSD
P
Pp
R
R0
r
r0
t
tj

, atmospheric pressure, Pa
, particle size distribution
, total pressure, atm
, partial pressure, atm
, gas constant, kJ/(molK)
, oxygen transport capacity of the oxygen carrier
, grain radius, m
, initial grain radius, m
, time, s
, reaction time from solid conversion 0 until the maximum variation in solid
conversion, s
t AR
, mean residence time of oxygen carrier particles in the air reactor, s
t FR
, mean residence time of oxygen carrier particles in the fuel reactor, s
T
, temperature, K
TSI , total solids inventory, kg
u
, superficial velocity, m s-1
ua,s
, solids velocity in the annulus, m s-1
uc,s
, solids velocity in the core, m s-1
uAR
, fluidization velocity in the air reactor, m s-1
uFR
, fluidization velocity in the fuel reactor, m s-1
, gas velocity, m s-1
ug
ut
, terminal velocity, m s-1
umf
, terminal velocity, m s-1
uRIS , superficial velocity in the riser, m s-1
xco2,FR , molar fraction CO2 in the FR exit gas flow (dry basis)
X
, solid conversion
X o,AR , average solid oxidation conversion in the air reactor
X o,inAR , average solid oxidation conversion at the inlet of the air reactor
X o,inFR , average solid oxidation conversion at the inlet of the fuel reactor
X r,inFR , average solid reduction conversion at the inlet of the fuel reactor
Z
, expansion ratio
Greek letters

∆pFR
∆pRIS
∆pRIS*
∆pRIS*

, pressure drop of the fuel reactor, Pa
, pressure drop of the riser, Pa
, modified riser pressure drop (solids returen line to top), Pa
, riser pressure drop (20mm above gas distributor to top), Pa

∆H c0,f , standard heat of combustion of the gas fuel f, kJ mol-1

∆Hred, heat of reduction, J.mol-1
∆Hox, heat of oxidation, J.mol-1
∆Hc, heat of combustion, J.mol-1
∆X f , variation of the fuel conversion

∆X s

, variation of the solid conversion
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molar density of the reacting material, mol m-3
, time for complete solid conversion, s
, time for complete solid conversion under chemical reaction control, s
, time for complete solid conversion under diffusion control, s
,
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