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Abstract
Chemical-looping combustion (CLC) is a new fuel conversion technology with inherent CO2
capture. In this process, the fuel and the combustion air are never mixed and the oxygen is
transferred to the fuel via an oxygen carrier in the form of a metal oxide circulating between
two reactors, e.g. interconnected fluidized beds, called air and fuel reactors. The result is that
the CO2 produced is not diluted by the nitrogen in the air and can be recovered by condensing
and removing the water produced during the combustion. In this work, a 10 kWth chemicallooping combustor for solid fuels was designed, built and operated. Three fuels were tested: a
South African coal and two petroleum cokes from Mexico. The oxygen carrier was ilmenite,
an iron titanium oxide. Testing involved continuous fuel feed operation as well as
discontinuous feed in the form of batches. Influence of operational conditions was
investigated, including effects of oxygen carrier circulation between air and fuel reactors, fuel
feed rate, fuel reactor temperature, and fluidizing velocities in various sections of the reactor
system.
The aim was to find out if chemical-looping combustion with solid fuels was feasible and
to establish any potential show-stopper for the process. In particular, three key performance
criteria were in focus: i) the solid fuel conversion, ii) the actual carbon capture of the system,
here the proportion of gaseous carbon leaving the fuel reactor to total gaseous carbon leaving
the unit, and iii) the gas conversion, evaluated here by means of the oxygen demand, i.e. the
fraction of oxygen lacking to achieve full gas conversion.
The results gave proof of the concept. The CLC combustor was successfully operated with
continuous fuel feeding for nearly 90 h, but with a total of over 450 h with ilmenite at high
temperature - above 850°C - without any agglomeration. Ilmenite appeared to be a suitable
oxygen carrier for CLC with solid fuels. During testing, carbon capture efficiencies varied
between 70 and 96% depending on fuel and operation. The solid fuel conversion was low,
between 50 and 80%, due to low cyclone efficiency. The oxygen demand was typically in the
range 30-35% based on CO, CH4, H2S and H2. It was shown that most of the oxygen demand,
as much as 75-80%, was associated with the fuel volatiles which are not really in contact with
the oxygen carrier, due to the reactor configuration. However, results indicate that the oxygen
demand associated with char gasification products could be as low as 5% for the South
African coal, showing that reasonably high syngas conversion is possible.
Also, by complementing continuous testing with batch testing, it was possible to model the
system and derive a correlation between measured operational data and actual circulation
mass flow, as well as a model that describes the carbon capture efficiency as a function of the
residence time and the char reactivity. Moreover, the possibility to measure the circulation
mass flow was also used to estimate the limit for which the circulation mass flow is sufficient
to sustain the reactions in the fuel reactor.

Keywords: Chemical-Looping Combustion, Oxygen Carrier, Ilmenite, Carbon Dioxide
Capture, Solid Fuel Conversion, Gas Conversion, Oxygen Demand, Oxygen Transfer.
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Introduction

1.1 The Greenhouse Effect and CO2 Mitigation
The greenhouse effect, first discovered by the French mathematician and physicist Joseph
Fourier in 1824, is a natural phenomenon which results in the ability of the atmosphere of a
planet or moon to capture and recycle energy emitted by its surface [1]. On Earth, the
consequence is crucial since without the greenhouse effect, the average temperature on our
planet would be -18 °C, which is not compatible with life as we know it. Greenhouse gases
responsible for the greenhouse effect include in order of importance: water vapour, carbon
dioxide, methane, nitrous oxide, ozone and the CFCs (Chlorofluorocarbons). The Swedish
chemist Svante Arrhenius was first to suggest in 1896 that changes in the atmospheric
concentration of CO2 due to e.g. fossil fuel burning could lead to a change in the balance of
the greenhouse effect on Earth, leading to increase in the average surface temperature,
commonly referred to as global warming [2]. Another important consequence is that in a
warmer climate, the atmospheric water vapour concentration will be higher, and because
water vapour is itself a strong greenhouse gas, this will lead to an even higher temperature
increase. This is a positive climate feedback in the way that it amplifies the initial change [3].
Since the beginning of the industrial revolution in the 19th century, the CO2 concentration in
the atmosphere has been constantly increasing reaching about 385 ppm today. This is to be
compared with the pre-industrial value of approximately 280 ppm, as illustrated by Fig 1.

Fig. 1: The CO2 concentration in the atmosphere since year 1000 (in ppm) [4]
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In the meantime, the concentrations of other greenhouse gases such as methane have also
been increasing rapidly. The 30% augmentation in the CO2 atmospheric concentration is
mainly due to energy production using fossil fuels and is likely to be responsible for the
average increase in the global temperature observed during the past 160 years, see Fig. 2.

Fig. 2: Anomaly in the global temperature for the period 1850-2008 compared to 1961-1990
[5]
As a consequence of these human activities, irregularities in local climate patterns have been
observed during the past decades. Increased frequency of El Niño occurrences, multiplication
of powerful storms, ice melting of glaciers or the accelerating frequency of warm summers in
western and central Europe are some of the most visible ones [6-9]. They can be interpreted as
first warning signals making us understand that even more severe problems could arise in the
future. Additionally, Arctic summers could be ice-free by 2040, and sea levels could rise as
much as 60 cm by 2100 if current warming trends continue [10].
In other words, the anthropogenic greenhouse gas emissions have to be lowered. This could
be achieved in different ways. The first and most evident is to reduce the global energy
consumption. However, with most rich countries intending to preserve their comfortable
lifestyle and emerging countries such as China or India with a growing middle-class aspiring
to reach this level, this is unlikely to be a practical and long-term solution. The second direct
alternative would be to make the energy use and conversion more efficient, but again this is
unlikely to give sufficient reduction of emissions. Using more non-fossil fuel energy sources
like wind power, solar energy with photovoltaic panels or nuclear power seems to be more
promising. But since the fossil fuels have comparably lower costs, are relatively abundant and
the world consumption is significant, it seems unlikely that the dependence upon them can be
reduced rapidly enough. Capture and storage of the CO2 produced in the combustion process
appear to be an auspicious option to reduce its release to the atmosphere; an option that has
the potential to speed up the reduction of CO2 emissions and reduce mitigation costs.
2

1.2 Carbon Dioxide Capture and Storage (CCS)
Carbon dioxide capture and storage is usually referred to as CCS. The capture of CO2 from
combustion of fossil fuels during power production is a way to prevent it from being vented
into the atmosphere. The capture can also be applied to other large emitting industries such as
cement plants. If transported and stored appropriately the CO2 will not further contribute to
the greenhouse effect. This storage is called carbon sequestration and has been in focus the
past decade. Detailed literature has recently been produced on this matter as it is regarded as a
promising way to substantially reduce the global emissions of CO2 to the atmosphere [11, 12].
After capture, the CO2 can be transported by means of pipelines to different storage locations.
Only in the US, about 5800 km of CO2 pipelines are in use today. Alternatives to pipeline
transportation such as shipping can also be considered.
It is generally agreed that the main cost in CCS is associated with the capture step,
representing about 75-80% of the total cost of CCS while the transport and storage steps are
expected to be less expensive. Implementing CCS will of course have an impact on the cost
for the electricity production. In the 2005 IPPC report, estimations on using commercially
available technologies indicate an increase in the cost of produced electricity by 37-85% in
natural gas combined cycle power plants and 43-91% in pulverized coal power plants [11]. In
the meantime, the mitigation cost i.e. the cost to avoid one tonne of CO2 emission to the
atmosphere is anticipated to be in the range 38-91$ for a gas fired plant and 30-71$ for a coal
fired plant. Thus, there is a need to develop low-cost capture technologies.
The CO2 storage can be achieved in several ways:
The most common is the geological storage where CO2 is injected into geological formations,
usually in supercritical form. This process has already been in use for years. For instance, CO2
can be injected in depleted oil fields to improve the oil extraction efficiency. This is called
Enhanced Oil Recovery or EOR. A similar technology can be used to extract gas from
depleted natural gas fields. CO2 can also be stored in deep coal beds or saline aquifers. The
different types of geological storage are illustrated in Fig. 3.
The first application of geological storage started in 1996 within the Sleipner CO2 storage
project from the former Norwegian company Statoil, now StatoilHydro. The CO2 contained in
the natural gas from the Sleipner gas field is separated and injected into a deep saline aquifer
called the Utsira formation located in the North Sea between Norway and Scotland, at a depth
of around 1000 meters. Approximately 1 million tonnes CO2 has been annually injected in the
sand stone formation since the project start [11]. More recently, within the Snøhvit project
which started in 2008, about 700 000 tonnes CO2/year at full capacity will be separated from
the well stream of natural gas and piped back to the Snøhvit gas field for injection in a
sandstone formation [13].

3

Fig. 3: Different possibilities of geological storage of CO2 [11]

Starting in 2004, the In Salah gas project in South Algeria is another illustration of geological
storage. In the Krechba gas field, the extracted natural gas has a high content of CO2. This
CO2 is separated from the natural gas stream using activated methyldiethanolamine (MDEA)
and subsequently re-injected into a large underground aquifer for storage. About 1 to 1.2
million tonnes of CO2 per year is stored in the parts of the field that are filled with water,
which in return enhances the gas extraction while capturing the carbon dioxide [12]. By the
end of the project, the total emissions of CO2 associated with the gas extraction will have been
reduced by 60%.
Also investigated is the oceanic storage, as shown in Fig. 4. The produced CO2 is either
injected at the sea floor at depth of more than 3000 meters where it forms lakes of liquid CO2,
or dissolved in ocean water, the same way as is naturally done in the carbon cycle. Although
this solution offers a considerable storage potential, other issues such as impact on the marine
life and environment at the ocean floor require further investigation. Moreover, there is
uncertainty on whether the residence time of CO2 will be sufficient.
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Fig. 4: Oceanic storage of CO2 [11]

CO2 capture can be achieved using different technologies which are divided into three
categories:
•

The post-combustion treatment: it consists in separating the CO2 from the flue gas
after the combustion step. Amine absorption/desorption is often used for this purpose.
With this method, the flue gas is led to a scrubber where the liquid solvent, the amine,
absorbs the CO2 and the rest of the flue gas is released to the atmosphere. Absorber
regeneration is obtained by pressure or temperature changes which release high purity
CO2. The separation is not inherent to the combustion step and since this method
requires extra energy consumption, the process efficiency is affected. The postcombustion principle is shown in Fig. 5 below.

Fig. 5: The post-combustion treatment
•

The pre-combustion CO2-capture: in a first step, the fuel is converted to a mixture of
CO, CO2, H2 and H2O using O2 and/or H2O. The next step is to shift CO and H2O
producing CO2 and H2. Removing CO2 from the mixture, using e.g. amine absorption,
5

yields almost pure H2 which can be used as a carbon-free fuel in a combined gas and
steam turbine cycle, see Fig. 6. As a result, no carbon containing gases are released.
However, as for the post-combustion technology, this method is energy consuming.

Fig. 6: The pre-combustion treatment
•

The oxy-fuel or O2/CO2 combustion: in this method, the combustion step is achieved
using a mixture of oxygen and recirculated flue gases, i.e. carbon dioxide, instead of
air. In the flue gases, almost only CO2 and H2O are present. By condensing the steam,
almost pure CO2 is obtained. The carbon capture efficiency, nearly 100%, is thus
considerably higher than the efficiency obtained with post-combustion treatment.
However, an Air Separation Unit (ASU) is required for the oxygen production and this
induces both extra cost and energy penalties. The oxy-fuel principle is summarized in
Fig. 7 below:

Fig. 7: The oxy-fuel principle

These three technologies involve expensive and energy demanding gas separation processes.
To address this issue, an alternative is to use a process where the combustion air and the fuel
are never mixed, so that no nitrogen is present in the combustion exhaust gases. The CO2
separation is then inherent to the combustion step. This principle could be called unmixed
combustion and requires a way to transfer oxygen from air to fuel. Fuel cells are an example.
The process detailed below and on which this thesis is based, Chemical-Looping Combustion
(CLC), also belongs to this category, although it is sometimes referred to as an oxy-fuel
technology.

6

1.3 Chemical-Looping Combustion (CLC)
Chemical-Looping Combustion is a technology that prevents the CO2 produced by fuel
combustion from being mixed with the other gases in the exhaust. This is done by preventing
the presence of air-N2 in the part of the reactor system where the fuel oxidation occurs. The
principle is based on an oxygen carrier which circulates between two interconnected fluidized
beds and is submitted to numerous cycles: it is alternatively oxidized in an air reactor and
reduced in a fuel reactor, meanwhile providing the oxygen required for the combustion, see
Fig. 8.

Fig. 8: Schematic picture of the CLC process. Two interconnected fluidized bed reactors, an
air and a fuel reactor, with circulating oxygen carrier particles
The oxygen carrier is in the form of a metal oxide, and could be a natural ore or an industrial
by-product, as well as synthetically manufactured particles. Further detail is given on the
oxygen carriers in section 1.3.1.
The reaction between the fuel and the metal oxide reads:

(2n + m ) MexOy + Cn H 2 m → (2n + m ) MexOy −1 + m H 2O + nCO2

(1)

where MexOy represents the oxygen carrier in the oxidized form and MexOy-1 is the reduced
form. In the fuel reactor, CO2 and H2O are produced, and no air-N2 is present in the exiting
gas stream, which means that by condensing H2O, it is possible to obtain almost pure CO2. In
the meantime, the gas stream leaving the air reactor is depleted in oxygen, as the reduced
oxygen carrier is returned to the air reactor and regenerated:

MexOy −1 +

1
O2 → MexOy
2
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(2)

For the fuels and metal oxides used in CLC, reaction (1) is often endothermic and reaction (2)
is exothermic. Combining equations (1) and (2) with appropriate stoichiometry coefficients
yields equation (3), which corresponds to normal combustion in air:

Cn H 2 m + (n + m / 2 ) O2 → m H 2O + nCO2

(3)

The total amount of heat resulting from reactions (1) and (2) is the same as for a normal
combustion where the fuel is in direct contact with the air oxygen. Avoiding the mixing of N2
from the combustion air with CO2 means that cost and energy penalties in any later gas
separation process can be avoided.
Good contact between the oxygen carrier and the surrounding gas is crucial for the fuel
conversion, the redox reactions with the oxygen carrier and thus for the overall process
efficiency. This is generally achieved in fluidized beds. With this in mind, Lyngfelt et al.
proposed the reactor system shown in Fig. 9 for a CLC gas-fired combustor [14].
In Fig. 9, the reactor system consists of an air reactor (1) fluidized with air and where the
oxygen carrier oxidation takes place, and a fuel reactor where the fuel is converted (3). The
air reactor is a high velocity fluidized bed and the upper part of the air reactor operates as a
riser where the oxidized particles are entrained. The oxygen carrier is subsequently separated
from the carrying flue gas in a cyclone (2), the remaining gas leaving the cyclone as oxygendepleted air. The particles then fall into the fuel reactor (3) fluidized with e.g. natural gas and
react with the fuel. The fuel reactor is here a bubbling fluidized bed, although a circulating
fluidized reactor would be a more likely alternative for larger units. Afterwards, the oxygen
carrier is recirculated to the air reactor for regeneration. The particle circulation between the
reactors fills two roles:
• it provides the required amount of oxygen for the reactions in the fuel reactor
• it transfers the required heat to warm up the fuel, to heat the fluidizing gas and the heat
for the endothermic reactions in the fuel reactor by means of the warm particles flow.
Particle loop-seals located between the air and fuel reactors are used to accommodate pressure
differences between the reactors, and avoid mixing of the flue gases in their respective
exhausts. In such a design, the combustion gases CO2 and H2O leaving the fuel reactor are
separated in a condenser placed downstream and pure CO2 can be obtained. After
compression it is ready for transport and storage.
Chemical-looping combustion was first proposed in 1954 as a way to produce pure CO2 from
fossil fuels [15]. In 1983, CLC was presented as a way of increasing the thermal efficiency of
a power plant [16]. With growing interest towards environmental issues and impact of
greenhouse gases emissions on climate change in the 1990´s, the inherent CO2 separation that
CLC offers became the important focus and research has been continuing since then [17]. In
2003, a 10 kWth chemical-looping combustor was designed and built at Chalmers University
of Technology, demonstrating this new technology in over 100 h of successful operation
using natural gas as the fuel [18-19]. More recently, Linderholm et al. successfully operated
the same unit for more than 1000 h using a nickel oxide based oxygen carrier [20]. At present,
8

the CLC process has been demonstrated in gas-fired pilots ranging from 300 W to 120 kW
[21-29].
Flue gas

2

1
3
H2O

CO2
Fuel

Air

Fig. 9: Design of a chemical-looping combustor for gaseous fuels. Air reactor and riser (1),
cyclone (2), and fuel reactor (3)

The CLC technology has also been investigated for the production of hydrogen with CO2
capture in a process here called Chemical-Looping autothermal Reforming (CLR-a),
involving the partial oxidation of hydrocarbon fuels and a solid oxygen carrier as the oxygen
source. The idea was first proposed in a patent by Arnold Conrad of the Standard Oil
Development Company and dating back to the early 1950s [30]. It was proposed again by
Mattisson et al. in 2001 [31]. Preliminary work has focused on finding or developing suitable
oxygen carriers for CLR application. In particular, Zafar et al. compared the reactivity of
different oxygen carriers for the production of H2 and heat using CLR [32]. More recently, an
additional process, here called Chemical-Looping steam Reforming (CLR-s), was presented
by Rydén et al. [33]. CLR-s means that CLC is used for CO2 capture and as heat source for
generation of H2 via the endothermic steam reforming reaction. Rydén et al. have investigated
and compared the two processes of CLR-a and CLR-s [33-37].
9

Moreover, Gupta et al. have developed a one-step CLR process to produce H2, CO or a
mixture thereof (syngas) directly from solid fuels like coal and biomass [38-40]. In particular,
this process relaxes the need for a gasifier and an ASU and presents the advantage of an
inherent CO2 capture.
Comprehensive overviews of the present state of evolution for the CLC technology were
presented by Lyngfelt et al., Hossain et al. and Feng et al. [41-43]. In particular, they provide
useful reference lists and summaries on the progress reached within the field of CLC.

1.3.1

Oxygen Carriers

The metal oxide is a cornerstone in the CLC process and must fulfil several criteria. Indeed,
the oxygen carrier must show a good enough reactivity towards fuel and oxygen and be able
to convert the fuel to CO2 and H2O to the highest possible degree. A good oxygen transfer
capacity means that a large particle circulation can be avoided while high rates of
oxidation/reduction reduce the need of having large solids inventories in the system. Since a
porous structure is synonym with a large surface area, facilitating the penetration and contact
of the gases within the oxygen carrier, porosity is an important parameter in the choice of
oxygen carrier. Also, as the particles are fluidized and need to withstand a large number of
cycles, they must be resistant to attrition and fragmentation. Because operation is performed
at high temperatures, the tendency for agglomeration must also be low while the melting point
must be high. The choice of the oxygen carrier could be influenced by environmental and
health aspects as well. Finally, to make the process interesting for industrial application at
large scale, the oxygen carrier needs to have a reasonable cost.
Previous investigations on oxygen carrier development have generally been focusing on
gaseous fuels: natural gas or syngas, see e.g. [44-74]. Little work has been made using ores,
although some studies have been made on iron ore [49, 50], manganese ore [50] and an iron
titanium oxide called ilmenite [50, 51]. On the other hand, in order to increase the reactivity
and durability of the oxygen carriers, pure metal oxides are often combined with different
inert support materials such as MgZrO2, Al2O3, TiO2, MgO or MgAl2O4, or, see e.g. [37, 4547, 70]. In particular, oxides of the following metals have been tested: Fe, Ni, Co, Cu, and
Mn, with the most interesting oxidized and reduced forms being Fe2O3/Fe3O4, NiO/Ni,
CoO/Co, Cu2O/Cu or CuO/Cu and Mn3O4/MnO [44-74]. In a study by Jerndal et al. using
thermodynamic analysis, it was shown that the redox couples Fe2O3/Fe3O4, Cu2O/Cu,
Mn3O4/MnO and NiO/Ni are the most suitable for CLC application with natural gas [71].
Other oxygen carriers, e.g. CoO/Co, show too low conversion to CO2 + H2O.
Studies using calcium sulphate CaSO4 as an oxygen carrier for chemical-looping combustion
of methane or simulated coal gas have also been performed, showing promising results [72,
73].
Different investigations have even been made on the synergetic effect for the fuel conversion
of the addition of a small amount of metal oxide in a bed of another metal oxide. For instance,
Johansson et al. studied the combustion of methane in a bed of iron oxide with/without the
10

addition of nickel oxide, and showed that the CO2 production per time unit was doubled with
a small amount of nickel particles present in the bed, proving the synergy for this combination
of particles [74].
Moreover, the reactivities of the metal oxide towards gaseous fuels can vary widely with the
type of oxygen carrier used, and has been shown to be highly dependent on the actual
combination of active metal oxide and support material. Operating temperatures and pressure
conditions also influence the conversion rates. NiO is generally the most reactive towards
methane while Fe2O3 is the least reactive. However, while Fe, Cu and Mn have the ability to
fully convert methane and syngas to CO2 and H2O, for NiO, the conversion of methane to
CO2 is thermodynamically limited and can only reach a maximum of typically 99.5%; the
conversion being temperature dependent. Health aspects also need to be kept in mind when
using nickel. On the other hand, iron oxides are regarded as the least harmful on a toxicity
scale.
Finally, as previously pointed out, some oxygen carriers need to be manufactured. This can
involve techniques such as freeze-granulation, spray-drying, impregnation or co-precipitation.
However, since these processes require an additional cost, oxygen carriers in the form of ores
or industrial waste materials will be preferred, if possible.

1.3.2

CLC with Solid Fuels

Most of the research on chemical-looping combustion has been achieved on gaseous fuels
[18-74]. However, because of the low costs and abundance of solid fossil fuels in the world, it
appears as a natural bridging step to investigate the process feasibility with solid fuels. Less
has been published on this subject. Work related to CLC with solid fuels includes e.g. [75-90].
Still, the interest is growing and the large majority of the work has been performed after 2004.
Investigation in laboratory reactors indicates that the use of solid fuels should be feasible, e.g.
Leion et al. [84-89]. Particularly interesting are the experiments using ilmenite, oxide scales
and unprocessed iron as oxygen carriers with a range of solid fuels [85, 88], indicating that
relatively cheap materials can successfully be used for CLC with solid fuels. Most of these
studies have been done in small laboratory batch reactors, and there is a need for the
technology to be demonstrated in continuous operation CLC reactor systems. The first
Chemical-Looping combustor for solid fuels successfully operated continuously is the 10
kWth unit built at Chalmers University of Technology and presented in this work. More
recently, another unit was built and operated in China by Shen et al. [90].
For solid fuels, the volatiles released react according to reaction (1). However, the remaining
char fraction needs to be gasified since the solid-solid reaction between the fuel and oxygen
carrier cannot occur at any significant rate [84].
Reactions (4) represent the gasification of char with H2O or CO2, producing mainly the
syngases CO and H2 which can subsequently react with the oxygen carrier in reaction (5):
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C + H 2O / CO2 → CO + H 2 / CO
CO / H 2 + MexOy → CO2 / H 2O + MexOy −1

(4)
(5)

Compared to the gas-fired CLC combustor in Fig. 9, modifications are needed to adapt the
design to a solid fuel combustor. The residence time of the fuel particles in the fuel reactor
can be insufficient if the char particles are elutriated with the gas and leave the system before
they are fully gasified. Thus, capture and recycling of elutriated char particles, e.g. by an
efficient cyclone, is needed. Moreover, two different types of particles are present in the fuel
reactor: oxygen carrier and fuel. There is a risk that char follows the particle flow and
proceeds to the air reactor where it would burn and produce CO2. Thus, char should be
separated before entering the air reactor. For this purpose, a solution is the addition of a
carbon stripper between the fuel and the air reactors. Provided that the char particles entering
the carbon stripper have a smaller size and a lower density than the metal oxide particles and
by operating at appropriate fluidizing velocity, they can be elutriated and recirculated, while
the oxygen carrier proceeds to the air reactor. This separation is based on the difference
between the terminal velocities of the char and the oxygen carrier particles. A part of the
oxygen carrier particles can be gradually deactivated due to ash contamination. A certain
amount will also inevitably be lost from the system as a result of attrition/fragmentation
processes. These particles will be elutriated and eventually lost from the system. Thus, the
oxygen carrier particles will have a limited life span.
Chemical-looping combustion with solid fuels involves difficulties that are inherent to the
nature of the fuel itself and the fact that both fuel and oxygen carrier particles are present in
the reactor system. In order to evaluate the performance when operating a solid fuel CLC
combustor of interconnected fluidized beds, several important aspects have to be verified or
validated. Those can be summarized by three key process performance criteria and two
important criteria for the oxygen carrier behaviour. The key process performance criteria are:
•

The Solid Fuel Conversion

The solid fuel conversion is the conversion of the fresh fuel entering the fuel reactor into
gaseous products, i.e. volatiles and syngas from the char gasification. It is strongly dependent
on the separation efficiency of the cyclone after the fuel reactor. Since char gasification is the
time limiting step, the char particles need a rather long residence time in the fuel reactor to
reach a high degree of conversion. However, an advantage of CLC compared to normal
gasification is the less reducing conditions in the fuel reactor, which means that the products
of gasification H2 and CO, known to inhibit the gasification reaction, are more or less
immediately oxidized in contact with oxygen carrier particles. This in turn allows keeping the
gasification reactants H2O, CO2 and SO2, at high levels. Note that the fuel conversions
presented in this work are obtained in the 10 kWth unit and are principally a measure of the
particle separation in a very small cyclone with a design which is not optimal. Thus, values
for the solid fuel conversion obtained in this unit cannot really be used to assess the feasibility
of large-scale CLC process with solid fuel.
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•

The Gas Conversion in the Fuel Reactor

The degree of gas conversion of the flue gas leaving the fuel reactor is an indicator of whether
the overall circulation of oxygen carrier is sufficient to provide enough oxygen to the fuel and
maintain the reactions in the fuel reactor. It also clearly indicates if good contact between the
gases released from the converting fuel particles and the oxygen carrier is achieved. The
degree of mixing is mainly a consequence of the reactor design, which also determines the
residence time of the fuel particles in the bed. Incomplete gas conversion indicates that
downstream measures to fully convert the gases could be necessary. Several possibilities are
available. For instance, an “oxygen-polishing” step - i.e. the addition of pure oxygen at the
fuel reactor outlet - could be an option for reaching full conversion of the gases to CO2, H2O
and SO2. Since the production of this oxygen requires an air separation unit (ASU), this
represents an energy penalty and an extra cost for the process and thus a high gas conversion
in the fuel reactor is targeted. Other options include the use of additional fluidized bed
reactors in series, or the separation of combustible gases like CO, H2 and CH4 from the
compressed liquid CO2 by e.g. distillation for reintroduction in the fuel reactor. An additional
option would be to use oxygen carriers with CLOU properties, see section 1.4 below.
•

The Carbon Capture

What is meant by carbon capture in this work is the amount of gaseous carbon leaving the fuel
reactor over the total amount of gaseous carbon leaving the system, i.e. from the air and fuel
reactors. The actual carbon capture can be expected to be incomplete due to a loss of
unconverted char particles to the air reactor. This loss of char to the air reactor will be
determined by the efficiency of the separation in any appropriate device located between the
fuel and air reactors, but also by the residence time in the fuel reactor in combination with the
fuel reactivity and the fuel reactor design itself. High circulation can lead to insufficient
residence time of the fuel in the fuel reactor, and hence a larger solids inventory may be
needed. Thus, the design of the fuel reactor involves a trade-off between residence time and
cost, since increased solids inventory is associated with extra costs. In conclusion, the key
parameters determining the carbon capture are an efficient char separation and a residence
time in the fuel reactor which is sufficient in relation to the rate of the char conversion.
The two other important parameters related to the oxygen carrier properties are:
•

The Particle Integrity and The Process Cost of Oxygen Carrier

During operation, as is the case in all fluidized beds, the particles may be reduced in size due
to fragmentation/attrition and be effectively lost for the process. Their reactivity can also be
affected, either due to some ageing process, or due to detrimental effects of contaminants such
as fuel ash components. A fraction can also be lost in the large ash flow that is associated with
most normal solid fuels, and will be continually discharged from such a system. These aspects
determine the life span of the oxygen carrier. Since refill of bed material has a cost, depending
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on the price of the metal oxide, life span is an important parameter. In other words, a key
issue is to seek particles of moderate cost and to verify their integrity.
•

The Risk of Agglomeration

Agglomeration of particles in fluidized beds is a potential risk for difficulties in operation and
in worst case for process failure. Generally, it can be expected that agglomerations could
more easily appear in a small scale system with low velocities, compared to a large-scale
system where gas velocities could be more than an order of magnitude larger.
Absence of agglomerations for operation in the small system investigated in this work is then
clearly indicative that the oxygen-carrier particles could be suitable for the process.

1.4 The CLOU Process
More recently, Chemical-Looping with Oxygen Uncoupling (CLOU) has been suggested as a
novel method to burn solid fuels in gas-phase oxygen [89, 91-94]. In this process, the oxygen
carrier directly releases its oxygen in the form of O2 in the fuel reactor which can
subsequently react with the char and/or the unconverted gasification products or volatiles.
Another advantage with the gaseous release of oxygen is that gas conversion can to some
extent continue further downstream of the fuel reactor bed since contact between gases and
oxygen carried is no longer needed. Moreover, the solid-gas reaction between char and
gaseous oxygen is very fast and avoids the time consuming char gasification step of reaction
(4). This could mean a significant decrease of the solids inventory in the fuel reactor. For
instance, experiments using copper based particles on ZrO2 with petroleum coke indicate that
the rate of char conversion is around 4 %/seconds at 970°C, meaning that full conversion is
expected to be reached in less than one minute [92]. This relaxes the need for a long residence
time in the fuel reactor and thus the need for higher solids inventory.

1.5 Objective
The object of this work was to study whether the process of chemical-looping combustion
could be adapted to solid fuels and to reveal any potential show-stopper that could prevent the
technology from being technically/economically feasible. These aspects were investigated by
performing tests in a 10 kWth CLC unit for solid fuels built at Chalmers. Focus was made on
assessing the operation performance using different solid fuels and evaluating the effect of
operational parameters such as temperature, fuel load or fluidizing flows in the system.
This thesis is based on six papers. Paper I presents the results from operation with a
bituminous coal in the 10 kWth unit and includes a discussion on agglomeration/defluidization
issues. Papers II and III treat results obtained with the same oxygen carrier as in Paper I but
with another type of fuel, a petroleum coke. Here, the effect of changes in operational
parameters and in particular a higher temperature in the fuel reactor was investigated. Paper
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IV provides additional data on the influence of high temperature operation on the performance
and a discussion on the role and importance of the fuel volatiles in the total amount of
unconverted gases leaving the fuel reactor. In Paper V, results from testing using batches of
fuel in the 10 kWth unit at different fuel reactor temperatures and particle circulations are
presented. Finally, Paper VI focused on modelling the fuel reactor in order to obtain the
particle residence time as well as deriving correlations for the carbon capture as a function of
the particle circulation. Paper VI also includes limit criteria of the oxygen transfer for the
oxygen carrier in relationship with the particle circulation flow between the reactors.
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2

Experimental

2.1 Pilot
The experimental work has been conducted in a 10 kWth pilot designed and built at Chalmers.
The design chosen is similar to the existing gas powered 10 kWth constructed and operated at
Chalmers [18-20]. However, in order to address the new challenges the use of a solid fuel
involved, important modifications to the fuel reactor chamber and the inclusion of an
additional solids recirculation loop were made, as suggested in 1.3.2. Fig. 10 below shows
the reactor system with the externals, i.e. the parts of the system that are necessary for the
pilot function but independent from the process itself. Schematic views of the reactor system
with dimensions are provided at the end of this thesis in the appendix together with pictures of
the reactor system and the whole pilot.
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Fig. 10: The 10 kWth CLC Pilot: reactor system and externals
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As shown in Fig. 10, the reactor system consists of an air reactor (a) where the oxygen carrier
is oxidized, a riser (b) leading to a cyclone (c) where elutriated particles are separated from
the exhaust gas stream, and a fuel reactor (d) which is divided into three chambers.
The three fuel reactor sections are illustrated in Fig. 11 and consist of:
• a chamber fluidized with steam at rather low-velocity, typically around 15-20 cm/s,
where the char is gasified and the intermediate syngas reduce the oxygen carrier. This
chamber is referred to as low-velocity part or simply LOVEL. The LOVEL part is
located on the right hand side of the fuel reactor in Figs. 10-11.
• a carbon stripper, referred to as CS, which separates remaining char particles leaving
LOVEL from the oxygen carrier. Char is elutriated in the minor loop and collected by
the smaller cyclone also called fuel reactor cyclone, as illustrated in Fig. 10. The
oxygen carrier proceeds to the air reactor via a particle loop-seal called lower loopseal or LOPL where it is regenerated. The particle loop-seal separating the bigger
cyclone leg from the fuel reactor is called higher particle loop-seal or simply HIPL.
• a chamber which could be fluidized independently, e.g. at higher velocities and called
high velocity part or HIVEL. Thus, the HIVEL section provides the opportunity to
increase the elutriation of the oxygen carrier into the riser, i.e. to increase the flow in
the internal loop. However, this option was not really used. This section is located
immediately below the riser outlet of the fuel reactor, see Figs. 10 and 11.

Fig. 11: Fuel reactor: the different chambers, view from above and side view; arrows indicate
the directions of the particle flows
In Fig. 11, the side view is a front view and the HIVEL part is located behind the CS, which is
the section located on the left hand side of the fuel reactor.
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The loop-seals separating the air and fuel reactors accommodate for the pressure differences
between the reactors. They also prevent any gas mixing between the reactors. A third particle
loop-seal, called “fuel reactor particle loop-seal” or FRPL, is located in the internal loop,
between the leg of the fuel reactor cyclone and the freeboard above the low velocity part.
In the fuel reactor, the gasifying/fluidizing gas in LOVEL is steam. Bottled nitrogen is used
for the fluidization of the CS and HIVEL. The loop-seals are also fluidized with bottled
nitrogen although steam could be another possibility. This alternative was tested by
Linderholm in the Chalmers 10 kWth gas fired CLC combustor [27]. Fluidizing the CS and
HIVEL with steam would certainly also be beneficial for the char conversion, but this option
was not used in the present investigation, see 2.5.1.
The gases leaving the air and fuel reactors from the cyclone outlets are led into two chimneys.
Gas sampling for analysis is performed on both. The sampling ports are located on the downcoming parts where gases have had time enough to cool down, see Fig. 10.
The air reactor chimney transports oxygen depleted air containing some ashes and elutriated
oxygen carrier particles to a filter system composed of two textile filter bags. During a test,
only one of the filters is used but it is possible to switch to the other filter if needed. Both
filters are placed in hermetically sealed boxes. The fuel reactor chimney was dimensioned to
avoid water condensation in its primary vertical section and insulation was coated around the
pipe. Further downwards, the pipe leads to a so-called water seal. Steam condensation occurs
throughout the downcoming part of the chimney, see Fig. 10. The water level of this seal is
adjustable to control pressure difference between the reactors. Due to its relative small size,
the system is not self-supporting in energy and external heating is necessary for the heat
balance in the fuel reactor. For this reason, the reactor system is enclosed in an oven,
consisting of two parts standing on rails to facilitate access and opening/closing. Even if both
air and fuel reactors are inside the oven during operation, only the section surrounding the
fuel reactor is heated up, while the air reactor is surrounded by insulation.
On top of the oven, the fuel feeder is placed on a platform and fuel particles are led to the fuel
reactor within a vertical fuel chute. If needed, it is possible to introduce oxygen carrier
material in the fuel reactor via an opening above the fuel feed chute or in the fuel reactor
loop-seal via an opening on the fuel reactor chimney. The air fluidizing the air reactor is
heated up by means of an air pre-heater. A cooling-jacket surrounds the air reactor and air can
be added if cooling would be needed as a result of the exothermic oxidation. Finally, the
reactor system is hanging on a scaffold to allow vertical expansion at higher temperatures.
In fluidized beds, monitoring of pressure drops at different locations in the beds gives
important information about the fluidizing conditions and the amount of particle material in
each reactor section. In this unit, 40 pressure transducers are installed. Three thermocouples
allow temperature measurement: one in the air reactor, one in the bed of the fuel reactor and
one higher up in the bigger cyclone. From the air and fuel reactors, three gas concentrations
are measured: CO, CO2, and O2 with the addition of CH4 for the fuel reactor. In publications
II-VI, gas chromatography (GC) enabled H2 measurements from the fuel reactor. For
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publications III, IV, V and VI, moreover, SO2 was measured at the outlet of the fuel reactor
thanks to a new gas analyzer.
Finally, the fluidizing gas flows in the system are controlled and monitored by mass flow
controllers connected to the three loop-seals, CS, LOVEL, HIVEL, the air reactor, and any air
flow through the cooling-jacket. The steam flow to LOVEL is delivered by a precision steam
generator. In addition, a so-called sweep gas, that is a constant flow of 20 Ln/min nitrogen, is
introduced at the top of the fuel chute to prevent steam from reaching the top of the chute or
the fuel bin and condensing.
Table 1 below indicates the ranges for the fluidizing gas flows used during operation as well
as the corresponding velocities:

Gas flow (Ln/min)
Velocity (cm/s)

LOVEL
10-38
5-20

CS
4-9
19-40

HIVEL
2-5
11-28

HIPL
4
10

LOPL
4
10

FRPL
1.5-2
14-19

Sweep gas
20
17

Table 1: Gas flows fluidizing the different fuel reactor sections and the loop-seals as well as
corresponding gas velocities. LOVEL: low velocity section, CS: carbon stripper, HIVEL: high
velocity section, HIPL/LOPL/FRPL: high/low/fuel reactor loop-seals
The amount of oxygen carrier material in the reactor system varied between different tests.
Generally, around 11-15 kg was used but as much as 17-18 kg was used in some cases.
Typical repartition is around 5 kg in the LOVEL part of the fuel reactor and 3-6 kg in the air
reactor. The oven temperature was typically set to 950°C but testing was performed at 1000°C
in the fuel reactor and up to 1030°C during batch operation (Papers V and VI). On the other
hand, the air reactor temperature was reached thanks to the air pre-heater, which was set to a
control temperature of 1000-1050°C. However, the actual temperature in the air reactor never
exceeded 950°C during stable operation.
The fuel feed varied from a corresponding thermal power of 3.3 to 10 kWth depending on the
fuel used and the test performed.

2.2 Construction Material
The reactor was constructed with a stainless steel called 253 MA having a density of 7800
kg/m3 and an optimal operational range of temperature between 850 and 1100°C. It contains
11%wt Ni and 21%wt Cr and the thermal expansion associated with a temperature increase
from 30 to 1000°C corresponds to a 1.95% material elongation. Thus, for the approximately 2
meters high 10 kW, the elongation will be around 4 cm. Note that 253 MA can be used at
temperatures up to 1150°C.
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2.3 Oxygen Carrier
The oxygen carrier used in this work is an iron titanium oxide called ilmenite, which is
extracted from a natural ore containing 40%wt ilmenite, 37%wt plagioclase, 8.6%wt
orthopyroxene, 6.5%wt klinopyroxene, 4.2%wt biotite and some minor other phases. It is
provided by the Norwegian company Titania A/S and received in its reduced form FeTiO3.
The iron/titanium molar ratio in this material is close to 1:1. Ilmenite is a commonly occurring
mineral and is produced in large quantities worldwide with an estimated 4.8 million tons year
2006. Its average price is 60-120 €/ton which makes it a relatively cheap material. For
comparison, nickel oxide is at least a hundred times more expensive. Ilmenite is mined
principally in Australia, South Africa, Canada (Québec), China and Norway while the biggest
consumers are located in Europe and North America. The melting point of ilmenite is at 1640
K. The material used in the experiment has a pureness of 94.3% and a bulk density measured
to 2100 kg/m3 for the fresh ilmenite. However, studies indicate that the density of ilmenite
decreases when the particles are subject to a CLC environment. The same particles have been
used in laboratory experiment by Leion et al. [50-51]. The oxygen-transfer capacity or
fraction of available oxygen in the oxygen carrier is calculated as:

R0 =

m0,ox − m0.red
m0,ox

(6)

where m0,ox is the mass of the oxygen carrier in its most oxidized state and m0,red is the mass
in the most reduced state. For ilmenite, the oxidation and reduction takes place between the
most reduced form ilmenite FeTiO3 and the most oxidized form Fe2TiO5+TiO2 and the
corresponding R0 is 5.01%, see [51]. Further information on the activation of ilmenite is
available in [95]. Recently, studies have revealed that during this process ilmenite is subject to
structural and chemical changes from the initial state i.e. fresh particles [96]. Indeed, an outershell enriched in hematite Fe2O3 is susceptible to be formed on the particles surface. This is
associated with changes in overall thermodynamic properties for the ilmenite since the
relative importance of magnetite Fe3O4 oxidation to hematite in the air reactor could be
higher. In particular, this reaction has a lower oxygen-transfer capacity R0=3.34%.
Oxygen carrier particles introduced into the reactor system were composed mainly of particles
between 90 and 250 μm in diameter. The particle size distribution (PSD) is shown in Table 2
below:
Diameter Ø (μm)
% (wt)
Ø>250
7.41
180<Ø<250
44.97
125<Ø180
38.10
90<Ø<125
8.73
90<Ø
0.79
Table 2: Particle size distribution of the ilmenite (μm)
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2.4 Fuels
In this work, three solid fuels were investigated: one bituminous coal from the Republic of
South Africa (RSA), and two petroleum cokes from Mexico with a slightly different
composition. The fuel analyses, for fuels as received, are shown in Table 3 below:
Fuel
C %wt
H %wt
N %wt
S %wt
O %wt
Volatiles %wt
Ash %wt
Lower heating value (MJ/kg)
Emissions (ton CO2/MWhth)

RSA Coal
62.5
3.5
1.4
0.7
7.7
21.6
15.9
23.9
0.345

Pet coke I
81.32
2.87
0.88
6.02
0.45
10
0.46
31.75
0.338

Pet coke II
84.93
3.41
1.66
6.59
0.49
9.91
1.83
32.96
0.340

Table 3: Analysis of the solid fuels
During continuous operation, the fuel feed was set to 500 g/h during operation with the RSA
coal. This corresponds to a thermal power of 3.3 kW. The feeds for the petroleum cokes were
varied between 677 and 1130 g/h which corresponded to power ranging from 6 kW to 10 kW,
depending on which fuel was used. Note the significantly higher sulphur content and much
lower ash content of the petroleum cokes compared to the bituminous coals. Pet coke I was
used in Paper II while pet coke II was used in Paper III and in the batch studies detailed in
Papers V and VI.

2.5 Data Evaluation
The purpose with the data evaluation is to evaluate the operation performance in particular
with respect to the key performance criteria mentioned in section 1.3.2. These are derived
from measurements of gas concentrations, temperatures and fluidizing flows in the system
during the course of the experiments.
Online gas analysis allows measurement of the oxygen, carbon dioxide and carbon monoxide
concentrations from both reactors after condensation of water. From the fuel reactor, the
methane and sulphur dioxide concentrations are also measured and the hydrogen
concentration was measured with a gas chromatograph. From the fuel composition and the
total concentration of carbon containing gases at the outlet of the fuel reactor, the total
concentration of the sulphur containing gases, (SO2) plus (H2S), is calculated, assuming that
the S/C ratio is the same in the fresh fuel as in the gas leaving the fuel reactor. (H2S) can be
deduced from the measured SO2 concentration.
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2.5.1

Main Definitions

The “carbon flow” noted FC,FR is the flow of carbon containing species, here CO, CO2 and
CH4, leaving the fuel reactor and given in Ln/min. It is calculated using the known nitrogen
flow FN2,FR fluidizing the high velocity part, the carbon stripper, the fuel reactor loop seal, the
sweep gas and half of the flows for the upper and lower loop-seals, see Fig. 10. The carbon
flow reads:

FC , FR = FN 2 , FR ×

(CO2 ) + (CO ) + (CH 4 )
1 − [(CO2 ) + (CO ) + (CH 4 ) + (H 2 ) + (H 2 S ) + (SO2 )]

(7)

This calculation assumes that the dry gases only contain N2, CO, CO2, CH4, H2, H2S and SO2.
Data for higher hydrocarbons or nitrogen compounds were not available in this study. The
known flow of inert nitrogen FN2,FR is the only way to derive the flow of gaseous carbon
leaving the fuel reactor. This is one of the reasons why nitrogen is used to fluidize several
sections of the fuel reactor and the particle locks. Another reason is that nitrogen is inert and
essentially no char gasification is expected to happen in the CS, HIVEL and LOPL. Thus,
results for char conversion will only reflect the performance of the LOVEL section.
The gas flow in the air reactor outlet is noted FAR,out and expressed as:
FAR , out = FAR ,in ⋅

1 − (O2, exp )AR

1 − (CO2 )AR − (O2, meas )AR

(8)

where FAR,in is the total air and nitrogen flow at the air reactor inlet, i.e. including nitrogen
fluidizing the loop-seals, (O2,exp)AR is the (O2) concentration expected to be measured if no
particle oxidation and char burning occurred, taking into consideration the minor nitrogen
dilution from the loop-seals, and (O2,meas)AR and (CO2)AR are respectively the measured
oxygen concentration and carbon dioxide concentration in the air reactor outlet due to char
burning.
The carbon flow leaving the air reactor is in the form of CO2 and is given by:

FC , AR = FAR , out ⋅ (CO2 )AR

(9)

The carbon or CO2 capture of the reactor system is evaluated here by means of the “carbon
capture efficiency”, noted ηCC, and defined as the ratio of the carbon containing gas flow
leaving the fuel reactor FC,FR to the total carbon containing gas flow leaving the system i.e.
from the air and fuel reactors. It reads:
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η CC =

FC , FR
FC , FR + FC , AR

(10)

For batch testing, the expression is slightly different. The carbon capture is the ratio of total
amount of gaseous carbon leaving the fuel reactor mC,FR and total amount of CO, CH4 and
CO2 leaving the system, i.e. from the air and fuel reactors: mC,FR + mC,AR. It reads:

ηCC =

mC , FR
mC , FR + mC , AR

(11)

In Equation (11), mC,FR and mC,AR are derived from the integrations of equations (7) and (9)
over the whole reduction period.
The theoretical “O2/C” ratio noted ΦO,theor is defined as the ratio of moles of oxygen needed to
convert the fuel completely per moles of carbon in the fuel. It is calculated using fuel analysis
in Table 3. For the petroleum coke and South African coal studied here, the values are 1.15
and 1.12 respectively.
The oxygen demand, ΩOD, is the fraction of oxygen lacking to achieve a complete combustion
of the gases leaving the fuel reactor. It is calculated as:

Ω OD =

0.5 ⋅ (CO ) + 2 ⋅ (CH 4 ) + 0.5 ⋅ (H 2 ) + 1.5 ⋅ (H 2 S )
Φ O ⋅ [(CO2 ) + (CO ) + (CH 4 )]

(12)

where ΦO is the “O2/C” ratio. Here ΦO,theor is used in the calculation of ΩOD. This is a
simplification since ΦO should ideally consider that part of the char ends up unconverted in
the water seal, thus changing the oxygen demand of the fuel actually converted. However, due
to difficulties associated with the evaluation of the instantaneous fuel conversion during a test,
ΦO,theor was used instead. Calculating this way should give a minor overestimation of the
oxygen demand.
For the South African coal presented in Paper I and the petroleum coke I in Paper II, a slightly
different definition was used, where no ΦO ratio was included in the denominator.
The circulation index CI is defined by the pressure drop measured between pressure taps
located at the riser entrance and cyclone inlet multiplied by the actual gas volume flow in the
air reactor outlet, i.e. corrected for oxygen consumed and measured temperature in the air
reactor:
T + 273
(13)
CI = ∆PRISER ⋅ FAR , out ⋅ AR
273
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CI provides a qualitative measure of the particle circulation between the reactors so that the
different tests can be compared. More details on how equation (13) is derived are presented in
section 2.5.4. Due to important amplitude variations in time, the circulation index is often
averaged for more readability.
The “oxygen flow” noted FO,AR, is the flow of oxygen used to oxidize the oxygen carrier in
the air reactor and is expressed in Ln/min by equation (14):

(

)

FO , AR = FAR ,in ⋅ (O2, exp )AR − FAR , out ⋅ (O2, meas )AR + (CO2 )AR = FO , AR tot − FC , AR

(14)

The oxygen flow is calculated taking into consideration the total air and nitrogen flow
entering the air reactor, the expected oxygen concentration if no oxidation occurred, and the
measured oxygen and CO2 concentrations at the outlet of the air reactor. FO,ARtot is the total
flow of oxygen consumed in the air reactor for particle oxidation and char combustion. The
CO2 concentration gives the part of oxygen that is not used to oxidize the metal particles but
instead to burn char. The expected oxygen concentration (O2,exp)AR takes into account the
minor dilution of N2 from the loop-seals.
The “oxide oxygen fraction” noted ηOO is another measure for evaluating the carbon capture
efficiency. This number is defined by the amount of oxygen used for oxidizing the oxide in
the air reactor, FO,AR, divided by the total amount of oxygen consumed in the air reactor, i.e.
FO,ARtot. Derivation using equations (9) and (14) yields:

ηOO =

FO , AR tot − FC , AR
FO , AR tot

=

FO , AR
FO , AR + FC , AR

=

(O

(O ) − (O
) − (O )
2 , exp AR

2 , exp AR

) − (CO )
− (O ) ⋅ (CO )

2 , meas AR

2 , meas AR

2 , exp AR

2 AR

(15)

2 AR

Note that ηOO only depends on the gas concentrations in the air reactor outlet which eliminates
any uncertainty due to flows. Thus, any possible error would be associated with the gas
concentration measurements. ηOO as indicator for the carbon capture was preferred in Papers
III and IV presenting results from longer operation with continuous feed while ηCC was used
in Papers V and VI for analysis in batch testing.
The “actual O2/C ratio”, ΦO,act, is defined as actual oxygen needed under the testing
conditions, i.e. corrected for the oxygen demand in the gas from the fuel reactor. This gives:

Φ O , act = Φ O ⋅ (1 − ηCC ⋅ ΩOD )

(16)

For calculation of ΦO,act, ΦO,theor was used in equation (16) in the Papers. Here, as for the
discussion on the oxygen demand above, this is a simplification since ΦO should consider that
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part of the char ends up unconverted in the water seal. Thus, using ΦO,theor induces a certain
underestimation of ΦO,act.
Depending on the test results for ΩOD and ηCC, different values for ΦO,act are obtained. These
can be compared to the measured “O2/C ratio” for the corresponding test, ΦO,meas:

Φ O , meas =

FO , ARtot
FC , AR + FC , FR

(17)

By combining equations (10), (15) and (16), it is also possible to derive the relation between
ηCC, ηOO and ΦO,act:

η CC = 1 − (1 − η OO ) ⋅ Φ O ,act

(18)

Moreover, several definitions can be added for the evaluation of batch testing:
The time t95 to reach 95% conversion of the fuel batch is defined as the time t when the
accumulated amount of CO, CH4 and CO2 produced in the fuel reactor is equal to 95% of the
total integrated amount of CO, CH4 and CO2 produced during the reduction period. It is
obtained via:
mC ,FR (t95 ) = 0.95 ⋅ mC ,FR (t comp. )

(19)

where mC,FR(t) is the accumulated amount of CO, CH4 and CO2 that has left the fuel reactor at
time t from the batch introduction, and tcomp. is the total duration of the reduction period. Note
that time 0 here is defined as the time when the conversion starts. A similar definition can be
used for t80 and corresponding to 80% fuel conversion, using 0.8 instead of 0.95 in equation
(20).
The fraction of unconverted methane is defined as CH4/CFuel, with CH4 being the total
integrated amount of methane leaving the fuel reactor during the reduction period and CFuel
the total amount of carbon introduced with the batch, and using fuel compositions in Table 3.
The instantaneous rate of fuel conversion at time t is given by:
k Inst (t ) =

1

mFR (t )

⋅

∆m
∆t

(20)

where Δm is the mass of carbon converted to CO, CO2 and CH4 during time step Δt, here 0.17
min, and mFR(t) is the amount of non-reacted fuel carbon left in the reactor at time t.
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2.5.2

Mass Balances

Mass balances of oxygen and carbon are useful to understand and validate the results and
should be made when possible. They involve the definitions presented above:
-

-

Fulfilment of the oxygen mass balance means here that the ratio ΦO,act in equation (16)
is equal to the measured ratio between the total amount of oxygen consumed and the
total gaseous carbon leaving the system for the experiment, i.e. ΦO,meas in equation
(17). Such discussion based on comparison between ΦO,act and ΦO,meas was made in
Papers I, II and III without considering the underestimation of ΦO,act. This aspect,
however, was considered in Paper IV.
The carbon mass balance is more straightforward. It compares the solid fuel
conversion ηSF,rec. derived from the amount of elutriated char collected in the water
seal to the total amount of fuel added during a given test and the calculated solid fuel
conversion, ηSF, given by:

η SF =

FC , FR + FC , AR
FC , FUEL

(21)

i.e. the ratio between the total flow of gaseous carbon leaving the air and fuel reactors
and the total flow of carbon added to the system with the fuel feed and noted FC, FUEL.
For batch testing, derivation of equation (22) by integration over the reduction period
yields:

η SF =

mC , FR + mC , AR
mC , FUEL
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(22)

2.5.3

Loss of Char to the Air Reactor and Char Conversion Rate

The loss of char to the air reactor is principally a function of the fuel reactivity in relation with
the residence time of the particles in the fuel reactor. It also depends on the quality of the
carbon stripper CS separation. The actual residence time of the oxygen carrier particles in the
fuel reactor can be obtained from the particle circulation. More detail on the actual particle
circulation is given in 2.5.4. The circulation itself can be estimated both from the pressure
drop and the velocity in the riser, and from the transient pressure drop decrease of the air
reactor bed resulting from sudden stops in circulation. This happened in early testing where
CS was no longer fluidized at one occasion and the air reactor was gradually emptied. The
former method overestimates the circulation due to internal separation of particles at the top
of the riser, while the latter underestimates the recirculation because the pressure drop signal
is most likely dampened by particles stuck in the pipe of the pressure taps. An additional
method is based on batch-wise addition of fuel and is presented below.
To model the loss of char to the air reactor, two simplified reactor concepts are considered:
-

the continuously stirred-tank reactor (CSTR)
the plug-flow reactor (PFR), i.e. a reactor where the fuel and the oxygen carrier
particles are in co-current flow

Another assumption made to simplify the modelling is that the solid fuel reacts at a rate which
is proportional to the mass and that there is no internal char separation in the fuel reactor and
no char separation of the particle flow leaving for the air reactor.
The reactor calculations here are used to calculate the loss from the fuel reactor to the air
reactor. During initial devolatilization the solid fuel is converted into char. The loss is here
defined as the char lost to the air reactor over char added to fuel reactor (in the fuel feed), on a
carbon basis. Thus, this means that for instance, if the loss to the air reactor is 10%, but the
fraction of volatiles in the fuel is 50% (carbon basis), then the carbon capture is 95%. Fig. 12
summarizes the notations used in the following discussion.
The loss from the fuel reactor can be expressed as a function of kτ, where k is the fractional
conversion rate of the solids and τ is the residence time. The loss to the air reactor is then
obtained as:
m loss
1
=
m in
kτ + 1
m loss 
1

=

m in  kτ / N + 1 

m loss
= e − kτ
m in

for the CSTR

(23)

for “N” CSTR reactors in series

(24)

for the PFR

(25)

N
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Fig. 12: Mass balance of carbon and notations used for the modelling of the fuel reactor
Here, m in is the part of the total flow of char entering the fuel reactor that stays in the reactor
system and converts, i.e. excluding the char ending up in the water seal.
The loss of char to the air reactor depends on the loss of char to the water seal using equation
(21) and the volatiles content in the fresh fuel and can be derived to:
m loss
1 − ηCC
=
m in 1 − f vol η SF

(26)

ηCC and ηSF are defined above and fvol is the mass fraction of volatiles carbon in the total
carbon introduced with the fresh fuel.
Papers V and VI involved batch testing, which means the introduction of a given amount of
fuel in the fuel reactor in a single occasion. For testing with particle circulation, the oxygen
concentration transient at the outlet of the air reactor then represents the response of a nonideal reactor to an impulse introduction of fuel. The oxygen decrease is both due to unreacted
char entering and instantly burning in the air reactor and reduced oxygen carrier being
regenerated. Thus, this means that the curve showing the oxygen concentration transient will
reflect the residence time distribution (RTD) - or exit age distribution - of the particles leaving
the fuel reactor.
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The fuel reactor, including LOPL, can be seen as a series of “N” equal-sized CSTR with a
particle residence time noted τi in each bed “i”. For N multistage fluidized beds, the residence
time distribution as a function of time E(t) can be written as [97]:
1
E (t ) =
(N − 1)!τ i

 t
⋅ 
τ i





N −1

⋅e

−

t

τi

(27)

The case of N→∞ corresponds theoretically to a PFR. If τ is the overall residence time, it can
be expressed as τ = N ⋅ τ i . Note that for the system configuration, τ represents the residence
time associated with the beds in LOVEL, HIVEL, CS and LOPL. We denote mτ as the total
mass of the beds associated with τ and m as the mass flow of particles, i.e. the actual
circulation. mτ is then given by: mτ = τ ⋅ m
Thus, as said, the response in the oxygen concentration to a fuel batch addition will reflect the
residence time distribution, which means that “O2,AR(t = 0) - O2,AR(t)” is proportional to
tN-1.e-t/(τ/N), see equation (27).
Having the oxygen concentration transient for a test, an input value for N that best fits the
experimental curve is chosen while the least squares method yields the residence time τ.
Thus, this modelling enables the extraction of the particles residence time for a given test by
using concentration transients. In particular, for different particle circulations between the air
and fuel reactors, a correlation between the residence time τ and the circulation index CI in
equation (13) can be obtained. Another consequence is that a correlation between the carbon
capture ηCC according to equation (10) and the residence time τ can be obtained.
Since HIVEL, CS and LOPL are fluidized with N2, the char conversion is practically “frozen”
in these sections and as a result, they act as transport distances where only mixing and
residual reaction occur. In particular, the reaction rate for char conversion should only be
associated with the residence time in LOVEL. Estimation of solids inventory in the fuel
reactor chambers indicate that the particles in LOVEL account for 75% of the total bed mass.
As a consequence, the actual residence time in LOVEL noted τ* is derived from the residence
time τ according to: τ * = 0.75 ⋅ τ
Combining equations (24) and (26) gives an expression for the conversion rate of the fuel:
N  1 − f vol η SF
k = ∗ 
τ  1 − ηCC






1

N


− 1



(28)

Thus, for a series of tests at the same temperature, the obtained values for τ (and τ*) and N for
each test can be used in equation (28) to deduce the values for k. Ideally, at a given
temperature, these should be very close and represent the conversion rate of the char.
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2.5.4

Particle Circulation

The particle circulation between air and fuel reactors is qualitatively evaluated via the
circulation index CI in equation (13). This equation was derived from the theoretical flux Gs
of particles in a tube of length Δh, under the assumption that they are subject to a gas flow
with a velocity u directed upwards. If ut is the terminal velocity of the particles and ΔPΔh the
associated pressure drop, Gs reads [98]:
GS =

1 ∆P∆h
⋅
⋅ (u − u t )
g ∆h

(29)

Gs is expressed in (kg/m2.s) and is related to m by: GS = m A , with A being the cross-section
of the tube in (m2). It should be stressed that applying equation (29) to the present reactor
system would give a significant overestimation of the mass flux as:
•

•

The pressure gradient in Eq. (6) is an average over the whole riser, while the actual
pressure gradient at the top is much smaller. This is because particles are separated
from the upward going gas stream and fall down along the walls.
In the top is a separation of particles from the gas stream as it changes direction and
enters to the exit duct.

In equation (13), ΔPRISER actually takes into account both the pressure drop ΔPΔh in the riser
itself and the pressure drop ΔPΔl corresponding to the cyclone entrance: ΔPRISER= ΔPΔh+ ΔPΔl.
Introducing a relation between CI in equation (13) and GS in equation (29) as:

with

GS = Λ ⋅ CI

(30)

Λ = f (∆P∆h , ∆P∆l , u , ut )

(31)

it is possible to show that Λ is reasonably constant for series of tests with different circulation
indices, see Paper VI. This indicates that GS and thus m is proportional to CI and legitimates
equation (13).
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2.5.5

Oxygen-Transfer Mass Ratio of the Oxygen Carrier

The oxygen-transfer mass ratio Δω of the oxygen carrier is derived from the oxygen-transfer
capacity R0 in equation (6) and is expressed as:

∆ω =

mox − mred m ox − m red
=
mO , ox
m

(32)

where mox is the average mass of an oxygen carrier particle leaving the air reactor in their
partially oxidized state and mred the average mass when entering the air reactor in their
partially reduced state. The dotted expressions on the right hand side of equation (32) are the
corresponding flows in (kg/min). Thus, at steady-state m ox − m red is the mass flow of oxygen
consumed by the oxygen carrier in the air reactor.

2.5.6

Oxygen-based Conversion Efficiency

During continuous fuel feed operation, the actual thermal power from the 10 kWth unit is
lower than the power corresponding to the fuel flow itself. This is due to incomplete gas and
solid conversion as well as char leakage to the air reactor. Reasoning in terms of actual flow
of oxygen consumed by the oxygen carrier in the air reactor FO,AR and required flow of
oxygen to fully convert the fuel FO,FUEL , the oxygen-based conversion efficiency ηox can be
derived using the equations in 2.5.1. It reads:

ηox =

FO , AR
FO , FUEL

=

η SF
ΦO

⋅ (Φ O + ηCC (1 − Φ O ΩOD ) − 1)

(33)

In the calculation of ηox, steady-state values of ηSF and ηCC for the corresponding test are used.
Moreover, ΦO is here ΦO,theor.
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3

Results

This work is divided into six Papers showing the results obtained for testing conducted in the
Chalmers 10 kWth unit. A total of nearly 90 h of operation with continuous fuel addition were
obtained and the reactor system was operated at temperatures above 850°C for over 450 h.
This section summarizes the principal results from the Papers. They reflect a work in progress
and changes in the definitions or the way the data evaluation was made can occur between the
Papers, as the measurements and evaluation were improved. For all the figures in section 3,
unless specified, time 0 corresponds to the start of fuel addition. Gas concentrations are
measured on a dry basis.

3.1 Fluidization Tests and Testing with South African Coal (Paper I)
Fourteen tests were performed using the South African coal with the composition in Table 3.
A general comment for such operation is the difficulty linked with the fuel feed itself, with
particles getting stuck in the warm zone of the fuel chute walls. Nevertheless, a total duration
of 22 h was obtained out of which 12 h corresponded to satisfying and stable operation. The
unit was operated at a fuel reactor temperature of 950°C. The fuel feed was 500 g/h.

3.1.1

Preliminary Fluidization Tests

As a first step, the general fluidization patterns were investigated. The goal was to study the
system behaviour when fluidized at high temperature above 850°C in absence of fuel feed. In
particular, verification that circulation of the oxygen carrier between air and fuel reactors
could be obtained was made. In this purpose, preliminary fluidization tests were conducted.
According to laboratory tests, fresh ilmenite is in reduced form and had a tendency to
agglomerate at temperatures above 600°C and in case gas velocities are too low. However, the
risk of agglomeration or defluidization is significantly reduced after the first oxidation [51],
and therefore, air was used to fluidize all the beds during preliminary testing.
In the early experiments, gas leakages upstream of the air and fuel reactors were found and
the fluidizing velocities in the system were lower than expected, actually too low, and as a
consequence fairly soft agglomerations occurred. By manual crushing, it was possible to
recover most of the ilmenite and reuse it in the reactor system.
After these minor incidents, fluidizing velocities below 0.1 m/s were never used - except for a
special case presented in 3.5 - and no more agglomerations were noted. Moreover, later
experiments where local defluidization occurred without formation of agglomerations also
agree with the supposition that oxidized particles have a much lower tendency to agglomerate.
By the time this thesis was written, a total of over 450 h operation at temperatures above
850°C was reached, and no major fragmentation or attrition of the ilmenite has been noticed.
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Moreover, sieving of the elutriated material caught in the filters indicates that production of
fines is small.

3.1.2

Results for “Test 4” with South African Coal

Test 4 is presented here because it is seen as one of the most successful of the series in terms
of stable operation and mass balance fulfilment. However, during this test as well, the fuel
feed proved difficult due to fuel particles sticking on the fuel chute walls. To address this
problem, regular hammer blows on the feed chute were done. For test 4, the coal feed duration
reached 80 min, with a circulation index of 150, according to equation (13). Fig. 13 shows the
gas concentrations at the outlet of the fuel reactor. A stable value of CO2 of around 17% was
obtained within 10 min. The effect of the hammer blows is visible in Fig. 13 with regular
peaks in gas concentrations due to batches of fuel entering the fuel reactor and releasing
volatiles. This also could suggest that particles are caught in the upper parts of the fuel chute
where the temperature is too low for the fresh fuel to fully devolatilize. CO and CH4
concentrations also rapidly stabilized.

CO, CO2 and CH4 from FR (%)

20

20

CO2

10

10

CO
CH4
0

0
15

0

Time, min

45

30

75

60

Fig. 13: Test 4 with South African coal: Gas concentrations from the fuel reactor (%)

Figure 14 shows the gas concentrations at the outlet of the air reactor. The horizontal dashed
line at a constant 20.5% corresponds to the expected oxygen concentration (O2, exp) if no
oxygen was consumed in the air reactor and takes into account the nitrogen dilution due to the
two bigger loop-seals. The curve noted “(O2, exp) – (CO2)” indicates how much oxygen is left
after oxidation of char in the air reactor, while the actually measured oxygen concentration,
i.e. the curve “O2” reflects how much oxygen is left after both char combustion and ilmenite
oxidation. This means that the bigger the gap between these curves, and the closer to 20.5%
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the upper curve, the higher are the carbon separation and the amount of oxide actually
oxidized. After approximately 70 min, due to a harder hammer blow, a batch of coal entered
the fuel reactor and a larger amount of char eventually entered the air reactor. This caused a
major disturbance for the whole system. In Fig. 14, the CO2 concentration suddenly increased
and the O2 concentration decreased.
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Fig. 14: Test 4 with South African coal: Gas concentrations from the air reactor (%)
Fig. 15 shows the carbon capture efficiency ηCC given by equation (10) and the oxide oxygen
fraction ηOO according to equation (15). During the test, average values calculated for the
oxygen demand ΩOD in equation (12) (excluding H2, H2S and ΦO,theor.), and ηCC gave
respectively 0.18 and 0.9. Using equation (16) and ΦO = ΦO, theor = 1.12 gives: ΦO,act ≈ 1.
Since ΦO,act is close to one, equation (18) indicates that the curves showing ηCC and ηOO
should be fairly similar at steady-state. After a bit less than 20 min, stable values were
reached and the two plots met indicating that steady-state was reached. This occurred well
before the drastic decrease in both plots due to coal feeding difficulties.
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Fig. 15: Carbon capture efficiency ηCC (solid line) and oxide oxygen fraction ηOO (dashed
line)
During stable operation, the total gaseous carbon flow out of the system reached 7.8 L/min.
For a heating value for this coal of 23.9 MJ/kg, the feed of 500 g/h corresponds to a power of
3.32 kWth, and the flow of CO2 leaving the system should be 9.85 L/min, if the solid
conversion was complete. This yields a conversion of 7.8 / 9.85 = 79%. Thus, around 79% of
the solid fuel was converted to gaseous carbon in the reactor system.

3.1.3

Summary of the Tests with South African Coal

The fuel feed reached a total of 22 h using the South African coal, out of which 12 h of stable
conditions. The coal feeding proved difficult during almost all the tests. This fuel is rather
sticky and certain amounts stuck on the inner walls of the feeding pipe, eventually blocking
the feeding pipe completely. Hammer blows to address this problem often resulted in batches
of coal entering the fuel reactor. Moreover, char entered the air reactor and led to further
problems. In particular, if a large amount of char suddenly burned in the air reactor, the heat
release and the associated gas expansion could lead to a sudden increase in particle
entrainment, which in turn could cause operation problems for the cyclone and the system
stability. Thus, the tests often had to be discontinued because of fuel feeding difficulties.
However, for the stable periods, data evaluation gave encouraging information about the unit
operability and did not reveal any show-stopper for the process.
Table 4 summarizes the results for the fourteen tests using the South African coal. The
different parameters are defined in 2.5.
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Feed dur.
Circulation
Test
/accum. (in
Index
min)a
1
2
3
4
5
6
7
8
9
10
11
12
13
14

70
60
150
50
60
55
45b
55
65
32
60
65

20
71/91
130/221
161/382
110/492
43/535
92/627
55/682
84/766
145/911
143/1054
79/1133
125/1258
70/1328

Stable
time
(min)
0
20
82
50
0
15
45
45
70
80
95
60
0
8

Solid fuel
Oxygen
conversion demand ΩOD
ηSF (%)
(%)
66
79
78
58
50
73
53
80
-

19.5
18
17.7
20.8
22
17.5
20.3
16
-

ηCC
(%)

ηOO
(%)

Φ O , meas

93.5
82.5
91.2
93.2
96
91.4
90.7
94
73

92.6
83
89.4
90.4
93.3
90.8
90.9
89.8
-

0.90
1.02
0.82
0.71
0.65
0.88
1.05
0.53
-

Φ O , act

Table 4: Results for testing with South African coal
a
The feed duration is the operating time with coal feeding. The accumulative time is the sum
of the feeding duration for the test in study and all the previous tests with fuel
b
For test 9, the circulation was decreased from 100 to 45 and the stable conditions numbers
correspond to a circulation index of 45

Different particle circulations could be obtained by varying the fluidizing air flow to the air
reactor. This gave the circulation indexes in the second column. The solid fuel conversion
from equation (21) ranged between 50 and 80% while the oxygen demand varied between 16
and 20%. The carbon capture efficiency ηCC and the oxide oxygen fraction ηOO varied
between 82.5 and 90% respectively and were rather similar for a given test. Moreover, the
ratios ΦO, meas/ΦO, act were more or less close to one. For example, tests 3, 4 and 10 seemed to
be particularly successful in this sense. In particular, test 4 was representative of wellfunctioning operation.
Note that the carbon mass balance could not be evaluated due to difficulties in the char
recovery from the water seal, ηSF,rec..
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3.2 Testing with Petroleum Coke I (Paper II)
Two tests using petroleum coke I from Mexico with the composition in Table 3 are presented
in this section. The total stable operation duration reached 11 h. The pilot was operated at a
fuel reactor temperature of 950°C and the feed was 655 g/h which corresponds to a thermal
power of 5.8 kWth, according to Table 3. For the second of these two tests, gas
chromatography (GC) measurements were made. In particular, this enabled measuring of the
hydrogen concentration from the fuel reactor and confirming that the concentrations of the
other gases CO, CH4 and CO2 agreed well with online measurements.

3.2.1

First Test

The first test involved 4.5 h of stable operation, without any disturbance in the fuel feed. Fig.
16 shows the main gas concentrations at the outlet of the air and fuel reactors. The O2
concentration in the flue gas leaving the air reactor stabilized after approximately 40 min.
Note the two different scales on the Y-axes. The CO2 concentration from the fuel reactor
reached a stable value of approximately 16-17% within 15 min. The CH4 curve, mostly
associated with fresh fuel devolatilization, rapidly stabilized at 1% indicating that the fuel
feed was stable. This is also illustrated by the rapid drop in CH4 right after the stop of fuel
feeding at 276 min. The CO concentration stabilized after approximately 20 minutes at a level
of 2%, double that of CH4.
35
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Fig.16: First test with petroleum coke I: Gas concentrations at the outlet of the air and fuel
reactors
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After 175 min, the nitrogen bottles were accidentally emptied and the carbon stripper, the
high velocity part and the loop-seals were fluidized with air. This is clearly seen on the curves
in Fig. 16: the CO2 concentration increased to values above 25% while all methane was
consumed. Note that meanwhile, the low velocity part of the fuel reactor was still fluidized
with steam. All concentration levels regain earlier values after the nitrogen bottles were
replaced.
Fig. 17 shows the time evolutions of the CO2/CO ratio, the carbon capture, ηCC, and the
oxygen demand ΩOD. The oxygen demand is shown by two lines: either taking into account or
not hydrogen assuming that it has the same average value as for the second pet coke test for a
same fuel feed (see 3.2.2). The assumption was 4.5% H2 in the gas leaving the fuel reactor,
from measurements of H2 in the second test.
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Fig. 17: First test with petroleum coke I: CO2/CO ratio, carbon capture and oxygen demand
ΩOD (H2 included/excluded)
During the course of the experiment, the CO2/CO ratio was stable at a level of 8 while the
carbon capture rapidly stabilized at around 80% until the incident with the nitrogen bottles
occurred. The CO2/CO ratio then logically increased to high values. In the meantime, the
oxygen demand decreases drastically mainly due to the drop in CH4 concentration, see Fig.
17. Another consequence is the increase in carbon capture in Fig. 17 which reached 85-87%.
This is mainly imputed to char burning in the carbon stripper since this chamber was fluidized
with air during the incident.
During stable conditions, the oxygen demand, with H2 assumed, averages at 27% while the
CO2 capture averages at 75%. This lower capture compared to the coal tests can be explained
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by the comparatively lower reactivity of this fuel [85]. However, again, the positive aspect
during this first test was that the fuel feed did not show any difficulty and longer continuous
operation was possible.

3.2.2

Second Test: Influence of Particle Circulation and Carbon Stripper Operation

For the second test, 6.5 h of stable operation were obtained. The fuel feed was started 14 min
after time 0 indicated in the following figures. GC measurements gave values for the H2
concentration. During this test, changes in the circulation and the carbon stripper operation
were made in order to study the effect on the carbon capture efficiency and the gas and solid
fuel conversions. This was achieved by changing respectively the air flow fluidizing the air
reactor and the carbon stripper fluidization.
This gave five corresponding test periods, summarized in Table 5:
Test period
Circulation : air flow (Ln/min)
Carbon stripper : nitrogen flow (Ln/min)

1
110
4

2
120
4

3
130
10

4
145
10

5
145
14

Table 5: Second test: Changes in circulation and carbon stripper operation

Fig. 18 shows the gas concentrations in the flue gas leaving the fuel reactor.
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Fig. 18: Second test: Gas concentrations from the fuel reactor (%); cross symbols show
results from GC-measurements, triangles delimit changes in operation and numbers in
between show the test periods. GC-measurements of H2 are shown as “+” symbols
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During test period 1, the particle circulation was obviously too low to provide sufficient
oxygen for the reactions in the fuel reactor. As a consequence, the CO concentration increased
while the CO2 concentration decreased gradually. The CH4 concentration, on the other hand,
was constant since methane is mostly linked with the fuel devolatilization. Increasing the
circulation in the following test periods led to an increase in the CO2 concentration while H2
gradually decreased to reach around 4%. In the meantime CO also decreased to reach a level
slightly below 2%. This shows that the gas conversion was improved during the course of this
test, and confirms that higher particle circulation was synonym with more oxygen available in
the fuel reactor.
Fig. 19 represents the oxygen demand ΩOD (with H2 but neither ΦO,theor., nor H2S), the CO2
capture and the CO2/CO ratio in the gas leaving the fuel reactor. The small triangles delimit
the test periods. Note the two different scales on the Y-axis.
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Fig. 19: Second test: CO2/CO ratio in the flue gas leaving the fuel reactor, carbon capture
ηCC and oxygen demand ΩOD

As mentioned, the circulation during test period 1 was insufficient and the flow of oxygen
entering the fuel reactor was too low to maintain the conversion to CO2 in the fuel reactor. As
a result, the CO2/CO ratio fell gradually, see Fig. 19. In test period 2, the circulation was
increased and this resulted in an increased CO2/CO ratio. Further increases during test periods
3 and 4 also led to increased ratios with stabilization at approximately 9. Another effect of the
gradual circulation increase was the associated decrease in oxygen demand from around 70%
to approximately 25% for the highest circulations, meaning the gas conversion was improved.
Between test periods 2 and 3, the fluidization velocity in the carbon stripper was increased.
This led to an increase in the carbon capture. This is despite the simultaneous increase in
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circulation which was expected to lead to lower carbon capture as the residence time of the
particles in the fuel reactor was lower. However, the effect of the circulation was seen when
comparing test periods 3 and 4 where only the circulation was changed and the capture
rapidly decreased. Finally, between test periods 4 and 5, increasing the velocity of the carbon
stripper without changing the circulation led to a slight increase in the carbon capture, in line
with expectation.
Table 6 below summarizes the results for the second test. Test period 1 is not mentioned since
the circulation was too low to obtain stable conditions.
The solid fuel conversion averaged at 72%. This result was confirmed by the conversion
based on char recovery from the water seal. This reflects the loss of unreacted char and this
low value is explained by the poor separation efficiency of the fuel reactor cyclone.
Nevertheless, the conversion was somewhat higher than the average value obtained for the
South African coal. This is despite the lower reactivity of petroleum coke [85].
Between the tests presented in section 3.1 and this second test with petroleum coke, the fuel
reactor cyclone was rebuilt in order to improve its separation efficiency. This could explain
the improvement of the overall solid fuel conversion. Indeed, particle recovery indicated that
before rebuilding of the cyclone, only 30% of the collected particles had a diameter below 90
μm. This number was increased to 86% after the rebuilding, which was a clear improvement.

Test period
Circulation indexa
Velocity in carbon stripper (m/s)
Oxygen demand ΩODb (%)
Carbon capture ηCC/ ηOOc (%)
Solid fuel conversion ηSF d (%)
ΦO,meas/ ΦO,act e

2
50
0.2
32.6
70.4/52.7
75
0.79

3
68
0.5
25.5
74.6/62
70
0.82

4
123
0.5
25.6
68.7/61.2
78
0.99

5
116
0.7
23.6
70.1/59.6
66
0.90

Table 6: Summary of the results for the second test with petroleum coke I; a according to
equation (13), b according to equation (12), c according to equations (10) resp. (15), d
according to equation (21), e according to equations (16) and (17)

Moreover, calculation based on fractional losses of the fines collected in the air reactor at the
end of these two petroleum coke tests gave particle life spans of 3000 to 9500 h for the
ilmenite. Even if this is a rough estimation and further experimental results are necessary, this
is a positive aspect since long life spans for the oxygen carrier are synonym with fewer
particles refills in industrial plants. This is especially interesting for more expensive oxygen
carriers, less important for the ilmenite though.
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The quality of the oxygen mass balance is estimated by the ratio ΦO,meas/ΦO,act. For test
periods 4 and 5 in particular, ratios close to 1 indicate good fulfilment of the mass balance. It
seems that the optimal operating conditions in terms of solid fuel conversion and oxygen mass
balance fulfilment, at least for the tests performed, are obtained for test period 4.

3.3 Testing with Petroleum Coke II (Paper III)
After several attempts to operate the 10 kWth unit using a bituminous coal from Colombia,
which all failed due to feed problems even more severe than observed with the South African
coal, it was decided to refocus on petroleum coke. Thus, testing was made using the
petroleum coke II with the composition given in Table 3. Five runs were performed totalizing
26 h of fuel addition. As with petroleum coke I, no difficulty associated with the fuel feed was
observed. However, it was noticed that the fuel feed slowly decreased with time during every
test, and was directly related to the remaining amount of petroleum coke in the fuel bin. Since
methane is associated with the volatiles released from fresh fuel when entering the reactor,
proper correlation between initial calibrated flow and methane concentrations allowed
determining the exact feed throughout an experiment.
The five tests were performed at a fuel reactor temperature of 950°C, totalizing 15 h of stable
operation. In this section, three of them are presented. Here, Ctot refers to the total
concentration of carbon containing species at the fuel reactor outlet, i.e. CO2, CO, and CH4.
Higher hydrocarbons concentrations data were not available.

3.3.1

First Test: Operation without Parameter Changes

The intention was to run a test without any changes in the operating parameters and
investigate the performance versus time. By the end of the first test, a total of 6 h stable
operation had been obtained. The fuel addition corresponded to 6 kWth, according to the fuel
composition of Table 3. Fig. 20 presents the main results.
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Fig. 20: First test: CO2/CO ratio, carbon capture ηOO, solid fuel conversion ηSF and oxygen
demand ΩOD
The CO2/CO ratio slowly stabilized at around 9.5 and the carbon capture at 70%. The oxygen
demand slowly decreased from 33 to 29% indicating that the gas conversion was gradually
increasing during the course of the experiment. Here, the oxygen demand took into account
H2, H2S and ΦO. The rather high sulphur content of the fuel together with including H2S in the
evaluation explains why the oxygen demand was higher than obtained in 3.2. The solid fuel
conversion ηSF, according to equation (21) averaged at 64%, close to the conversion based on
char recovery from water seal: 62%. Thus, the mass balance of carbon was fulfilled. The
gradual decrease in oxygen demand with time is interesting. It is believed to be an effect of
gradual activation of ilmenite, as this test started with fresh, previously unused ilmenite.

3.3.2

Second and Third Tests: Changes in HIVEL Operation and Fuel Feed

Here, the effect of fluidization velocity in the high velocity section and the effect of increased
fuel feed were investigated.
The second test involved five and a half hours of stable operation. Parameter changes
involved, apart from HIVEL fluidization and thermal power, particle circulation by changing
the air reactor fluidization. This test was divided into 7 test periods, summarized in Table 7:

44

Test period
1
2
3
4
5
6
7

AR
130

HIVEL

Thermal power

2
3
4
5

145

6

2

8

Table 7: Second test: different operating conditions for the 7 test periods: AR and HIVEL
stand for air reactor and high velocity section respectively and are expressed in (Ln/min),
while the thermal power is in (kW)

Fig. 21 shows the CO2/CO and SO2/Ctot ratios, the oxygen demand, the solid fuel conversion
and the carbon capture obtained. SO2/Ctot gives an idea of the conversion of H2S to SO2 and is
an important indicator for the gas conversion.
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Fig. 21: Second test: CO2/CO and SO2/Ctot ratios, carbon capture ηOO, solid fuel conversion
ηSF and oxygen demand ΩOD
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The results in Fig. 21 do not show any real indication of an effect of changing the fluidization
of HIVEL. Some variations are seen in CO2/CO, oxygen demand, and SO2/Ctot, but they do
not seem to be correlated with HIVEL operation. Increased thermal power, i.e. fuel feed, gave
lower gas conversion, but only initially, as seen in Fig. 21. Interestingly, it had a lasting effect
on SO2/Ctot.
Table 8 summarizes the results obtained for this second test:
Test period
CI
HIVEL (m/s)
Power (kWth)
ΩOD (%)
Carbon capture ηOO (%)
ηSF (%)

1
2
~ 100
0.11
28
83

3

4

5
~ 200
0.28

0.17 0.23
6
29-30
29 to 26
75
Average 64%

6

7
0.11
8
32
72
Initial decrease

Table 8: Second test: Summary of the results

In the third test, the intention was to investigate the effect of a greater increase of the fuel
feed. This test gave 4 h of stable operation. The experiment was divided into two test periods.
In the second test period, the fuel feed was increased from 6 to 10 kWth.
Fig. 22 summarizes the results. According to Fig. 22, the increase in fuel feed resulted in
poorer conversion of the gas in the fuel reactor, as indicated by CO2/CO, the oxygen demand
and SO2/Ctot. This was also the case in Fig. 21. This is not surprising, as no attempts were
made to increase particle circulation to compensate for the increased fuel flow. Interestingly,
the SO2/Ctot ratio seemed to be more sensitive to the lowering of available oxide oxygen in the
fuel reactor. Another effect of the higher amount of fuel was a decrease in the carbon capture,
as seen in Fig. 22.
Finally, for the second test, recovery of elutriated char indicated a solid fuel conversion ηSF,rec
of 72%, which is somewhat higher than ηSF, 64%, according to equation (21). For the third
test, the solid fuel conversion based on char recovery gave 60%, compared to 55% for ηSF.
Thus, there was reasonable agreement in the mass balance of carbon.
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Fig. 22: Third test: CO2/CO and SO2/Ctot ratios, carbon capture ηOO, solid fuel conversion ηSF
and oxygen demand ΩOD
3.4 High Temperature Operation (Paper IV)
One of the most important parameters for the char gasification in the fuel reactor is the
temperature. Therefore, a series of tests were performed at the higher fuel reactor temperature
of 1000°C. The fuel addition in these tests corresponded to a thermal power of 6 kW.
In Paper III, early tests at a fuel reactor temperature of 1000°C gave interesting results, in
lines with expectations in terms of fuel conversion. A total of 8 h of operation at 1000°C was
obtained, divided in two tests. However, it was noticed later on by opening the fuel reactor
that one of the chambers in the LOVEL had not been properly fluidized due to a hole in one
of the porous plates through which it is fluidized. Thus, a certain amount of the oxygen carrier
could not play an active role in the gas conversions and it was not possible to reach the
normal levels of CO2/CO, SO2/Ctot ratios and oxygen demand, even though the circulation
was increased significantly.
After replacing the porous plate, two tests at 1000°C were performed. They totalized over 3 h
of operation. Results are summarized in Paper IV and presented in the following sections.
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3.4.1

First Test at Higher Temperature

This test included almost 4 h of operation. Changes were made in the particle circulation, the
fluidization of the low velocity section and the fuel reactor temperature. 5 different test
periods were obtained. However, here focus is made on the last test period which corresponds
to testing at 1000°C in the fuel reactor. Table 9 summarizes the operating conditions.

Test period
1
2
3
4
5

AR (Ln/min)
130
140

LOVEL (Ln/min)

TFR (°C)

30

155

950

38

1000

Table 9: First test at higher temperature: operating conditions for the 5 test periods
Fig. 23 presents the test result. Values were averaged to improve clarity:
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Fig. 23: First test at higher temperature: CO2/CO and SO2/Ctot ratios, solid fuel conversion
ηSF, oxygen demand ΩOD and carbon capture ηOO
In test periods 2 and 3, the fluidizing air flow to the air reactor was increased to ensure
sufficient particle circulation. In test period 4, the LOVEL fluidization velocity was raised,
which led to some increase in the CO2/CO ratio but otherwise no significant effect was seen.
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The higher CO2/CO ratio could be an effect of increasing steam concentration pushing the
water-gas shift equilibrium towards less CO and more H2:

CO + H 2O → CO2 + H 2

(34)

In test period 5, the temperature in the fuel reactor was increased to 1000°C. A direct effect of
the increase in CO was the drop in the CO2/CO ratio. This could be associated with a shift
towards less H2 and more CO at higher temperatures. However, the initial decrease was
followed by a slow increase. In total, the oxygen demand was not significantly affected.
More important is that higher temperature led to a significant increase in the carbon capture
from 74 to 84%, see Fig. 23. This also suggests that char gasification in the fuel reactor was
enhanced since less char eventually entered the air reactor. This corresponds to the strong
initial increase in ηSF in test period 5. However, the effect was not lasting and a second test
was needed to validate this result.
The main conclusion from this first test is that the temperature increase was clearly
accompanied by an increase in the carbon capture of the system.

3.4.2

Second Test at Higher Temperature

This test involved over 5 h of stable operation. The fuel reactor temperature was increased
from 950°C to 1000°C and then set back to 950°C. Fig. 24 shows the main results.
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Fig. 24: Second test at higher temperature: CO2/CO and SO2/Ctot ratios, solid fuel conversion
ηSF, oxygen demand ΩOD and carbon capture ηOO
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The temperature was increased in test period 2. This led to a decrease in CO2/CO. However,
no increase but rather a minor decrease in the oxygen demand was seen, as the fall in CO2/CO
ratio is compensated by lower hydrogen concentrations.
Moreover, the carbon capture was improved by the temperature increase, with values
increasing from 73% in test period 1 to 85% at the end of test period 2, see Fig. 24.
Most interesting is the increase in solid fuel conversion at higher temperature, increasing from
57% in test period 1 to around 64% in test period 2. This is in line with expectation since the
endothermic gasification of char is enhanced at higher temperature. In test period 3, the
decrease in temperature to 950°C gave a transition back to conditions seen in test period 1.
To summarize, it was shown that the increase in fuel reactor temperature from 950°C to
1000°C had a positive effect on the solid fuel conversion and the carbon capture. Also, the
oxygen demand decreased somewhat at higher temperature.

3.5 Influence of Steam Fluidization of LOVEL (Papers III and IV)
The influence of steam fluidizing flow of the low velocity chamber of the fuel reactor was
investigated in two tests performed with the petroleum coke II. Results for the second one are
presented in this section.
The fuel reactor temperature was constant at 950°C and the fuel feed corresponded to a power
of 6 kWth. 3.5 h of stable operation were obtained. Table 10 presents the changes in LOVEL
operation.

Test period

LOVEL (Ln/min)

1
2
3
4
5

30
38
20
10
30

Fluidizing velocity
(cm/s)
15
19
10
5
15

Table 10: Testing with different steam flows in LOVEL: operating conditions for the 5 test
periods

Fig. 25 shows the test results.
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Fig. 25: Testing with different steam flows in LOVEL: CO2/CO and SO2/Ctot ratios, solid fuel
conversion ηSF, oxygen demand ΩOD and carbon capture ηOO
In test period 1, the oxygen demand slowly decreased to 34%. Increasing the steam flow in
test period 2 resulted in an increase in the SO2/Ctot from 6.5 to 7.2, but otherwise no
significant effect was noticed. This aspect is further supported by the rather stable carbon
capture between test periods 1 and 2, see Fig. 25.
On the other hand, decreasing the steam flow to 20 Ln/min in test period 3 led to a drastic
decrease in performance. Most likely, this is an effect of inadequate fluidization of LOVEL.
However, the solid fuel conversion only seemed to be initially affected, see Fig. 25.
Interesting is that despite poorer results, it was still possible to operate the system at this
steam flow.
However, further decreasing the steam flow in test period 4 led to a further drop in
performance. In other words, it was clear that the system limit had been reached and it was
not possible to operate properly at such a low steam flow in the LOVEL. Indeed, the
corresponding steam velocity was only 5 cm/s, to be compared with the minimum fluidizing
velocity umf=2 cm/s.
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To reverse the trends, the steam flow was then increased to 30 Ln/min in test period 5, and the
carbon capture, CO2/CO and SO2/Ctot ratios rapidly increased while the oxygen demand
decreased.
Conclusion on the influence of steam fluidizing flow to LOVEL
Adequate steam flows are synonym with proper fluidization and thus better gas conversions,
higher carbon capture and solid fuel conversion. Moreover, the system cannot be operated
properly at steam velocities below 10 cm/s. Finally, it was shown that the flow normally used
for operation, i.e. 30 Ln/min, is sufficient and higher flows had no significant beneficial effect.

3.6 Importance of the Volatiles in the Oxygen Demand (Papers IV and V)
The oxygen demand given by equation (12) indicates the proportion of unconverted gases in
the flue gas leaving the fuel reactor. In the previous sections, values usually varying between
20-36% at stable operation were obtained, depending on the test and operating conditions but
also which gases are included in the definition of the oxygen demand. This suggests that a
rather high fraction of the reducing gases in the fuel reactor does not convert and eventually
escapes the fuel reactor. These gases can either be unconverted volatiles or syngases, products
from the char gasification.
Results in the literature suggest that the devolatilization time for different fuel particles with
sizes below 250 μm, i.e. the maximum diameter for the petroleum coke particles used in this
study, were below one second at temperatures ranging from 950 to 1000°C, see Fig. 2.2 in
[99] and [100, 101]. Since the terminal velocity of the particles is between 0.02 and 0.23 m/s
depending on their size, and considering the fuel chute length, the fuel particles stay for at
least one second in this zone. This is long enough to fully devolatilize the fuel and only the
remaining char actually reaches the bed of LOVEL. Thus, the volatiles escape the fuel reactor
without being in contact with the ilmenite and an important part of the unconverted gases in
the fuel reactor, and thus the oxygen demand, is expected to be associated with the volatiles.
In Paper IV, analysis of gas concentration transients from fuel feed start in the test presented
in section 3.4.2 gave the respective parts associated with the volatiles and the char gasification
products, as well as the corresponding oxygen demands according to equation (12). During
this transition, the temperature in the fuel reactor was 950°C. It was shown that as much as
80% of the oxygen demand was due to the volatiles. This is a high number, in line with
prediction. Even if there is some uncertainty associated with such estimation based on
concentration transients, this still gives an idea of the respective proportions.
In Paper V, experiments involving batch testing in the 10 kWth unit yielded results
independent of transitions in gas concentrations. When a batch of fuel enclosed in clingfilm
bags, used to facilitate the feeding, is introduced in fuel chute, it directly lands on top of the
LOVEL bed. Devolatilization occurs rapidly and the test results indicate that the volatiles are
in poor contact with the oxygen carrier. Then, the remaining char slowly gasifies and the
syngases partly react with the ilmenite in the bed. The unconverted gas concentrations
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associated with this phase can be used to obtain a specific oxygen demand for the char
char
char
syngases, ΩOD,
sp . Note that in Paper IV, the oxygen demand for char conversion noted Ω OD
gave the ratio of the oxygen missing to convert the char gasification products to the total
oxygen needed to convert both char gasification products and volatiles, which is different
char
from ΩOD,
sp . However, Paper IV also includes a discussion on the specific oxygen demand for
char
char but referred to as oxygen demand per se, not ΩOD,
sp .

More precisely, the fraction ψO,vol of the total oxygen demand which is associated with the
volatiles can be derived as:

ψ O , vol = 1 −

char
ΩOD
, sp (1 − f O , vol )

(35)

ΩOD

where fO,vol is the ratio between the oxygen needed for the volatiles conversion and the total
oxygen needed to convert the fuel. For this petroleum coke, fO,vol is estimated to 0.35. Thus,
char
knowing ΩOD and ΩOD,
sp for each test as well as fO,vol, the corresponding value for ψO,vol can
be obtained.
Five batch tests of 25 g petroleum coke were performed at 950°C but at different particle
circulations. Table 11 summarizes the results.
Batch
CI (kPa.L/min)
ΩODa (%)
char b
ΩOD,
sp (%)

ψO,volc

(%)

1
2
≈0
34
32.5/29.1 34.1/30.3

3
78
32.9/30

4
141
31.6/28.2

5
256
37.8/34.6

14.5/10.9 13.4/9.9
71/75.6 74.5/78.8

12.4/8.8
75.5/81

12/8.4
75.3/80.6

13.3/9.7
77.1/81.8

Table 11: a Oxygen demand for the whole reduction period based on equation (13), b specific
oxygen demand for the char syngases; c fraction of oxygen demand associated with the
volatiles according to equation (35); italic figures indicate that H2S is excluded
Results in Table 11 show that around 75% of the total oxygen missing for the conversions
was associated with the volatiles. This is in line with the 80% estimated above. Due to the
reactor system configuration, the volatiles cannot convert as a result of the lack of contact
with the oxygen carrier. This means that the high oxygen demands obtained in testing with
continuous feed are more a consequence of the reactor design than a problem inherent to the
process. Moreover, at least 85% of the char gasification products are fully oxidized in the fuel
reactor, according to Table 11.
These tests were performed with petroleum coke, which is known to have a low volatiles and
high sulphur content compared to e.g. bituminous coals. Thus, for bituminous coals, the
proportion of volatiles in the oxygen demand is expected to be even greater. Higher values for
ψO,vol is also suggested in Table 11 line 5 when sulphur is excluded from the calculation.
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To summarize this section, the rather high oxygen demand during the tests, whether in
continuous feed or batch operation, is strongly associated with the fast fuel devolatilization,
the fuel feed design and the fuel reactor configuration itself, preventing contact between
volatiles and oxidized ilmenite and their conversion. Different ways to improve the gas
conversion are discussed in 4.1.

3.7 Influence of Particle Circulation on the Oxygen Demand (Paper V)
Another consequence observed in Table 11 is that the oxygen demand for the converted char
seemed to decrease with particle circulation. This is seen in line 4 in Table 11, with oxygen
demands lower for tests 2 to 5 conducted with circulation than for test 1 performed in absence
of circulation. This observation was also confirmed by comparison of two batch tests with
South African coal detailed in Paper V and operated at the same temperature, and with and
without particle circulation. Results indicate a lower oxygen demand for the char conversion
products for the test performed with circulation.
There are two possible explanations:
•
•

Firstly that the circulation improves the mixing, i.e. moves reacting char particles
downwards into the bed
Secondly that circulation provides new particles of higher reactivity

3.8 Influence of Fuel Reactor Temperature on the Rate of Fuel Conversion and the
Oxygen Demand (Paper V)
In continuous operation, results showed that the solid fuel conversion was improved at higher
temperature, see section 3.4. This indicates that char gasification was enhanced, as expected
by the endothermic gasification reactions. Moreover, the test presented in section 3.4.2
showed that higher temperature seemed to improve the gas conversion in the fuel reactor
somewhat, as a lower oxygen demand suggested, see Fig. 24.

Fig. 26 shows the instantaneous rate of fuel conversion according to equation (20) as a
function of the fuel conversion for five tests using petroleum coke II at different temperatures
between 950 and 1030°C, and without particle circulation. It is clear from Fig. 26 that char
gasification rate was enhanced at higher temperatures, in line with prediction.

Table 12 summarizes for the five tests the values for the times t80 and t95 required to reach 80
respectively 95% fuel conversion as well as the averaged instantaneous rates of conversion
and the oxygen demands for char conversion. The oxygen demands in Table 12 are associated
with the unreacted gasification products and given as averaged values over representative
intervals of fuel conversion.
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Temperature
(°C)

t95 (min)

950
970
980
1000
1030

14.6
15.3
11.5
7.6
7.2

t80 (min)

Averaged conversion
rate (%/min)

9.3
9.5
6.8
4.8
4.2

char
ΩOD,
sp

17.4
18
26
35.7
40

(%)
11
9.6
3.6
10.6
7.1

Table 12: Times t80 and t95, averaged rates of fuel conversion and oxygen demands for char
conversion, H2S excluded; testing with petroleum coke at different temperatures, without
particle circulation
As expected, the conversion times are shorter at higher temperatures.

0.6

0.6

Instantaneous rate of conversion (-/min)

1030°C

0.4

0.4
980°C
1000°C

970°C
0.2

0.2

950°C

0

0
0

0.2

0.4
0.6
Fuel conversion (-)

0.8

1

Fig. 26: Instantaneous rate of fuel conversion as a function of the fuel conversion for testing
with petroleum coke at different temperatures, without particle circulation
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Moreover, Table 12 shows that the conversion of the char syngases was somewhat enhanced
at higher temperatures, confirming previous observation.

3.9 Fuel Reactor Modelling (Paper VI)
3.9.1

Residence Time in the Fuel Reactor and Rate of Fuel Conversion according to
the Model

As explained in 2.5.3, during batch experiment the transient in the oxygen concentration
leaving the air reactor for a given test can be used to determine the residence time τ and N,
which theoretically corresponds to the number of CSTR reactors in series in the modelling of
the fuel reactor.
Fig. 27 illustrates the result for the analysis of test 4 in Table 11. Note that for calculation, the
tail associated with dead-volumes in the fuel reactor was excluded since it would lead to an
erroneous value for N and an overestimation of τ.

Fig. 27: Determination of τ and N from O2 concentration from the air reactor in the case of
Test 4 in Table 11
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Table 13 summarizes for the five tests at 950°C the values obtained for N, τ and τ* (residence
time in LOVEL), and includes two tests performed at 970 °C at circulation indexes of 102 and
122.
CI (kPa.L/min)
N (-)
τ (min )

τ = 0.75 ⋅ τ (min )
*

≈0a
-

34a
1.8

78a
2

102b
2.5

121b
3

141a
3

256a
3

-

35.5

14.3

11,0

9.6

8.2

5.7

-

26.6

10.7

8.2

7.2

6.1

4.3

Table 13: Values of N giving the best fit, corresponding τ for this N, τ* for testing with
different particle circulations; a tests performed at 950°C; b tests performed at 970°C
Using values in Table 13, Fig. 28 showing the residence time τ as a function of CI could be
drawn.

Fig. 28: τ as a function of CI for testing
The least squares method gives the correlation:

τ =

1178 ± 58
CI
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(36)

Thus, for a test conducted at a given circulation index, equation (13), the residence time τ can
be calculated using equation (36). Another consequence is that the circulation mass flow, m ,
can be obtained using mτ = τ ⋅ m in equation (36), which gives:
m =

mτ
⋅ CI
1178

(37)

Finally, the conversion rates from equation (28) were calculated for the test values in Table 13
and using fvol ≈ 8% for petroleum coke II. Results are summarized by Fig. 29 showing the
conversion rates of char, k, as a function of the circulation index CI. For comparison, values
obtained in Table 12 are also shown, as seen for CI ≈ 0. Also included in this figure are the k
values obtained for testing with South African coal (fvol ≈ 22%) at 950°C and with different
circulations. They averaged at 26.1 %/min. Data for batch testing with South African coal at
950°C are not available but the value obtained for k at 970°C is included for comparison: 47
%/min. In total, Fig. 29 indicates that values obtained using the two methods of calculation
agree reasonably well.

Fig. 29: Instantaneous conversion rate as a function of the circulation index CI for different
fuel reactor temperatures; comparison between experimental and modelling results
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3.9.2

Carbon Capture vs. Circulation Index and Residence Time

The carbon capture, ηCC, was obtained for the five tests presented in Table 11. Table 14
summarizes the results. The values for the solid fuel conversions ηSF are also presented in
Table 14.

CI (kPa.L/min)
ηCCa (%)
ηSFb (%)

≈0
98.1
43.8

34
92.5
45.1

78
76.8
45.9

141
68.5
51.8

256
57.8
46.9

Table 14: Carbon capture ηCC from equation (11) and solid fuel conversions ηSF from
equation (22) for testing performed at a fuel reactor temperature of 950°C
From Table 14, it is clear that higher circulations were synonym with more char entering the
air reactor and thus lower carbon captures, as previously observed in 3.2.2. Fig. 30 shows the
results from Table 14. Also presented in Fig. 30 are the results obtained in Table 4 with the
South African coal and the values from Table 6 referring to continuous testing with petroleum
coke I. Assuming exponential decays and a theoretical capture of 100% when the circulation
index CI=0, empirical least squares calculation using Table 14 gave the correlations in Fig.
30.
For a given CI, the corresponding value of ηCC is higher for the South African coal than for
the petroleum cokes. This is both due to the higher reactivity of this fuel and its higher
volatiles content.

Combining the expression giving the carbon capture in Fig. 30 with equation (36) yields the
following correlation for petroleum coke II testing at 950°C:

η CC (τ ) = 100 ⋅ e −2.88 τ

(38)

Thus, it is possible to predict the carbon capture as defined in equation (10) by knowing the
residence time τ or the circulation index CI.
Note that it is also possible to obtain a similar correlation for South African coal testing, as is
discussed in Paper VI. Results give:

η CC (τ ) = 100 ⋅ e −1.58 τ
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(39)

Fig. 30: Carbon capture ηCC as a function of the circulation index CI; testing at 950°C;
continuous fuel feed with South African coal from Table 4; continuous feed with petroleum
coke from Table 6; batch testing with petroleum coke from Table 14
Finally, from equation (28), it is possible to derive the carbon capture, ηCC, as a function of
the total residence time τ as:
1 − f vol η SF
η CC (τ * ) = 1 −
(40)
(1 + kτ * N )N
in which the rate of char conversion k was taken from Fig. 29. For the petroleum coke, ηSF
and N were averaged from Table 13. Thus, N=2.4 was chosen as representative value for the
reactor behaviour. Fig. 31 shows the curves representing ηCC as a function of τ according to
both equations (38) and (40). Results indicate a good agreement.
Note that a similar discussion is made in Paper VI for the South African coal and results also
show good compliance between the two approaches.
In a theoretical case when the residence time is close to 0, the carbon capture in equation (40)
is 16% and not zero, see Fig. 31. This is a consequence of the rapid devolatilization with
associated gases leaving the system from the fuel reactor chimney.
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Fig. 31: Carbon capture ηCC as a function of the total residence time τ for testing with
petroleum coke II at 950°C; comparison between the two different approaches. Note that the
actual time under conditions with reaction, τ*, is 75% of τ.
3.9.3

Minimum Circulation Flow and Oxygen-Transfer Ratio of Ilmenite

This section is based on results obtained in the 10 kW unit during continuous feed operation
with petroleum coke II and at a fuel reactor temperature of 950°C. Fuel addition corresponded
to a thermal power of 6 kW. Thus, the following discussion only reflects performance
evaluation of the 10 kW unit at these operation conditions. In an ideal case where the totality
of the fresh fuel including volatiles would be converted in the fuel reactor, the circulation
flow of oxygen carrier between the air and fuel reactors must be sufficient to:
1. Provide enough oxygen for the conversion in the fuel reactor according to the fuel
feed in the reactor.
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2. Provide enough heat for the overall endothermic reactions in the fuel reactor and to
superheat the fluidizing steam by means of the warm particles leaving the air reactor.
Note that the heat needed to warm up the fuel is not included in the discussion but its effect
can be shown to be negligible.
The resulting minimum circulation flow to meet both requirements will then be the maximum
of these two.
Firstly, there is a theoretical limitation for the particle circulation that is inherent to the
oxygen carrier properties themselves. This is expressed in terms of R0, the theoretical oxygentransfer capacity of the ilmenite particles. As mentioned in 2.3, due to the structure change of
ilmenite during activation and the formation of an hematite-enriched outer shell, the resulting
behavior for the oxygen transfer is likely to be somewhere between that of ilmenite and
“hematite + rutile”. For the oxidation of magnetite to hematite, the oxygen-transfer capacity is
3.34%. Moreover, it is possible to show that the hematite shell corresponds to 50% of the
oxidized ilmenite particle. Thus, this means that the theoretical oxygen-transfer capacity for
ilmenite is comprised between around 1.7% and 5.0%.
The relation between circulation flow and oxygen-transfer ratio is:
m =

m O 2
∆ω

(41)

where m O 2 is the theoretical mass flow of oxygen needed for complete combustion of the fuel
in the fuel reactor and the oxygen-transfer ratio Δω is defined in 2.5.5. In Paper VI, methane
is used as the basis as it is possible to show that m O 2 expressed in kg O2/(min.MWth) is
virtually independent of the hydrocarbon-containing fuel. The flow of needed oxygen for
methane is m O 2 = 4.8 kg O2 / (min .MWth ) . Using this value in equation (41), the curve
representing Δω as a function of m can be drawn, see Fig. 32.
However, if the particle circulation is insufficient, a gradual decrease in the gas conversion
can be observed, see test period 1 in Fig. 19. Screening of experimental data suggests that the
oxygen demand is stable when CI is higher than 50-70. A minimum value of 60 was chosen to
represent the lower limit of particle circulation. Under these conditions, it is necessary to
assess the oxygen actually transferred. More precisely, using typical steady-state values for
ηCC, ηSF and ΩOD for representative testing with petroleum coke in equation (33) indicates that
the oxygen-based conversion efficiency is around 33%, meaning that the oxygen actually
transferred corresponds to a thermal power of 2 kWth. With CI = 60 and a total bed inventory
mτ = (5/0.75) = 6.7 kg in equation (37), a particle flow of 0.34 kg/min is obtained. Thus, the
minimum mass flow of oxygen carrier for the oxygen transfer is 171 kg/(min.MWth).
The second flow requirement concerns the heat balance. In Paper VI, it was shown that the
required flows of oxygen carrier should then be 224 kg/(min.MWth) for the ilmenite and 341
kg/(min.MWth) for the hematite.
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This can be formulated in terms of requirements to be met for the oxygen-transfer ratio for
ilmenite Δω as introduced in 2.5.5. Using m O 2 = 4.8 kg O2 / (min .MWth ) in equation (32)
together with the limiting mass flows m of 171, 224 and 341 kg/(min.MWth) gives the
corresponding limiting values Δωlim,: 2.8%, 2.1% and 1.4%. Thus:
•
•
•

for oxygen-transfer ratios above 1.4%, the heat balance for a separated “hematite +
rutile” structure will not be met,
for values above 2.1%, the heat transfer will not be sufficient for the ilmenite,
and for oxygen-transfer ratios above 2.8%, the oxygen-transfer requirements will not
be met.

Results then suggest that the heat balance provides the lower limit for oxygen carrier
circulation.
Fig. 32 below summarizes the values and conclusions above.

Fig. 32: Oxygen-transfer mass ratio for the ilmenite as a function of the particles circulation
between air and fuel reactors. Horizontal lines stand for the limitations due to oxygen
transfer and heat balance requirements as well as the limitations corresponding to the
oxygen-transfer capacities R0
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4

Discussion

The aim of this study was to design a 10 kWth CLC combustor able to operate with solid fuels
and evaluate its performance in order to identify any important difficulties or show-stoppers,
to gain understanding of the interaction of solid fuel with oxygen carriers under actual
operation and to provide a basis for design development. Thus, this work can be seen as a first
step in the development of the process of CLC with solid fuels.

4.1 Key Performance Criteria for CLC with Solid Fuels
Here, the system performance is evaluated in terms of the key criteria introduced in this thesis
and the results are discussed to see how they can contribute to understand the possibilities or
limitations of an optimized larger-scale system:
The solid fuel conversion varied from 50 to 80% during the experiments but averaged at 60%.
This is rather low. However, the conversion is mainly a function of the low reactivity of the
fuel in combination with poor performance of the fuel reactor cyclone, as well as short
residence time in the fuel reactor riser. Highly efficient cyclone separators could recycle a
very large fraction of the elutriated char. Moreover, a full-scale fuel reactor riser, being
roughly two orders of magnitude higher, would give a fundamental increase in the residence
time of fines. Thus, the results for fuel conversion in this small unit have little bearing on
what could be achieved in full-scale. Moreover, operation at a higher fuel reactor temperature
than 950°C is expected to improve the solid fuel conversion as both batch and continuous
feed operation suggested. In particular, temperatures above 1000°C should be targeted.
The carbon capture ranged typically between 70 and 96%, averaging at 75% during testing
with continuous fuel addition. The capture depends on the fuel reactivity, the particle
residence time in the fuel reactor and the fuel reactor design. Clearly, the carbon capture can
be significantly improved by changing the carbon stripper design but also the fuel reactor
design in order to increase the residence time of the char particles. It should be stressed that
carbon stripper used in this work is rather primitive. Moreover, since higher temperature has a
beneficial effect on the char conversion, this also means that the carbon capture is improved at
higher temperature.
The gas conversion in the fuel reactor is an important parameter since it will indicate the need
for downstream measures. Here, the gas conversion was evaluated by means of the oxygen
demand. In continuous operation, the oxygen demand varied typically between 30 and 35%.
As seen in this thesis, a large part of the oxygen demand is associated with the volatiles.
Indeed, since the devolatilization occurs in the fuel chute, the volatiles are never in contact
with the oxidized oxygen carrier. In other words, the rather low gas conversions obtained
during testing in the 10 kWth unit are more a consequence of the reactor design than a
problem inherent to the process. This indicates that fuel should be fed so that volatiles are
released in the bottom of the bed.
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As opposed to gaseous fuels which are added from below, the use of solid fuels means that
char particles are mixed with the bed material and will release CO and H2. Inevitably, a
fraction of these gases will have little contact with the oxygen carrier even using very large
solids inventories. Thus, a complete conversion of these gases is unlikely. Different
alternatives to achieve full gas conversion can be considered:
• An “oxygen-polishing” step involving oxygen introduction after the fuel reactor
cyclone.
• The addition of fluidized bed reactors in series.
• The separation of H2, CO and CH4 from the resulting liquid CO2, by e.g. distillation,
and their recycling to the fuel reactor.
• The use of CLOU oxygen carriers directly releasing their oxygen in the fuel reactor.
Another advantage of using CLOU particles is that due to the much faster reactions in
the fuel reactor, its solids inventory can be significantly reduced.

4.2 Solids Inventory in the Fuel Reactor
The solids inventory in the fuel reactor is a crucial parameter for the process since larger
inventories will be associated with increased reactor dimensions and the corresponding
increase in cost. Moreover, there will be an extra energy cost for the pressure drops. Thus,
there is a need to keep the inventory to as low level as possible.
The inventory is normally governed by the rate of char conversion in combination with the
needed solids circulation. In 3.9.3, the minimum circulation flow of ilmenite was estimated to
341 kg/(min.MWth) under the assumption that only oxidation of magnetite was occurring
within the ilmenite particles. Fig. 31 shows that depending on the requirement chosen for the
CO2 capture, rather long residence times could be needed to convert the char in the fuel
reactor. Though, it needs to be pointed out that the residence times of the oxygen carrier and
char are not necessarily the same. Indeed, with a proper design of the fuel reactor system, e.g.
using an efficient carbon stripper, it should be possible to have a residence time of char which
is significantly higher than that of the bed material. Moreover, only increasing the
temperature in the fuel reactor from 950 to 1000°C doubles the rate of char conversion for the
petroleum coke. Finally, lignite or bituminous coals are much more reactive and would need
shorter residences time to reach high conversion. For instance, the rate of char conversion for
South African coal is 101 %/min at 1000°C compared to the low 18 %/min at 950°C for the
petroleum coke.

4.3 Ilmenite as Oxygen Carrier in CLC with Solid Fuels
The present study in the 10 kW unit showed that ilmenite seemed to be a suitable oxygen
carrier material for CLC operation with solid fuels, in particular with sufficient rates of
conversion. Considering its relatively low market price compared to e.g. manufactured
particles, this contributes to make ilmenite a serious candidate for further development of its
use in the process. Ilmenite is a natural ore and production is evenly distributed worldwide,
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with a total reserve estimated at 1.2 billion tonnes [102]. Recently, prospect of the Norwegian
reserves showed that at least 400 million tonnes of ilmenite ore could be mined at the Tellnes
site [103]. By 2005, the annual mine production was 4.8 million tonnes. In other words, even
if ilmenite consumption is important, the reserves are considerable.
For an inventory of for instance 1 ton/MWth in the reactor system, considering CO2 emissions
of 0.334 ton CO2/MWth and an average market price of 100 €/ton for the ilmenite, a cost for
bed material corresponding to 1 €/ton CO2 captured can be obtained for a particles life span of
300 h. Results for particles attrition/fragmentation suggest that this should be feasible,
although it is not clear at this stage how different fuel ashes could affect the life span of
ilmenite. Thus, cost of bed material does not seem to be a problem in the case of ilmenite.

4.4 Solid Fuels in CLC
In this work, most of the continuous operation in the 10 kWth unit involved petroleum cokes
because the fuel addition did not show any difficulty compared to testing with bituminous
coals. As seen, feeding problems are mostly due to the configuration of the fuel feeding
system itself and the tendency of the bituminous coals to stick in the fuel chute walls. Even if
operation with petroleum cokes gave precious information, it is clear that CLC with solid
fuels must be validated for fuels that are more abundant in the Earth´s crust such as
bituminous coals or lignite. In terms of rate of char conversion, these fuels are also more
interesting than petroleum coke, as suggested with South African coal in this thesis and
considering results by Leion et al. [85]. Therefore, further development should concentrate in
such fuel types.
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5

Conclusions

A 10 kWth Chemical-Looping combustor for solid fuels was designed, dimensioned and
constructed at Chalmers University of Technology. Testing in the unit indicated the feasibility
of applying the Chemical-Looping Combustion technology to solid fuels and no showstoppers for the process were identified. Almost 90 h of operation with continuous fuel
addition were obtained and the reactor system was operated with ilmenite for over 450 h at
temperatures above 850°C without any difficulty. Testing involved operation at continuous
fuel feed as well as batch experiments, i.e. direct introduction of fuel batches in the fuel
reactor. The oxygen carrier used was an iron titanium oxide called ilmenite and provided by
Titania A/S in Norway. It was tested with three different fuels, one bituminous coal from
South Africa and two petroleum cokes from Mexico with slightly different analysis. Results
indicated that:
•

•
•

•

•

•

Ilmenite showed sufficient rates of oxidation/reduction to be used as oxygen carrier in
CLC application with solid fuels. It had a low tendency for agglomeration after a prior
activation as well as a low tendency for attrition/fragmentation.
Continuous fuel feed operation with petroleum coke could be obtained for longer
periods without any decrease in the performance.
Testing using South African coal as the fuel was feasible but proved difficult due to
particles sticking in the fuel chute walls. As a result, longer operation with this fuel
could not be obtained as the tests had to be discontinued.
During testing, carbon capture efficiencies obtained varied between from 70 to 96%.
These results are mostly dependent on the fuel reactivity, the particle residence time in
the fuel reactor and the fuel reactor design. Significant improvement should be
possible by optimizing the design of the carbon stripper and the fuel reactor.
Nevertheless, with the rather primitive carbon stripper used in the 10 kWth unit, the
effect of carbon stripper operation could be verified with higher fluidizing velocities
giving increased carbon captures. It was also shown that higher temperature operation
had beneficial effect on the carbon capture.
The solid fuel conversions varied between 50 and 80%, which is rather low. However,
this is mainly a function of the low reactivity of the fuel in combination with poor
performance of the fuel reactor cyclone, as well as short residence time in the fuel
reactor riser. A very large fraction of the elutriated char should be possible to recycle
with highly efficient cyclone separators. Also, a full-scale fuel reactor riser, perhaps
two orders of magnitude higher, should considerably increase the residence time of
fines if combined with efficient recycling. Moreover, it was shown in this work that
operation at higher temperature had beneficial effect on the solid fuel conversion and
should thus be targeted.
The oxygen demand was typically in the range 30-35% based on CO, CH4, H2S and
H2. It was shown that most of the oxygen demand, as much as 75-80%, was associated
with the fuel volatiles which are not really in contact with the oxygen carrier, due to
the reactor configuration. Different alternatives such as in-bed fuel feeding or
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•

•

•

•

downstream measures can be considered to address this issue. However, testing with
South African coal showed that as much as 95% of the char gasification products
could be oxidized, which suggests that fairly high conversion of the syngases can be
reached. Moreover, results indicate that higher temperature operation had a beneficial
effect on the gas conversion.
From operation involving batch testing, using analysis of gas composition in the air
reactor, it was possible to determine the residence time and residence time distribution
of particles in the fuel reactor, for a number of operational cases with different particle
circulations. Then, the circulation mass flow could be deduced knowing the solids
inventory in the fuel reactor.
The circulation mass flow could be directly correlated to measured operational data,
i.e. pressure drop, temperature and gas flow in the air reactor riser. This correlation
could be used to determine the circulation mass flow in previous continuous testing.
Using results for carbon capture efficiency and residence time distribution, a model
was developed which could determine a mass-based reaction constant for char
conversion. The reaction-rate constant of the petroleum coke at both 950°C and 970°C
was calculated to 18.2 %/min and 28.8 %/min, respectively. For the South African
coal at 950°C, it was calculated to 26.1 %/min. This reaction constant could also be
determined independently from the conversion rates of char during batch tests. There
was a good agreement between these two ways of assessing the rate constant,
indicating that the model well describes the behaviour of the unit.
From the determination of the circulation mass flow, and comparison with previous
testing with different circulation, it was also possible to estimate the limit for which
the ilmenite was not able to supply sufficient oxygen to achieve good conversion. This
limit was compared to theoretical limits for ilmenite as well as the limit set by the heat
balance. It was concluded that the latter limit will be the determining one.
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6

Acronyms, Notations and Symbols

AR
ASU
FR
CCS
CLC
CLOU
CLR
CS
CSTR
FRPL
IPCC
HIPL
HIVEL
LOPL
LOVEL
PFR
PSD

air reactor
air separation unit
fuel reactor
carbon/CO2 capture and storage
chemical-looping combustion
chemical-looping with oxygen uncoupling
chemical-looping reforming
carbon stripper
continuously stirred-tank reactor
particle loop-seal in the minor loop
intergovernmental panel on climate change
higher particle loop-seal
high velocity section of the fuel reactor
lower particle loop-seal
low velocity section of the fuel reactor
plug-flow reactor
particle size distribution

A
Ctot
CFuel / mC,FUEL
CI
E(t)
fCO2
fvol
fO,vol

area of the cross-section of the air reactor riser (m2)
total concentration of the carbon containing gases leaving the fuel reactor (%)
total amount of carbon introduced in the fuel reactor with a fuel batch (g)
circulation index (kPa×L/min)
residence time distribution as a function of time t
fraction of CO2 in the total gaseous carbon from the fuel reactor (%)
mass fraction of carbon containing volatiles in total carbon from fresh fuel (%)
ratio between oxygen needed for the volatiles conversion and total
oxygen needed for conversion of volatiles and char gasification products (%)
flow of carbon containing species leaving the fuel reactor (Ln/min)
flow of carbon dioxide leaving the air reactor (Ln/min)
flow of oxygen used to oxidize the metal oxide in the air reactor (Ln/min)
total flow of oxygen consumed in the air reactor (Ln/min)
flow of nitrogen at the outlet of the fuel reactor (Ln/min)
total gas flow at the outlet of the air reactor (Ln/min)
total gas flow entering the air reactor (Ln/min)
flow of carbon corresponding to the fuel addition by the fuel feed (Ln/min)
flow of oxygen required for a given fuel addition by the fuel feed (Ln/min)
flux of particles in the riser (kg/m2.s)
gravitational acceleration on Earth (9.82 m2/s)
instantaneous rate of fuel conversion from experiment resp. model (-/min)
mass of oxygen carrier in its most oxidized state (g or kg)
mass of oxygen carrier in its most reduced state (g or kg)

FC,FR
FC,AR
FO,AR
FO,ARtot
FN2,FR
FAR,out
FAR,in
FC, FUEL
FO, FUEL
GS
g
k resp. kInst
m0,ox
m0,red
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mox

mFR(t)
mτ
m C , conv

average mass of an oxygen carrier particle leaving the air reactor
(g or kg) (dotted: corresponding mass flow in (kg/min))
average mass of an oxygen carrier particle entering the air reactor
(g or kg) (dotted: corresponding mass flow in (kg/min))
integrated amounts of carbon in the carbon containing gases leaving air/fuel
reactor for the reducing period (g)
accumulated amount of converted carbon up until time t, the time elapsed from
start of the reducing period (g)
amount of unreacted fuel left in the fuel reactor at time t (g)
amount of bed material associated with the residence time τ (kg)
flow of gaseous C from fuel reactor associated with char conversion (g/min)

m C , FUEL

flow of carbon entering the reactor system (g/min)

m C , vol

flow of gaseous carbon from the volatiles (g/min)

m Char ,WS

flow of char ending up in the water seal (g/min)

m in
N
R0
TAR, TFR
t80, t95
tcomp
u
umf
ut
Δm
ΔPRISER
ΔPΔh
ΔPΔl
Δω
Λ
ηCC
ηOO
ηox
ηSF
ηSF,rec
ΦO,theor
ΦO,act
ΦO,meas
ΩOD

flow of char from fuel feed that stays and convert in reactor system (g/min)
modelling parameter
oxygen-transfer capacity (%)
temperatures in the air reactor respectively fuel reactor (°C)
times needed to reach 80% respectively 95% of fuel conversion (min)
duration for complete reduction period (min)
gas velocity in the riser (m/s)
minimum fluidizing velocity of the oxygen carrier (m/s) or (cm/s)
terminal velocity of the oxygen carrier (m/s)
mass of carbon converted to CO, CO2 and CH4 (g) during time step Δt (min)
total pressure drop in the air reactor riser and cyclone entrance (kPa)
pressure drop in the air reactor riser (kPa)
pressure drop in the horizontal part of the cyclone entrance after the air
reactor (kPa)
oxygen-transfer mass ratio for the oxygen carrier (%)
parameter almost independent of the circulation index (kg.min/(m2.s.kPa.L))
carbon/CO2 capture efficiency (-) or (%)
oxide oxygen fraction, also referred to as carbon/CO2 capture (-) or (%)
oxygen-based conversion efficiency (-) or (%)
solid fuel conversion (-) or (%)
solid fuel conversion based on char recovery from the water seal (-) or (%)
theoretical “O2/C” ratio for the fuel
actual “O2/C” ratio needed
measured “O2/C” ratio
oxygen demand (-) or (%)

char
ΩOD

oxygen demand based on the char gasification products (-) or (%)

char
ΩOD,
sp

specific oxygen demand based on the char gasification products (-) or (%)

ψO,vol
τ
τ*

fraction of the total oxygen demand that is associated with the volatiles (%)
residence time in the sections of the fuel reactor associated with mτ (min)
residence time in LOVEL (min)

mred
mC,AR, mC,FR
mC,FR(t)
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Appendix 1: View of the reactor system and its dimensions (in mm)
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Annex 2: Top and front views of the fuel reactor with dimensions. 2 is the carbon stripper, 3 is
the high velocity section and 4 is the low velocity section, divided into two chambers. Note:
the arrows indicate the directions of the overall particle circulation
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Appendix 3: View of the whole pilot
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Appendix 4: View of the reactor system
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